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Abstract 

Hydrodynamics and heat transfer characteristics found in fluidization were studied in a 

small scale laboratory fluidized bed. Experiments were designed to capture field data on multiple 

slit jet gas distributor systems for the validation of computational models. Localized data was 

quantified through the use of several novel non-intrusive experimental measurement techniques. 

The analyses provide a unique study that connects full field-of-view multiphase flow dynamics 

with transient heat transfer distributions. 

The gas-solid hydrodynamics were captured through three non-invasive measurement 

techniques, viz. Particle Image Velocimetry (PIV), Digital Image Analysis (DIA), and pressure 

drop spectral analysis. The effects of inlet gas flowrate, Geldart B and D classified particle types, 

and the number inlet gas slit jets were investigated. Frequency analysis of a differential pressure 

signal resulted in the classification of four difference flow regimes. The coupling of PIV with 

DIA captured particle velocity, solid circulation rates, average cycle times, dead zone sizes, jet 

merging effects, gas void fraction distributions, and maximum expanded bed heights. 

The heat transfer in fluidized and spouted beds containing a heated inlet gas source was 

studied through transient heat transfer measurements and analyses. Innovative experimental 

procedures were introduced to quantify bed-to-wall and gas-to-particle heat transfer 

characteristics. Two techniques were developed to overcome the spatial, time varying, and 

instrumental intrusive limitations often found in multiphase flow heat transfer studies. Infrared 

thermography was utilized along with derived discrete differential equations, and an inverse heat 

conduction analysis to solve for transient localized heat flux profiles and heat transfer coefficient 

distributions. As a result new data containing increased spatial resolution is presented on gas, 

wall, and particle temporal maps. Computations based from the thermal gradients quantified bed-

to-wall heat flux profiles, gas-to-particle heat transfer coefficients, and localized rates of energy 

stored. 
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Chapter 1 

 

General Introduction 

 

The basic principles needed to understand gas-solid fluidization are given in this chapter. 

These fundamentals provide a background for the work performed in this thesis. The advantages 

of fluidization are described along with common industrial applications. The motivation and 

objective for this research are stated and an outline for the thesis is given. 
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1. Gas-Solid Fluidization 

Fluidization is the process of transforming static, discrete solid particles into a dynamic 

structure that behaves like a fluid. This is accomplished by directing a gas or fluid upward 

through a bed of packed solid particles. The particles will begin to rearrange themselves to 

provide reduced resistance to the gas flow. With increased gas velocity the particles will 

overcome gravitational and frictional forces within the bed. At this point, the solids become 

suspended in the gas and behave like a fluid. The lowest gas flowrate required to achieve this 

phenomenon is called the minimum fluidization velocity. This process has many advantages in 

industrial applications. 

Gas-solid fluidized beds are well known for their high mass transfer with vigorous 

mixing and high velocity distributions. A large surface area exists between the solids and gas. 

This allows for an increased heat transfer rate within the bed. Low temperature gradients result in 

homogenous gas distributed beds. As a consequence, the bed has a higher internal thermal 

conductivity allowing for high rates of heat transfer to immersed objects and bed walls. 

The pattern to which the gas flow enters the bed of solids is controlled by the distributor 

plate. Local hydrodynamics of a fluidized bed are strongly dependent upon the design of this 

plate. Traditional fluidized beds consist of a porous plate distributor allowing for homogenous 

gas distribution. Contrarily, the use of a narrow slit jet results in increased gas concentration per 

a unit area. Thus, a localized high solid particulate entrainment rate can be achieved. At low gas 

flow rates a slit jet can exhibit fluidization characteristics. Further increasing the gas flowrate of 

a slit jet leads to a region comprised of an upward dilute phase core penetrating through the total 

height of the solid packed bed. This is a variation of fluidization known as spouting. This flow 

regime is beneficial when processing coarse, crystalline, or heat sensitive materials (Botterill, 

1975).  

Fluidized and spouted beds are found in a wide variety of multiphase flow industrial 

applications. The petroleum industry is well known for using these methods in catalytic cracking 

(FCC) (Mertinkat et al., 1999). This method breaks down hydrocarbons of high molecular weight 

found in crude oils through the use of a fluidized catalyst. The vigorous mixing and near 

isothermal capabilities of a fluidized bed also allows them to be used in coal and biomass 

gasification (Tsuji and Uemaki, 1994). Reacting carbonaceous materials at high temperatures 
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without combustion make it possible to produce synthesis gas. Fluidization is also utilized in 

granulation processes (Palis and Kienle, 2012), such as in the pharmaceutical or fertilizer 

industry. Other applications for fluidization vary from chemical processing, drying, mixing, 

coating, and pyrolysis.  

2. Motivation and Objective 

The advantages of gas-solid fluidization are well known in the previously mentioned 

industrial applications for its intense mixing ability and uniform temperature dispersal. Yet, 

many complications and obstacles exist when trying to scale up laboratory sized beds for 

industrial sized applications (Schouten et al., 1996). Detailed equations can be used to predict 

gas-solid hydrodynamic and thermal models. However, the numbers of calculations needed to 

characterize every parameter in a full-sized industrial scale bed is beyond the computational 

power of today. Instead, detailed information on dynamic structure of a small scaled fluidized 

bed can be used to help characterize larger scaled models. 

Two types of Computational Fluid Dynamic (CFD) models are currently being developed 

to predict the gas-solid interactions in multiphase flow. The first is Discrete Particle Models 

(DPM). This model uses Newton’s second law to account for the velocity distribution of each 

particle and the volume averaged Navier-Stokes equation to model the gas flow. Once DPM is 

developed, the established particle interaction closure relations can be applied to the second CFD 

model, Eulerian-Eulerian or Two Fluid Models (TFM). This model is based on the kinetic theory 

of granular flow by modeling the gas-solid phases as an interpenetrating continuum. Currently 

this model appears to have high potential for simulating industrial scale systems (Hernández-

Jiménez et al., 2011). However, in order to further the development of TFM, the gas-solid 

interaction closure laws must firsts be supplied through DPM (Deen et al., 2007). 

It is important to validate the DPM with quantifiable, accurate, and detailed experiments. 

CFD models are designed to provide computational data with high spatial resolution. Field data 

which is not limited to a few discrete measurement points is most often desired.  In this research, 

several types of experiments were conducted to characterize the hydrodynamics between the two 

phases and the transient heat transfer characteristics. A pseudo two-dimensional laboratory size 

bed with multiple slit jets, shown in Appendix A, was examined due to the extensive 



 Chapter 1 

4 

 

computational effort of DPM simulations and the limitation for visual observation. Each type of 

measurement was specifically designed to be non-intrusive to the gas-solid flow. 

The parameters investigated were the effects of a multiple slit jet system, fluidization 

regimes, particle size, inlet gas velocity, and inlet gas temperature. A combination of Particle 

Image Velocimetry (PIV), Digital Image Analysis (DIA), pressure drop spectral analysis, and 

infrared thermography is utilized as non-invasive multiphase capturing techniques to quantify 

flow patterns and transient heat transfer characteristics. 

3. Outline of Thesis 

The thesis consists of a series of submitted journal articles. Each article provides details 

on specific aspects of the author’s research. 

The dynamics of a gas-solid system needs to be quantified for the validation of DPM. 

Therefore, Chapter 2 presents an experimental study to capture detailed hydrodynamics in a 

pseudo two-dimensional bed. The effects of multiple gas jet systems were measured by coupling 

three non-intrusive measurement techniques. Particle Image Velocimetry (PIV) was used to 

capture particle velocity data. Digital Image Analysis (DIA) was also applied to compute local 

gas void fractions, solid circulation rates, average bed cycle times, and maximum expanded bed 

heights. In addition, various flow regimes are identified through the use of pressure drop spectral 

analysis. 

Detailed fluidization heat transfer characteristics are also required for CFD validations. 

Chapter 3 discusses an innovative measuring technique designed to overcome the spatial, time 

varying, and instrumental intrusive limitations of heat transfer measurements found in 

multiphase flow experiments. The 2-D bed hydrodynamics characterized in Chapter 2 are used 

with a non-invasive infrared thermometry measurement technique to capture bed-to-wall heat 

transfer characteristics. Attention is paid to the importance of the experimental design and to the 

data processing technique. Transient bed-to-wall heat flux distributions are mapped in the 

multiple jet system under spouted, fluidized, and fixed bed conditions. 

Another important parameter to quantify in fluidization is particle temperature 

distributions. A novel infrared thermography technique is applied to capture gas-to-particle heat 

transfer characteristics in Chapter 4. The infrared energy is captured at a high spatial resolution, 

which does not disrupt the gas-solid flow, and was capable of capturing transient bed conditions. 
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Two-dimensional full field views of particle temperatures are mapped along with the rates of 

energy stored in the particulates. A discrete differential equation is introduced to compute gas 

temperature distributions and used to quantify convective gas-to-particle heat transfer 

coefficients. New spatially detailed heat transfer coefficients are introduced and compared to 

existing heat transfer models. 

An overall conclusion on the findings from the multiphase hydrodynamics and heat 

transfer studies are then given in Chapter 5. A list of future recommendation for quantifying the 

gas-solid dynamics in fluidization is proposed. This is followed by the Appendix containing 

additional figures and a list of the author’s publications and presentations relative to this work. 
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Chapter 2 

 

Experimental Hydrodynamics of Multiple Jet Systems in a Fluidized 

and Spouted Bed 

 

Abstract 

The coupling of Particle Image Velocimetry and Digital Image Analysis was used to 

quantify the gas-solid hydrodynamics in a 2-D flat bottom bed. Multiple jets systems were 

investigated pertaining to fluidized and spouting dynamics. Pressure drop spectral analysis 

resulted in the classification of four different flow regimes: Fixed Bed, Internal Spout, Jet 

Fluidized, and Jet Spouting. The effects of inlet gas flowrate, Geldart B and D classified particle 

types, and multiple jet systems were investigated for void fraction distributions and solid 

circulation rates. An increase in particulate size resulted in increasing jet diameters, solid 

circulation rates, and spouting fountain heights due to the enlarged momentum exchange rates. 

Gas voidage in the annulus was found higher than a loosely packed bed, contrary to the typical 

notion. Additionally, the common assumption of implementing additional jets did not always 

directly pertain to a decrease in total bed dead zones due to jet merging effects. 

 

 

Submitted for review to the International Journal of Multiphase Flow, June 2012 

Corresponding Author: Steven L. Brown 

Co-Author: Brian Y. Lattimer  
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1. Introduction 

Gas-solid fluidized bed are well known for their advantages in solid phase mixing, and 

intensive heat and mass transfer distribution which allow for near isothermal conditions. 

Fluidized and spouting beds have wide spread applications in multiphase processing, 

combustion, gasification (Tsuji and Uemaki, 1994; Yin et al., 2002), granulation (Palis and 

Kienle, 2012), catalytic pyrolysis (Bilbao et al., 1989) and chemical processing (Fayed and 

Otten). Advanced Computational Fluid Dynamic (CFD) programs are being developed to predict 

the dynamics of these systems. With the modern advancements in computational power, these 

multiphase flow models need to be fully validated with quantifiable, accurate, and detailed 

experiments. 

Traditional fluidized beds consist of porous plate distributors allowing for homogenous 

gas distribution. Contrarily, spouting beds can provide high particulate entrainment through the 

use of a narrow slit jet. The resulting increased gas concentration per a unit area produces two 

well defined regions under stable spouting conditions. These regions entail an upward dilute 

phase core consisting of the gas-solid mixture and a quasi-static granular downward flow 

resulting from gravitational forces (Liu et al., 2008a). The ease of pressure measurements has 

allowed for times series (Sasic et al., 2006) and frequency domain analyses (Bi, 2007) to classify 

the various transitional flow regimes. However, even these experiments need to be validated 

through flow dynamic capturing measurements. 

An early mathematical model  of spouting was derived from a force balance analysis 

(Thorley et al., 1959) for predicting particle velocities. A mass and momentum balance equation 

was later applied to a cylindrical spout bed for equating solid circulation rates and axial voidage 

(Lefroy, 1969).  The Euler equation has also been utilized to model gas-solid flow patterns in a 

spouted bed (Littman et al., 1985). The early experimental work of Mathur and Gishler (1955) 

used cine-photography to capture particle distributions and compute particle velocities in a 

cylindrical half column. Since then advancing measurement techniques have been applied to try 

to quantify gas-solid interactions. 

Particle velocities have been captured through piezoelectric probes (Zhou et al., 1995) 

and fibre optics in spouted (He et al., 1994a) and fluidized (Morooka et al., 1980) beds. 

Resistance probes (Burgess and Calderbank, 1975) and other internal sensors have been utilized 
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to provide information on particle trajectories, average cycle time, void distributions, velocity 

vectors, etc. However these probes remain invasive to the flow. 

Non-intrusive measurements techniques have consisted of laser (Sung and Burgess, 

1987) and X-ray (Franka et al., 2007) measurements. Furthermore, Positron Emission Particle 

Tracking (PEPT) was performed by Roy et al. (1994) and van Buijtenen et al. (2011b) by 

tracking a limited number of particles at one time and computing solid circulation regimes from 

a statistical analysis. These techniques have provided beneficial data but are often limited by a 

field of view and consequently can be unsuitable for the precise full field validation of 

computational models.  

A whole field optical technique was applied by Lim et al. (1990). In their study Digital 

Image Analysis (DIA) was applied to a two dimensional fluidized bed to capture bubble 

distribution characteristics. Later Goldschmidt et al. (2003) utilized a high speed color camera to 

capture the segregation rates of binary particles. The more recent studies of Bokkers et al. (2004) 

and Link et al. (2004) have applied Particle Image Velocimetry (PIV) in order to measure full 

field particle profiles in 2-D gas-solid fluidized beds. Typically PIV is used in fluid flow 

characterization but have been progressively used as an effective non-intrusive measurement 

technique in granular flow systems. 

Combining PIV with DIA has made it possible to characterize entire 2-D field optical 

measurements with velocity profiles. This technique was applied to characterize the bubble and 

dense phases by Sánchez-Delgado et al. (2010) in a two dimensional fluidized bed. A similar 

setup was used by Laverman et al. (2008) with the combination of PIV and DIA to correct for 

the raining of particulates through the roof of the bubbles in time-averaged emulsion phase 

velocity profiles. More recent studies have successfully applied these techniques to quantify 

particle and jet interaction in the fluidized grid-zone region (Agarwal et al., 2011b). In addition 

to fluidized beds, this coupled measurement technique has also been applied to single jet spout 

fluidized (Link et al., 2004; van Buijtenen et al., 2011a) and single jet spouted beds (Liu and 

Litster, 1991; Zhao et al., 2008). 

Laboratory scale fluidized bed have mainly focused on single vertical (Ruoyo et al., 

1996; Sutanto et al., 1985) and horizontal (Hong et al., 1997; Wang et al., 2010) oriented jet 

spouts. However, there is a lack of experimental data within the literature pertaining to multiple 

jet systems to support the CFD validation of Euler-Lagrangian based simulations such as 
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Discrete Particle Model (DPM). Therefore the work in this study investigates the hydrodynamics 

of a single and multiple jet system. It combines the benefits of PIV, DIA, and pressure frequency 

analysis to yield detailed information about the gas-particulate dynamics under jet fluidized and 

spouting regimes. A two dimensional bed was examined due to the extensive computational 

effort of DPM simulations and the limitation for visual observation. 

In addition to producing a study for DPM validation, a comparison between the flat-

bottom rectangular column bed of this study and the single jet spouting beds commonly found in 

literature is given. Much contradiction can be found over gas void fraction distribution in jet 

spouted beds. It has been a common assumption that the void fraction within the annulus of a 

spouting bed is equal to that of a loosely packed bed (Mathur and Gishler, 1955; Thorley et al., 

1959). However, Lim and Mathur (1974) found the annulus voidage to decrease with higher 

spouting gas velocities, while He et al. (1994a) concluded the void fraction is greater than a 

loosely packed bed. Again, the findings of Grbavcic et al. (1976) show a slight difference in void 

fraction per annulus locations. This makes it necessary to reexamine the voidage distributions 

using modern PIV and DIA in single and multiple spouts. 

The paper is organized by first giving a detailed schematic of the experimental setup and 

explanation of the measurement techniques. This is followed by time series and pressure drop 

spectral analyses used to classify the dynamics of the bed into multiple flow regimes. A localized 

void fraction relationship is derived and is used with PIV velocity data to compute solid 

circulation rates. A comparison between annular and fountain spout geometries of a rectangular 

flat bottom bed to the typical studied conical based bed is then given.  

2. Experimental Setup 

The experiments were conducted in a pseudo-2D fluidized bed, shown in Figure 1, with 

cross-sectional dimensions of W = 56.4 mm, D = 4.95 mm and overall bed height, H, of 280 

mm. The depth of the bed was six to nine times that of the particle diameters tested to prevent 

particle bridging effects (Grace and Li, 2010; Link et al., 2005) while the ratio of D/W was kept 

minimal to simulate a quasi-2D behavior. The 2-D assumption was experimentally examined by 

Freitas et al. (2004b) in a single jet slot-rectangular bed by varying the ratio of D/W. Significant 

particle mixing occurred in the third direction as the ratio increased. However, the work of Rao 
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et al. (2010) showed that this ratio needs to remain large enough to avoid particle bridging and 

excessive friction effects from the wall. 

A schematic of the setup is given in Figure 2. The base entailed of a stainless steel 

distributor plate with three evenly spaced selectable slit jets of 1.6 mm wide by the full depth of 

the bed. The back and side walls consisted of Polymethyl-Methacrylate coated in a high 

emissivity paint to promote light absorption and ensure surface flatness, while the font wall 

comprised of high optical clarity glass. The area surrounding the freeboard was encompassed by 

a black body box to prevent external lighting reflections. Direct homogenous illumination was 

provided by two 500 Watt halogen lamps spaced at 45° angles from the front wall. 

Compressed air was used as the fluidization gas and was controlled by a 50 SLPM 

ALICAT (Model # MC-50SLPM-D) mass flow controller with an accuracy of (  0.4% reading, 

  0.2% FS). The gas was first passed through a humidifier to reduce electrostatic effects. Then it 

was channeled through a plenum chamber and controlled by three rapidly responding solenoid 

valves providing the ability for various jet selections. 

The pressure drop across the bed was measured with a Setra (Model # 264) differential 

pressure transducer (range of 0 – 25,000 Pa   0.25% FS). The pressure taps were located at the 

jet inlets and in the freeboard, 174 mm upstream of the distributor plate. The differential pressure 

signal was sampled for 60 seconds at 250 Hz, well above the dominant frequency of a fluidized 

(Bi, 2007; van Ommen et al., 2011) or spout (Link et al., 2005) bed. The signal was then filtered 

through a low pass filter at 25 Hz to satisfy the Nyquiest criterion, remove dc bias, and take away 

any noise associated with surrounding AC equipment. A 32 bit National Instrument cDAQ-9174 

chassis was used with NI-9213 and NI-9205 cards to monitor individual inlet slot jet 

temperatures, pressures, and air flow rates. 

The top of the distributor plate was covered by a fine mesh screen and the bed was filled 

with glass particles. Two types of particles were examined to explore the effects of particle size, 

fluidization velocity, and the number of slit jets used at the distributor plate. The particles 

pertained to the Geldart B and C classification with mean diameters,   , of 550    and 750    

respectifully. The gas to solid void fraction ratio was experimentally determined for a packed 

bed and was found to be 0.38, which is in close comparison with the theoretical value of 0.4. 

The minimum fluidization velocity,    , for each particle type was then found by taking 

the bed past three times the estimated fluidization velocity, and then dropping the mass flowrate. 
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A period of 5 minutes was allowed before taking each data set. This measurement technique was 

applied to one, two, and three jet studies. The resulting minimum fluidization velocity, per a 

particle type, was found to be in close comparison. A single corresponding value for     and the 

physical particle properties are given in Table 1. 

3. Measurement Techniques 

Three non-invasive techniques were applied in order to quantify the non-reacting 

hydrodynamics of the gas and solid interactions. Each technique is introduced in this section. 

3.1 Particle Image Velocimetry (PIV) 

PIV is a laser based imaging technique that combines the accuracy of non-intrusive 

measurements with flow imaging capability. Due to the high density of particles in a fluidized 

bed, traditional PIV laser passage is not viable. Instead a PIV CCD camera can be used with a 

triggering circuit to capture particle positions within specified time delays. PIV varies from 

Particle Tracking Velocimetry (PTV), as it does not track individual particles but rather 

computes a statistically averaged displacement per an Interrogation Area, IA. The technique 

behind this approach is to determine the volume averaged displacement,        , of the particles 

in an IA. The particle velocities are then found by dividing the displacement by the time between 

sequential images,   , and the magnification factor, M.  

 ⃗⃗    
       

   
 

 

(3.1.1) 

An adaptive correlation algorithm supplied through Dantec Dynamic Studio 3.20 

software was used for the PIV analysis. This correlation is based on the cross-correlation 

technique and is equipped with spatio-temporal gradient sub-pixel analysis, discrete window 

offset, and peak validation. A Flowsense MKII (4 Megapixels) CCD camera was used to record 

double frame 12 bit images at a resolution of 2048 x 2048 pixels. The camera was located at a 

distance of 0.75 m from the front wall of the bed and provided a magnification factor of 5-7 

pixels per particle. The frequency at which double frame images were captured was 7.4 Hz, 

while the time delay between the double frame images was 1 ms. A total of 148 images were 

captured per test condition providing 10 seconds of PIV data. The adaptive correlation analysis 

was then applied using a multiple-pass mode with an IA iteratively reducing from 128 x 128 

pixels to 32 x 32 pixels. A peak validation of 1.2 was used along with a 50% relative IA overlap.  
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PIV analysis can be problematic when it is applied to studies where there are regions of 

significant velocity differences (Scarano, 2002). To deal with these issues Liu et al. (2008a)  

applied different PIV sampling techniques per experimental spouting bed regions (i.e. dead 

zones, annulus, spout, and fountain) to account for the errors in signal noise reduction and peak 

locking effects. In this study, multiple flow regimes are examined which contain substantial 

changes in the average velocity gradient. To deal with this issue, the time delay of the CCD 

camera was set to better capture velocity profiles within the annulus regions. The resulting 

velocity vectors in the jet regions were then masked. 

3.2 Digital Image Analysis (DIA) 

The principle behind using Digital Image Analysis is to use the captured PIV pixels 

intensities to correlate to the bulk solid,     , and gas void,   , fractions. The pixel values of the 

12 bit images captured ranged from 0 (dark regions) to 4095 (bright regions). Each image was 

exported to MATLAB 2010b to obtain particle distribution profiles and time averaged solid 

volume fractions. 

The DIA started by first loading the captured images into an intensity matrix. To remove 

the affects from inhomogeneous lighting a base image of the freeboard containing no solid 

particles was subtracted from the matrix. The resulting data was then filtered and passed through 

an edge detection algorithm in order to remove noise and crop the boundaries of the flow regime. 

The intensity values between instantaneous images were then normalized between 0 (gas phase) 

and 1 (solid phase), to produce a corrected intensity,     , matrix. 

3.3 Bulk Solid Fractions 

The hydrodynamics of an experimental fluidized bed can be classified though the solid 

volume fractions. The advantages of using PIV analysis is the volume fraction can be 

characterized without disrupting the gas-solid flow. However, this technique is limited to 

capturing particle behavior at the front wall of the bed. 

To account for the intensity of the particles blocked behind the particles at the front wall, 

a relationship between the two is needed. The mean intensity values obtained from DIA analysis 

can be used to account for the solid volume fraction through the depth of bed (Goldschmidt et 

al., 2003). The      matrices were first time averaged per each bed velocity and then averaged 

per bed width. The expanded bed height,     , was defined at 5% of the maximum bed height 
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intensity (Agarwal et al., 2011a), show in Figure 3. The bulk solid volume fraction can be 

expressed as a function of     using: 

      
    

      
 

 

(3.3.1) 

where      is the expanded volume and      is the mass of the bed. This correlation was used 

for internal spouting and jet fluidized bed dynamics. The bulk solid fraction from the expanded 

bed height cannot be properly represented at 5% of the maximum bed height intensity in a jet 

spouting regime due to the height of the spouting fountain. Instead a correlation between      and 

     from the jet fluidized regimes are used to define the solid volume fractions for spouting 

regimes. This is further discussed in Section 4.3.  

3.4 Solid Volume Fraction 

Each intensity matrix consists of front particles (highest intensity values), back particles 

(low intensity values), and the gas phase (lowest intensity values). In order to convert      into 

the solid volume fraction,   , a correlation function is needed. The notation that particles area 

fractions could be defined from the intensity values was studied by Heffels et al. (1996) and 

Boerefijn and Ghadiri (1998). Later Link et al. (2005) further their studies to develop the porous 

cube model to correlate image intensity values with solid volume fraction using: 

          
    

 
(3.4.1) 

Agarwal et al. (2011a) redefined this function to take into account the area fraction,  , 

along the front wall occupied by illuminated particles. This factor is necessary to justify the 

lower intensity values of the solid particles in the depth of the bed over the particles located at 

the front wall containing higher intensity values. The area fraction is then converted into the 

solid volume fraction through parameter  . 

            
  

 
(3.4.2) 

Link et al. (2005) used a similar approach by rising      by a power of 1.5 to obtain a    

correlation when using a bed depth of 6  . The parameters   and   in this study were 

empirically determining through calculating the least square fitting power law between the bulk 

solid fractions and the mean      values. A threshold value was set to condition    to the 

maximum particle packing fraction,   
   . This value was determined by the maximum particle 

bulk solid fraction found from the stagnant fixed bed, given in Table 1. 
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3.5 Pressure Drop Spectral Analysis 

The combination of PIV and DIA are effective non-intrusive measurement techniques 

when visual observation is available. However, the convenience of having full field observation 

is not typically viable in larger scaled-up beds. To address this issue there has been substantial 

research using non-invasive pressure analysis to classify the state of both fluidized (Croxford and 

Gilbertson, 2011; Zhang et al., 2010) and spouting (Leu and Lo, 2005) beds. The advantage of 

this study is both PIV and DIA can be used over the full field of the bed to validate pressure 

analysis. 

There are three common types of pressure analysis established in literature which is the 

time domain, frequency domain, and chaos analysis. This study utilizes the non-intrusive 

pressure drop spectral analysis to classify the hydrodynamics into various flow regimes. The 

analysis allows for the time series signal to be converted into the frequency domain.  

First, the low pass filtered time domain signal was processed through the Fast Fourier 

Transform (FFT) algorithm. The Fourier transformation allows for the identification of the 

amplitudes and the frequency phases within the pressure signal. The forward Fourier transform 

can be defined as: 

      ∫               

 

  

 

 

(3.5.1) 

where      is the complex Fourier transform of a continuous function     ,    is the frequency, 

  is the time and   is the basis for complex numbers. Euler’s Identity 

                 
 

(3.5.2) 

can be used with Equation 3.5.1 to convert it into its sinusoidal form: 

      ∫                              
 

  

 

 

(3.5.3) 

Since the pressure signal      is not a continuous function but rather a sequence of N discrete 

data points,  , the finite domain discrete time signals are analyzed through the Discrete Fourier 

Transform (DFT): 

 ̂     ∑           ⁄            

 

   

 (3.5.4) 
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where k is the frequency index. The     output corresponds to the     ⁄  frequency, meaning 

the second half of  ̂    is the same as the first half and was therefore discarded (Figliola and 

Beasley, 2006). Likewise no periodicity of the signal is given when   is equal to one as it 

represents the sum of all the inputs and was consequently thrown out. The resulting 

transformation was then rendered into the frequency power spectrum by multiplying  ̂    by its 

own conjugate  ̂    : 

       ̂ ̂  
 

(3.5.5) 

The peak frequency, also known as the dominant frequency, found in the power spectrum 

was used with visual observation to classify the state of the bed into three main flow regimes: 

Fixed Bed and Internal Spout (Case I), Jet Fluidized (Case II), and Jet Spouting (Case III). 

However, the pressure signal is a complex function of the particle properties (Fan et al., 1981), 

probe position (Hong et al., 1990; Wilkinson, 1995), bed height (Bi and Grace, 1996), geometry 

(Wormsbecker et al., 2009), and materials (Fan et al., 2008). Therefore, the pressure analysis in 

this study is not exclusively a function of the flow regime state. 

4. Results and Discussion 

The 2-D hydrodynamic characteristics were investigated through varying the number of 

slit jets, gas velocities, and particle diameters. This section discusses the mapped flow regimes, 

minimum fluidization, jet system behaviors, local void fraction profiles, and the solid particulate 

circulation rates. 

4.1 Flow Regimes and Minimum Fluidization 

Four main operating flow regimes resulted from the combination of the one, two, and 

three jet experimental tests. Using visual observation accompanied with spectral analysis the 

dynamic behavior was distinguished into: 

 Fixed Bed: Figure 4.a 

The particles are un-fluidized and remain stationary forming a fixed bed. 

 Internal Spouting: Figure 4.b 

The jet(s) penetrates into part of the bed forming an internal cavity while the surrounding 

particles remain un-fluidized. Individual jets remain isolated and do not mix with each 

other. 
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 Jet Fluidized: Figure 4.c 

Bubbles detach from the internal cavity. The particles surrounding the jet(s) are fluidized, 

while the jet(s) profiles remain below spouting conditions. 

 Jet Spouting: Figure 4.d 

The internal cavity reaches the top of the bed causing the jet(s) to produce a spout 

channel. 

Similar categories of jet systems have been characterized for fluidized (Link et al., 2005) 

and spouting (Freitas et al., 2004a; Sutanto et al., 1985) beds. Mean Prewitt high pass filtered 

image are shown in Figure 4 to illustrate each of the various flow regimes. 

The point of minimum fluidization was found when the magnitude of the pressure drop 

offsets the weight of the particles and the frictional forces within the bed. Figures 5 and 6 shows 

the pressure drop for two different size glass particles using one, two, and three jet distributor 

plate systems. In the region of A-B, the pressure drop increases almost linearly for increasing gas 

flowrate. This region marks the points of fixed beds and internal spouting regimes. At point B, 

    is reached when the bubbles from the internal spout begin to reach the surface of the bed 

causing the pressure drop to decrease. Just beyond this point marks on the onset of fluidization, 

turbulent fluidization, and spouting. 

For single jet experiments, the pressure drop decreases from B-C when the spout broke 

through the bed. Then from C-D the pressure continued to drop until reaching a stable operating 

range. This sequence of progressive pressure drop for a single jet spouting bed has been 

previously been reported by Kunii and Levenspiel (1991) and Markowski and Kaminski (1983). 

The characteristic differences in B-C from Figures 5 and 6 may show the dependence on the 

pressure probe position relative to the bed height. These differences were examined by Wang et 

al. (2000) in a spouted bed. 

For two and three jet configurations the pressure drop remained nearly constant in B-D. 

This region exhibits a mix of both spouting and turbulent fluidized bed characteristics. This is 

attributed to the sequence of particle buildup blocking the spout, followed by the particles being 

propelled into the freeboard. The pressure drop remains stable as the overall bed dynamics acts 

in a turbulent fluidized regime. 
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As this experimental study was design for CFD validation, the particle-wall effects on 

    must be noted. Typical minimum fluidization velocities found in literature for similar sized 

glass Geldart B and D classified particles are given in Table 2 along with those measured from 

this study. All minimum fluidization velocities compared in this table are from either 2-D or 3-D 

bed configurations with larger cross-sectional areas,   , than examined in this study. The 

pronounced particle-wall effects between a 2-D and 3-D bed has been noted in an experimental 

study by van Buijtenen et al. (2011b). Another recent study by Grace and Li (2010) emphasizes 

the importance of CFD boundary conditions, ie. no-slip, partial slip, or full slip, when modeling 

2-D bed hydrodynamics. 

The maximum pressure drop across the bed can be simply defined by        
   when 

no wall or particle friction effects exist. Alternatively the magnitude of the pressure drop across a 

column of packed solids is commonly evaluated through the empirical equation of Ergun and 

Orning (1949) with sole respect to the void fraction and fluid flux: 

       

    
         

 

(4.1.1) 

where   is defined as the viscous coefficient, 
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 (    )

   

 

(4.1.2) 

   is the viscosity of the inlet gas,    is the particle sphericity, and   represents the inertial 

coefficient: 

   
            

  
     

  

 

(4.1.3) 

However, this does not account for wall friction effects and makes the implicit assumption of a 

homogenous void fraction and gas velocity distribution. To account for the wall effects, Liu et al. 

(2008b) defined a new parameter to Equation 4.1.1. The maximum extra pressure drop,      , 

was estimated from 

     

    
  

(                    ⁄⁄ )
    

  
  

 

(4.1.4) 
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when the superficial gas velocity reaches the critical,   , velocity. The resulting average 

maximum extra pressure drop,          , per a particulate type equated in this study is given in 

Table 1 to represent the added particle-wall and frictional effects. 

4.2 Pressure Drop Spectral Analysis 

The frequencies in the time domain of the differential pressure signal were analyzed 

through the power spectrum. The resulting dominant frequencies were used to define each of the 

four flow regimes. The power spectral densities for a single jet are shown in Figure 7. Fixed bed 

and internal spouts, given in Figure 7.a, show significant peaks in the power spectrum only at 

low frequencies << 1 Hz. There was a minimal increase in the dominant frequency with 

increasing gas velocity in the two regimes. The slight power at these low frequencies could 

possibly be due to external disturbances or turbulence generated by the gas flowing through the 

packed bed. Without visual observation, it would be hard to distinguish between the two cases. 

Due to their close similarities the two cases are combined and defined as Case I. 

As the gas velocity surpassed     the dynamics of the bed transitioned into jet 

fluidization. Two dominant frequencies are seen in the power spectrum in Figure 7.b. The higher 

frequency is in the range of 4 - 5 Hz while the lower frequency remains close to that of an 

internal spout. This suggests the flow regime is showing both characteristics of an internal spout 

and jet fluidization. 

Further increase of the superficial gas velocity leads to jet fluidization (Case II). Figure 

7.c shows only one dominant frequency ranging from 4 - 5 Hz. However, the wider range of 

frequencies displaced can be attributed to the passing of bubbles in the fluidized bed. This 

characteristic has been substantially studied (Bi, 2007; van Ommen et al., 2011) due to the 

complexity of the pressure signal. 

A transitional period between the fluidized and spouting dynamics can also be captured 

with spectral analysis. Two frequencies, which appear to be near harmonics, are shown in Figure 

7.d. Here the internal spouting cavity has reached the top of the bed. The larger frequency 

defines the onset of spouting while the lower frequency shows the progressive bubble formation 

and sudden eruptions. 

Once the spout channel has been well defined only one dominant frequency remained. 

This frequency ranged from 8 - 10 Hz for the single jet, shown in Figure 7.e. As the inlet gas 

velocity increased so did the frequency of the pressure signal. This would suggest the transition 
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to the spouting regime is not sudden, but rather a continuous process. Figure 8 contains a plot of 

the dominant frequency levels at all tested G550 velocities. 

As seen in Figure 8, the same spectral density analysis was applied to two and three jet 

distributor plates. Similarly, frequencies well below 1 Hz were seen for the fixed and internal 

spouts (Case I). However, both fluidized beds and the transitional period also, resulted in lower 

dominant frequencies from 1 - 4 Hz. This use of multiple jets promoted jet interactions and 

decreased dead zones creating a wider range of frequencies in the power spectrum. 

Two and three jet systems reached the spouting regime at a slightly higher flowrate than 

the single jet. The use of more than one jet created a dynamic sequence between spouting, 

particulate build-ups, and the eruption of the solid particle clusters. This formed a mixture 

between spouting and a turbulent fluidized bed regime. The resulting dominant frequencies 

remained below the single jet spouting frequencies, ranging from 4 - 7 Hz. 

4.3 Void Fraction Correlation 

The glass 550    particle expanded bed heights and bulk solid fractions classified by 

Case I and II are shown in Figure 9. The onset of the minimum fluidization velocity can be 

observed when      exceeds the initial bed height. Likewise, the decline in      can also be used 

to define    . 

Figure 9.a shows a sharp drop in the overall bed bulk solid fraction at the onset of 

fluidization. This is due to the higher jet penetration depth of a single jet. The rate of expansion 

in      was found to decline when multiple jets were used. At gas velocities near     the two jet 

system remained isolated with only bubbles merging near the surface of the bed. Implementing a 

third jet prompted jet interactions. The three jets merged into a single jet producing lower      

values than the two jet system, as seen in Figure 9.b and 9.c 

It could appear in Figure 9 that a significantly lower     value exits for the one jet 

system over the multiple jet studied. However, a higher frequency of bubbles was produced 

through the surface of the bed during the PIV sampling time which resulted in higher intensity 

values in the mean     matrices at the surface level of the bed. This produced slightly higher bed 

heights shown in Figure 9.a. Due to this observation the commonly used pressure drop analysis, 

discussed in Figures 5 and 6, was consequently chosen to determine the onset of fluidization. 
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The mean intensity and bulk solid fraction values are plotted in Figure 10 for all particles 

in the fluidized bed regime (Case II). The data was fitted with Equation 3.4.2 by applying a least 

square fit power law. Parameters   and   were found near to Link et al. (2004) and Agarwal et 

al. (2011a) with   equal to 1.66 and   equal to 0.98 and 1.16 for the 550    and 750    

particles respectfully. 

Factor   represents the spectral parameter of the particles while parameter   accounts for 

the mean solid volume fraction across the depth of the bed (Agarwal et al., 2011a). Parameter   

was found equal to 1.5 by Link et al. (2004) for a single slot jet distributor plate with a depth of 

   . This same parameter was found to be slightly higher in this study for a bed depth of 6 to 

   . This suggests that thicker beds tend to have a higher   value, while thinner beds would 

have a   value closer to one, as observed in the results of Boerefijn and Ghadiri (1998). 

The bulk solid fractions of the spouting beds could not be properly defined from the 

maximum expanded bed heights from Equation 3.3.1, due to the development of spout fountains. 

To overcome this issue it was assumed that the identical G550 and G750 particles of Case III 

followed the same particle intensity correlations as in Case II. The resulting solid volume 

fraction correlation from Equation 3.4.2 was then applied to the spouting regimes. 

The bulk solid volume fractions were then used to compute the localized gas void 

fractions (         ). Full field view maps under both fluidized (Case II) and spouting (Case 

III) regimes are given in Figures 11 and 12 respectfully. 

4.4 Fluidized Bed Void Fraction 

The fluidized bed regime (Case II) showed characteristics of internal jets with bubble 

formations for all size glass particles. The jets diameters expanded from the inlets until reaching 

a maximum width. Here the diameter of the jet remained constant until bubbles were formed. 

Figure 11 shows the full field void fraction comparison between the two sized particles for one, 

two, and three jet systems at        . 

Jet penetration heights were found to be higher at larger superficial gas velocities. The 

smaller glass particles also produced larger jet penetration heights over the 750    particles in 

all three jetting systems. This fluidized bed characteristic is in agreement with the experimental 

single jet findings of Ruoyo et al. (1996). Figure 11 also shows smaller dead zones sizes for the 
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larger diameter solid particles. This is due to the increased internal spouting diameters of the 

750    particulates. 

Double jet systems did not always show signs of interacting at low gas velocities. Instead 

there was a transitional period prior to the production of a jet interacting system. At lower 

fluidization velocities the shape of the bubbles produced by each jet was influence by the other. 

A further increased velocity caused the bubbles to merge into a larger bubble at middle of the 

bed. This bubble would continue to rise through the particles before causing the surface of the 

bed to collapse while new bubbles were being formed. Implementing a third jet into the double 

jet system created jet interactions for all gas velocities surpassing      

Shorter distances between the slit jets were achieved with the triple jet system. This 

caused the jets to merge close to the distributor plate as the inlet gas velocity increased. For Case 

II, dead zones always remained between the jets. It was not until the spouting regime (Case III) 

did the dead zones between the three jets begin to completely disappear due to the jets merging 

near the distributor plate. 

4.5 Spouting Bed Void Fraction 

Increasing the inlet gas velocities from Case II caused the dynamics of the bed to 

transition into the spouting regime. The spouting bed provided higher particle mobility with a 

smaller pressure drop across the bed. Case III can be characterized through investigating three 

zones: the spout, fountain, and annulus. Figure 13 gives an image of an instantaneous      matrix 

defining the location of the various zones. Mean void profiles for Case III are given for all jet 

systems in Figure 12 at      . 

4.5.1 Spout Zone 

The transitional region into Case III showed unstable spouting channels for the single jet 

studies. This affect is attributed to the lack of in-bed stabilizers commonly used in spouting beds 

(He et al., 1994a) to prevent the spout from deviating from the vertical axis of the bed. As the 

spouting velocity was further increased, stable jet formations were produced for the single jet 

studies. The effect of a swaying spout can be seen in the decrease of    in the fountain of the 

1G550 system in comparison to the 1G750 test in Figure 12.a and 12.d. A stable spout showed a 

narrower void fraction profile between the upper surface of the bed and the base of the fountain. 

Additionally, higher particle concentrations were observed through the mean PIV images in the 

fountain region when swaying was not exhibited. 
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The voidage in the spout zone increased with increasing gas flowrate. Similar to Case II, 

the width of the inlet jet also increased almost linearly through the use of larger diameter 

particles and along the vertical axis of the spout. However, the width of the spout then decreased 

towards the top of the annulus. This denser    zone is associated with the solid entrainment of 

annulus. This finding has also been noted in a flat based cylindrical half column  (Day et al., 

1987) and a conical spouted configuration (Olazar et al., 2001). 

The radial voidage within the spouting zone increased with increasing gas velocity. The 

axial voidage distribution for a spouting bed at       is shown in Figure 14 at a height of 19.2 

mm above the distributor. The shape of a single jet spouting regions has been described as 

elliptical by Guo et al. (1996). This shape is displayed in Figure 14 with the highest void fraction 

nearest to the centerline of the jet with decreasing values along the boundaries of the spout. A 

similar trend can be seen in the void profiles along the edges of spout in the two and three jet 

systems. 

The dead zone between the jets in a double jet system can be clearly identified at the peak 

in    at the centerline of the bed. At a further radial distance from this peak two elliptical    

curves detect the location of each spouting zones. The three jet system shows only one enlarge 

spouting zone in Figure 14. The reason for this is credited to jet merging. At a height of 19.2 mm 

the three jets have combined to form an enlarged single spout zone. 

4.5.2 Annulus Region 

The area of downward particle entrainment surrounding the spout zone is known as the 

annulus. Smith (1975) described this region for a single jet as the downward parabolic trajectory 

of particle movements towards the spout. The dynamics of the annulus have also been 

characterized as being nearly symmetric (Krzywanski et al., 1992) through a multi-dimensional 

model. Near local void fraction symmetry can also be observed in Figure 14 in the moving zones 

for all jet systems.  

The void fraction in the annulus has frequently been defined as being equal to a loosely 

packed bed, around 0.4, and constant throughout the region (Mathur and Gishler, 1955; Smith, 

1975). However contradicting results can be found throughout literature that dispute these 

findings. Thorley et al. (1959) and Grbavcic et al. (1976) concluded the void fraction varies in 

different parts of the annulus. Lim and Mathur (1974) determined the amount of gas in the 

annulus to decrease as the spouting velocity increased. Similar finding were found by Day et al. 
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(1987) and Epstein (1978) which also defined the void fraction of the annulus to be equivalent to 

a loosely packed bed. 

Conflicting results were again found by Van Velzen et al. (1974) and Roy et al. (1994) 

for a conical based bed. These studies examined the annulus velocity and found the velocity to 

decrease in the lower sections of the annulus region. This led to the conclusion that a decrease in 

the velocity may lead to an increase in    with respect to height in the annular zone. More recent 

studies by He et al. (1994a) examined a cylindrical column and half column bed voidage with a 

fibre optic probe. These experimental tests results were found conflicting to the finding of Lim 

and Mathur (1974). He et al. (2000) performed additional tests in an axisymmetric column to 

confirm the void fraction in the annulus increased with increasing gas velocity. It was concluded 

that the    in the annulus increased from 2.5% to 11.6% of a loosely packed bed depending on 

the inlet gas velocity and bed geometry. This brings into question two common assumptions that 

the voidage in the annulus is constant and equal to a loose-packed bed. 

The single jet findings in this study show the void fraction in the annulus to be slightly 

higher than a loosely packed bed as show in Figure 14. A recent study by van Buijtenen et al. 

(2011a) also examined a pseudo 2-D single jet spouting bed with PIV and DIA. However, a 

different correlation between the pixel intensity values and the solid fraction was derived. It was 

concluded from their study that any small difference in the void fraction of the annulus would be 

difficult to observe due to the uncertainty in their    calibration curve. 

Contrarily, the settings of the CCD used in the PIV analysis of this study were better set 

to capture particle motion in the annulus. As a result, higher gas fractions were observed than a 

loosely packed bed due to the high downward entrainment of particulates. This suggests the 

spout channel is not the only main factor in the vigorous gas-solid mixing, but that the annulus is 

also a large contributor in the multiphase mixing. In addition to the voidage effects caused from 

downward entrainment, the gas was also observed to flare outward from the spout channel into 

the annulus. This was often a contributing factor in the observed unstable spout swaying. 

The downward moving zones in double and triple jet systems showed different 

hydrodynamics than that of the single jet case. This was caused by the higher order of particle 

entrainment which reduces the size of the dead zones separating the jets. With fewer particles 

between the jet systems, a combined singe jet was formed which merged closer to the distributor 

plate at larger gas velocities. Unlike the single jet case which exhibits stable spouting due to a 
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well-defined annulus (Krzywanski et al., 1992) , the multiple jet systems remained highly 

unstable at all spouting velocities resulting in unstable moving zones. A subsequent sequence of 

particle accumulations and eruption of the particles toward the wall and freeboard was formed. 

This also produced higher void fraction than a loosely packed bed in the moving zones similar to 

the single jet case. 

The axial    distributions can be categories into three main sections: i.e. the spout, 

annulus, and dead zones. The elliptical peaks in    define the spouts in Figure 14. At further 

radial distances from the center axis of the bed, an increase in    depicts the moving zones. This 

trend suggests that there are higher particle concentrations closer to the spout and a higher gas 

voidage close to the walls of the bed. A second elliptic peak is seen in the single jet case near the 

wall when dead-zones are not present. This was followed by a decline in gas void fraction 

defining the dead zones.  

4.5.3 Fountain Region 

A fountain region was produced from the deceleration of solid particles above the single 

jet spouting zone. This region takes the form of a parabolic shape (Grace and Mathur, 1978) 

which can be further divided into two main sections. The first being the core which consists of 

the solid up-flow and the second region is defined as the periphery which entails of the regions 

of solid particle down-flow returning to the annulus. In a small scale laboratory bed it is 

important consider these regions as they can contain a significant fraction of the total solid 

particles. 

The highest particle concentrations in the fountain were found along the central axis of 

the fountain core and gradually decreased radially toward the periphery, shown in Figure 15. 

This is contrary to the notion of Hook et al. (1992) who predicted the fountain core to spreads 

radially outward along the entire height of the fountain. The effects of increasing spout velocity 

are shown in Figure 16 by taking the cross sectional average gas void fraction along the height of 

the fountain. It was found that increasing spout velocities produced higher solid concentration in 

the core and a growth in the radial    profile. This is contrary to the findings of He et al. (1994a) 

who concluded that particle solid fraction in the core decreases with increasing gas velocity. The 

reasoning for this was attributed to the increased radial spreading of particles. However, it must 

be noted that different bed geometries and physical particle properties were examined between 

their study and the experiments used in this investigation. 
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Solid concentrations were found to increase from the base to the core of the fountain and 

are consistent with the theoretical model produced by Grace and Mathur (1978). In their model, 

   in the core was equivalent to a loosely packed bed. At over      , Figure 15 shows the lowest 

void fraction as 0.54. This value is not consistent to a loosely packed bed but is in closer 

agreement with the value of 0.57 found by He et al. (1994a). The particle concentrations then 

decreased from the core to the top of the spout. Again this contradicts the model of Grace and 

Mathur (1978), who assumed a loosed packed voidage at the top of the fountain. Instead this 

trend was found to be in general agreement with Waldie et al. (1986). 

4.6 Dead Zones 

The regions of stagnant particles between the jet inlets and near the wall close to the 

distributor plate are categorized as the dead zones. It is important to analyze the size of these un-

fluidized sections as dead zones can lead to serious problems if exothermic reactions are to occur 

(Muller et al., 2010). The height and angle of the jets along the dead zones have been previously 

characterized with correlations for fluidized beds (Agarwal et al., 2011b; Rees et al., 2006; 

Thorpe et al., 2002). The aim of this study is to examine the influence of a multiple jet system. 

Therefore, bed dead zone mass fractions are computed from the volume,    , and the average 

void fraction,      , of the dead zones as: 

     
               

    
 

 

(4.6.1) 

The dead zone areas were defined as near zero velocity regions as indicated on the 

overlaid PIV vectors and mean Prewitt high passed filtered image illustrated in Figure 17. A 

reduction in the total dead zone fraction was found as the gas velocity increased for all jet 

combinations. Similar findings have been made for a single jet flat bottom spout bed (San José et 

al., 1996).  

Figure 18 shows lower dead zone fractions for larger particle diameters. This was due to 

the effect that larger particles created an increased spouting zone. The total dead zones decreased 

as additional jets were implemented into the system. However, the use of two jets initially 

displayed lower dead zones over the triple jet system for the 550    glass particles. This was 

accredited to the jets merging towards the center of the bed for the three jet case. Differently the 

two jet test exhibited isolated jets which promoted dead zones reductions near the walls. This 

shows the importance of jet pitch in overall dead zone reduction. 
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4.7 Solid Circulation Rates 

Calculations of solid entrainment require either knowledge of the particle and gas flow 

rates, or the rate of jet expansion angles (Stein et al., 1998). Therefore, the PIV particle velocity 

vectors,   ⃗⃗ ⃗⃗  and   ⃗⃗ ⃗⃗  , were coupled with their corresponding void fractions in each interrogation 

area to compute the local particle mass flux: 

 ̇            ‖ ⃗⃗ ‖ (4.7.1) 

Based on the conservation of mass, the total solid up-flow must equal the total solid 

down-flow at any level with in the bed. Since the annulus consists of the downward granular 

flow and the spout contains the upward gas-solid mixture, the solid mass flow should be 

comparable between the two regions. This concept has been previously investigated by He et al. 

(1994a) in a cylindrical spout bed and resulted in maximum deviation of 19% in the conical base 

region. Similar studies in a conical bed have also concluded the solid descending flow in the 

annular region to be nearly equivalent to the solid ascending flow in the spout region (San José et 

al., 1998; San José et al., 2006). The minor error found between the two solid rates has been 

attributed to the higher order of turbulent solid movement and flow fluctuation through the 

annular region found in a cylindrical column (Uemaki and Tsuji, 1992). To address this issue in 

this study, the rate of solid circulation was computed along the border of the spout, where San 

José et al. (2006) computed the maximum horizontal particle velocity from a mass balance 

equation. First, the horizontal component of each velocity vector was processed through 

Equation 4.7.1 to compute local horizontal particle mass fluxes,  ̇   
  . The fluxes were then 

multiplied by the cross-sectional area of an IA,      . The resulting particle entrainment rates 

were summed along the spout border to compute the total solid circulation rate, 

 ̇       ∑  ̇   
       

    

   
 (4.7.2) 

The solid circulation rates can also be represented by a volumetric circulation flowrate 

( ̇         ̇       ⁄ ), shown in Figure 19. The rate of particle entrainment was found to increase 

linearly with increasing gas velocity. This was also be observed in cylindrical (Uemaki and 

Tsuji, 1992), semi-circular (Kececioglu and Keairns, 1989; Yang and Keairns, 1982), and 

rectangular (Agarwal et al., 2011a) columns. Due to the highly turbulent nature of the multiple 

jet systems in the spouting regimes, a stable and well-defined spout-annulus border was not 

exhibited. Therefore, the solid circulation analysis was only applied to the single jet studies. 
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However a recent multiple jet study, in a purely fluidized regime, was found to produce a 

decrease in the linearly increasing solid rate at the onset of jet interactions (Agarwal et al., 

2011a).  

Higher circulation rates were observed for the larger diameter particles. This can be 

attributed to the increased spouting diameter, decreased dead zones, increased particle velocity 

along the jet border, and a higher stagnant bed height. A larger bed height allowed for an 

increased spout surface area resulting in a higher solid cross-flowrate. This finding can be further 

attributed to the higher particle velocities found along the vertical spout axis for the 750    

particles. This finding is in good agreement with Olazar et al. (1998) and Filla et al. (1983) who 

also found the rate of momentum exchange between the gas and solid particles to increase with 

particle size. 

The accuracy of Equation 4.7.2 was assessed by comparing it with the counter current 

two-phase flow model of van Deemter (1967) for a fluidized bed. The basis of this model is to 

relate the total solid circulation rate to the total downward mass flowrate of the bed. This model 

takes the average vertical downward velocity,  ⃗⃗      , over the entire bed with respect to the total 

cross-sectional area of the distributor plate: 

 ̇                (    )| ⃗⃗      | 
(4.7.3) 

A factor,      , is implemented into the solid circulation calculation to account for the 

volume fraction of downward moving particles and gases. The volume fraction of downward 

gases is significantly smaller than the fraction of downward particles due to the density 

differences and the dynamics of the spouting regime over that of a bubbling fluidized bed. The 

gas fraction in       was neglected due to this reason and that it was not possible to account for 

the downward gases through the experimental procedures of this study. 

A comparison between the two analyses is plotted in Figure 19. An average deviation 

below 10% was found between the two models for both the 550    and 750    particles. Both 

trends show a linear increase in the volumetric circulation rate with respect to increased inlet jet 

velocity.  

The circulation rate can be further investigated through computing the frequency 

residence time of the particulates through the bed. This was calculated through measuring the 

average cycle time by: 
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 ̅   
    

 ̇     
 (4.7.4) 

This type of analysis has been previously applied to conical (San José et al., 1996) and 

cylindrical (Roy et al., 1994; Thorley et al., 1959) spouted beds. It must be pointed out that these 

beds are designed with angled contactor bases to reduce the effects of static dead zones. Figure 

18 shows the dead zone fraction in the single jet cases to range from 7 to 36% of the total bed 

mass for the given gas flow rates. To account for the stationary particulates, Equation 4.7.4 was 

redefined as: 

 ̅   
           

 ̇     
 (4.7.5) 

to take into consideration the dead zones. The resulting average cycle times between Equation 

4.7.4 and 4.7.5 are shown in Figure 20. The average error found from neglecting the dead zones 

was 13% and 36% for the 750    and 550    particles respectfully. As expected both particles 

showed a nearly linear decrease in cycle time with increasing gas velocity. The average cycle 

time was also found to decrease with increased particle size, due to enlarged solid circulations 

rates. This trend is comparable with Filla et al. (1983) who concluded that there is a large 

resistance in the particulate phase to the transverse flow towards the dilute jet region for smaller 

particles. 

4.8 Fountain Heights 

In order to further understand the effects increasing gas velocity on the spout geometry, 

the height of the fountain,   , was calculated from the top of the surface of the bed to the top of 

the fountain. To account for the initial bed height differences from the total number of particles 

used between the 550    and 750    cases, the fountain heights are represented as bed height 

fractions: 

   
  

  

 
 

 

(4.8.1) 

for the single jet studies in Figure 21. The fountain height expansion ratios increased with 

spouting velocity and were found to be higher for the larger glass particles. To compare these 

results with the correlations found in literature, the particle velocity in the spout at the surface 

level,  ⃗⃗      , of the bed is needed. Since the CCD camera in the PIV analysis was adjusted for 

better signal noise ratios, the velocity vectors in the spout were masked. Therefore, a correlation 

between the spout velocity and solid circulation rate was derived.  
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An explicit model, similar to Equation 4.7.1, was developed by Day et al. (1987) to 

compute the total solid mass flux of a bed from the area,        , void fraction,         , and 

velocity of the spout at the surface level of the bed. 

 ̇              ⃗⃗      [          ] 
 

(4.8.2) 

The velocity in this study was computed from combining the cross-sectional area of the 

spout and the void fraction at the surface level with the total solid circulation rates. A similar 

approach by Uemaki and Tsuji (1992) used this correlation to compute the void fraction in the 

spout from the solid circulation rate and velocity. The importance for detailed void fractions and 

spouting diameters needed in this type computation has been noted (Kim and Cho, 1991). The 

use of PIV with DIA provided both detailed and localized void fractions along the structure of 

the spout. 

A semi-theoretical spouting model was derived by Grace and Mathur (1978) from a force 

balance analysis. This was based on equations of motion with dependence on the spout voidage 

and particle velocity along the spout axis at the bed surface. Their findings produced an average 

deviation of 16.2% between their model and data. A best fit coefficient of 1.46 was applied to 

        :  

           
    

 ⃗⃗      

   

  

      
  

 

(4.8.3) 

and resulted in a reduction in the average standard deviation to 15.4%. It is important to note 

from Figure 13 that the small scale bed in this study produced higher annular zones along the 

radial walls of the bed in comparison to the axial center of the spout. This effect has not been 

previously reported as the width of most laboratory scale beds found in literature are of a larger 

magnitude. Therefore, the fountain height has been defined from both the highest surface level of 

the bed along the annulus,     , and from the lowest part located at the top of the spout channel, 

    , when comparing to existing correlations. The difference between these two measurements 

is illustrated in Figure 13. 

The model in Equation 4.8.3 under predicted to height of the fountain in all cases, shown 

in Figure 22. An average deviation of 57% and 68% was found from using      and      for the 

550    particles respectfully. Closer agreement was found for the 750    particles with an 

average deviation of 21% for      and 43% for     . This is different than the results of He et al. 
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(1994b) who found good agreement with this model for glass spheres in a cylindrical column. 

However the under prediction of fountain heights was also found by Olazar et al. (2004) with a 

relative error ranging from 50 to 60%. In addition Liu and Litster (1991) has also pointed out that 

this model needs to account for particle sphericity.  

Other fountain height correlations have also been proposed (Chatterjee, 1970; Day, 1990; 

Hook et al., 1992; Morgan et al., 1985) and were compared with further experimental data by 

Day (1990) and Olazar et al. (2004). A regression analysis with a searching techniques was 

applied by Day (1990) to the data of Grace and Mathur (1978) to produce an empirical fountain 

height correlation. The derived equation had no dependency on void fractions or particle 

velocities. However, a higher average deviation between the resulting correlation and Equation 

4.8.3 was found from the data of Grace and Mathur (1978).  

Various combinations of correlation coefficients have also been fitted to Equation 4.8.3 

by Olazar et al. (2004). The optimization in their study resulted in using the suggested fountain 

height correlation derived by Thorley et al. (1959): 

   
 ⃗⃗      

   

  

      
  

 

(4.8.4) 

This analysis is based off the assumption that the drag forces are small in comparison to 

the gravity. A good fit of Equation 4.8.4 was found in the data of Olazar et al. (2004). However, 

it should be noted that the study only investigated velocities up to 1.3 times the minimum 

spouting velocity. Figure 22 shows good agreement between the correlation and the experimental 

data at low gas velocities. However, at higher gas velocities Equation 4.8.4 significantly over 

predicted the fountain heights. An overall average standard deviation of 31% and 73% was found 

for      and      respectfully for the 550    particles. All though significant error was found 

between the two previous correlations, they were successful in bounding the experimental results 

in this study. 

Figures 21 and 22 show the fountain height to be directly proportional to the spouting 

velocity and is in agreement with Olazar et al. (2004) . Higher fountain heights were also seen 

for increased particle diameter. This contradicts Olazar et al. (2004) who found    to decrease by 

33% as the particle diameters were increased from 3 to 5 mm. Two main reasons were noticeable 

in this study for explaining the differences. First, the larger particles produced an increased 
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spouting diameter, reduced dead zones, increased solid circulation, and a decreased average 

particulate cycle time as all were previously noted. Secondly, the particle drag force can decrease 

with increased particle diameter. This was mathematically represented though an equation of 

motion for a single solid sphere in a gas stream (Grace and Mathur, 1978; Kmieć, 1980; Thorley 

et al., 1959). Lastly it should be noted that the bed geometry of this study is different than the 

typical conical based and axisymmetric bed found from the prior compared studies. Therefore 

the data in this investigation should be applied with caution when comparing it with previous 

correlations. 

5. Conclusion 

The coupling of PIV and DIA were successfully used to analysis the two-phase dynamics 

of a flat bottom bed under fluidized and spouting conditions. Hydrodynamics of a multiple jet 

system was compared to that of a single jet for the validation of Discrete Particle Models. Time 

series pressure analysis for a single jet resulted in a lower pressure drop across the bed than that 

of multiple interacting jets. The rendering of the time series signal into the power spectrum made 

it possible to characterize the flow dynamics into three distinct regimes: Fixed Bed and Internal 

Spout (Case I), Jet Fluidized (Case II), and Jet Spouting (Case III). 

A void fraction relationship was derived from the DIA and was found to be in close 

comparison with Link et al. (2004) and Agarwal et al. (2011a). The highest gas fractions were 

found in the spout and showed an elliptical profile. Applying radial void fraction analysis 

exposed jet interactions while also showing that multiple jets can act independently. The annulus 

and fountain regions both displayed higher void fractions than a loosely packed bed 

contradicting Smith (1975) and Grace and Mathur (1978). Additionally, particulate 

concentrations were found to radially decrease in the fountain from the core to the periphery.  

An existing summary and comparison between various studies and correlations on solid 

circulation rates and fountain heights was given. The PIV adaptive correlation algorithm was 

employed to compute the solid circulation rate. A linearly increasing rate was found to be 

directly proportional to the gas velocity and increased particle diameter due to the enlarged 

momentum exchange. Good agreement was found between the methods of the solid circulation 

rate produced in this study with the counter current two-phase flow model of van Deemter 

(1967). Dead zone fraction analysis emphasized the importance of jet pitch as implementing 
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more jets did not always directly resulted in decreased total dead zones due to jet merging. This 

finding was carried over to define an enhanced method in computing average cycle times.  

The expanded fountain heights for the rectangular flat bottom bed were compared with 

semi-theoretical models found in literature. At low spouting velocities the fountain heights were 

comparable to the neglected drag force model of Thorley et al. (1959). However, at higher 

flowrates the data was in closer agreement with the  model produced by Grace and Mathur 

(1978) which added a correlation coefficient to compensate for the slight particulate drag effects. 

The overall fountain geometry was found near to the parabolic shape observed by Smith (1975). 

Higher fountain heights were computed at greater superficial spouting velocities and for larger 

particle diameters contrary to Olazar et al. (2004). The analysis found in this study was based on 

a rectangular multiple slit jet distributor and therefore should be applied with caution when 

comparing it to cylindrical and conical based beds.  
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Figures and Tables 

 

 

Figure 1: Schematic of the 2-D flat bottom rectangular column setup with dimensions in mm.  
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Figure 2: Diagram of the experimental setup. 
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Figure 3: Corrected intensity,     , averaged along the vertical height of the bed for 3G550 at  

1.6     to define the expanded bed height. 

 

Figure 4: Mean Prewitt high pass filtered PIV images of the various flow regimes: a) Fixed Bed, 

b) Internal Spout, c) Jet Fluidized, and d) Jet Spouting. 
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Figure 5: Differential pressure measurements for G550 using the pressure drop method to define 

the onset of the minimum fluidization velocity,    . 

 

Figure 6: Differential pressure measurements for G750 using the pressure drop method to define 

the onset of the minimum fluidization velocity,    . 
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Figure 7: Dominant frequencies in the power spectrum from the differential pressure 

measurements used to classify the flow regimes: a) Fixed Bed and Internal Spout, b) Transition 

Jet Fluidized, c) Jet Fluidized, d) Jet Transition Spouting, and e) Jet Spouting. 
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Figure 8: Effect of superficial gas velocity on the dominant frequencies for the G550 multiple 

jet systems. 
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Figure 9: Expanded bed heights,     , and bulk solid fractions,      , for Case I and II as a 

function of G550 inlet gas velocities for: a) a single jet, b) double jet, and c) triple jet system. 
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Figure 10: Solid volume fraction,   , correlation for G550 and G750 particulates classified in the 

jet fluidized regime in comparison to Equation 3.4.1. 
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Figure 11: Localized mean gas void fraction,   , distributions at 1.6    , for: a) 1G550, b) 

2G550, c) 3G550, d) 1G750, e) 2G750, and f) 3G750. 
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Figure 12: Localized mean gas void fraction,   , distributions at 3.0    , for: a) 1G550, b) 

2G550, c) 3G550, d) 1G750, e) 2G750, and f) 3G750. 
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Figure 13: Instantaneous single jet      image showing the annulus, spout, and fountain regions. 

 

Figure 14: Axial gas void fraction,   , distributions at 2.0     and a bed height of 19.2 mm 

above the distributor plate for one, two, and three jet G750 systems. 
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Figure 15: Axial gas void fraction,   , distributions in the fountain region at 3.1     and bed 

heights of 104.7 mm, 110.0 mm, and 120.4 mm for 1G750.  

 

Figure 16: Cross sectional averaged gas void fractions,   , in the fountain region at 2.8    ,   

3.0    , and 3.1    . 
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Figure 17: Mean Prewitt high passed filtered image over-laid with corresponding annulus 

velocity vectors at 3.1    .  

 

Figure 18: Dead zone mass fractions,    , for G550 and G750 in one, two, and three jet systems. 
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Figure 19: Solid,  ̇   , and volumetric,  ̇   , circulation rates for 1G550 and 1G750 in 

comparison with counter-current model of Equation 4.7.3 

.  

Figure 20: Average particle cycle times compared between neglecting and accounting for total 

dead zone mass. 
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Figure 21: Effect of superficial gas velocity on fountain height expansion ratios,      
, defined 

from the top of the annulus, for G550 and G750 systems.  

 

Figure 22: Experimental fountain height compared with the force balance analyses of Equations 

4.8.3 and 4.8.4. 
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Table 1. Properties of experimental fluidized bed media. 

 

 

 

 

 

 

 

 

 

 

 

 

 

Table 2. Minimum fluidization velocities found in literature for glass Geldart B and D particle 

classifications. 

a 
Mean particle diameter 

 

 

Property Small Particles Large Particles  

Notation G550 G750 

Geldart Group B D 

Number of Particles 100,000 50,000 

  [μm] 550 750 

  [kg    ] 2500 2500 

   [-] 1 1 

    [  s  ] 0.24 0.43 

  
    [-] 0.38 0.38 

         [Pa] 490 472 

Reference Bed Design Material 

Geldart 

Group 

   

[ kg    ] 

   

[μm]
a 

    

[  s  ] 
(Franka et al., 2007) Column 

Fluidized 

 

Glass B 2600 550 0.20 

(Rao et al., 2010) Column 

Fluidized 

 

Glass B 2500 550 0.25 

(Çeçen, 1994) Semi-

Cylindrical 

Spouted 

 

Glass B 2491 450 0.15 

 Glass D 2464 651 0.28 

(Agarwal et al., 2011a) 2-D 

Fluidized 

 

 

Glass B 2500 550 0.22 

 Glass D 2500 750 0.35 

(Laverman et al., 

2008) 

2-D 

Fluidized 

 

Glass B 2500 500 0.18 

Found in this study 2-D 

Fluidized & 

Spouted 

Glass B 2500 550 0.24 

 
Glass C 2500 750 0.43 



 Chapter 3 

56 

 

Chapter 3 

 

Transient Bed-to-Wall Heat Flux Measurements in Fluidized and 

Spouted Beds 

 

Abstract 

An experimental procedure is described to quantify the bed-to-wall heat transfer maps in 

spouted, fluidized, and fixed beds. The technique is based off an inverse heat conduction 

problem designed to overcome the spatial, time varying, and instrumental intrusive limitations 

often found in multiphase flow heat transfer measurements. Attention is paid to the data 

processing methods, the effects of added high emissivity wall paint, and the signal to noise ratio 

found in infrared thermography. The method is validated through a pseudo 2-D fluidized 

experimental bed, by varying the number of inlet jets, particle size, and flow regimes. The 

analysis exposed jet interaction, spout fountain heat flux profiles, and enlarged gas inlet thermal 

gradients for increased particulate size. The dominant source of heat transfer to the wall was 

found from the convection of the inlet gas and the downward transport of the solid particles. 

 

 

Submitted for review to the International Journal of Heat and Mass Transfer, June 2012 

Corresponding Author: Steven L. Brown 

Co-Author: Brian Y. Lattimer   



 Chapter 3 

57 

 

1. Introduction 

Fluidized and spouted beds are well acknowledged for their vigorous mixing in 

multiphase processing. The large interfacial area of solid particulates allows for intensive heat 

and mass transfer, promoting near isothermal conditions. These beds have wide spread 

application from catalytic pyrolysis (Bilbao et al., 1989) to gasification (Tsuji and Uemaki, 

1994), and chemical processing (Fayed and Otten, 1997). The current advancements in 

Computational Fluid Dynamic (CFD) models demand validation with quantifiable, accurate, and 

detailed experiments. 

Several heat transfer studies in both fluidized and spouted bed regimes can be found 

throughout literature. Yet, the vast majority of these studies use single point probes to quantify 

the heat transfer characteristics. Due to the ease of heat transfer measurements, thermocouples 

are commonly used in spouted (Klassen and Gishler, 1958), fluidized (Petrovic and Thodos, 

1968), and fixed beds (Pons et al., 1993). These measurements provide beneficial data but lack 

spatial variation, and are most often limited to providing an averaged heat transfer rate. 

The conditions inside a steady-state and perforated-plate bed can be considered nearly 

isothermal (Kunii and Levenspiel, 1991). In this instance it is sufficient to use a single point 

measurement, such as thermocouples, to sample temperature. However, this method is not 

adequate for measuring localized conditions under a transient state. Instead large fluidized beds 

typically use arrays of thermocouples which are distributed over the whole reactor (Werther, 

1999). A significant deviation in the local hydrodynamics would occur if this same measurement 

procedure was applied to small laboratory sized beds. 

Furthermore, varying hydrodynamic characteristics are found in the different regions 

within each flow regime. This makes the multiphase heat transfer a complex problem. To 

simplify this issue Kunii and Levenspiel (1991) broke-down the heat transfer analysis into two 

parts: gas-to-particle and bed-to-surface. In order to compute local convective bed-to-wall heat 

transfer coefficients  

           
                      ⁄  

 
(1.1) 

it is essential to know the instantaneous heat flux,    
  , distribution and time varying surface 

temperature,   , along the outer wall. Additionally, the knowledge of    
   is desirable when 

computing the near wall conductivity of the bulk region adjacent to the wall for CFD simulations 
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(Yusuf et al., 2012), as it can significantly differ from the true thermal conductivity of the 

fluidized material.  

Early studies by Malek and Lu (1964) have discretized the walls of two cylindrical 

spouted beds into five sections. Each section was fitted with thermocouples and a water cooled 

tight jacket to measure the rate of energy change at the wall. The technique was successfully 

implied in measuring    
   but was limited to steady-state bed conditions and a five region 

analysis. It was also noted that the size of the intrusive thermocouples considerably decreased the 

height of the spout and promoted spout swaying. 

More commonly, experimental heat transfer models in literature study the effects of the 

wall-to-bed heat flux through the use of a heated wall (Chatterjee et al., 1983; Yusuf et al., 

2012). These studies are often limited to a constant surface heat flux or temperature distribution. 

A transient measurement of the emulsion heat transfer was studied in Gloski et al. (1984) by 

applying an instantaneous electrical power dissipation to a thin foil heater. While these studies 

provide valuable information, they are restricted to bed temperatures operating below the wall 

temperature. 

Very few studies examine the time-wise variations of local heat flux measurements at 

elevated bed temperatures. Instantaneous readings have been made with heat flux gauges in 

fluidized beds. Saxena et al. (1989) gave a review of thermopile type gauges used to capture the 

temperature differences across a thin surface with known thermal properties to compute heat 

transfer coefficients. However, these gauges require protective sheaths as they are not abrasion 

resistant and give only a single localized heat flux rate. Another probe based off of the Gardon 

gauge (Gardon, 1960) was designed to measure heat flux in high temperature beds (Gosmeyer, 

1979). However, it was concluded that the gas-solids do not provide a uniform heat flux 

distribution over the surface of the gauge rendering inconsistent results. 

The aim of this study is to apply an innovative, but yet simple approach to measuring 

transient localized bed-to-wall heat flux distributions in fluidized, spouted, and fixed bed 

regimes. An energy balance is applied to a wall of a small scaled laboratory bed and is resolved 

as an inverse heat conduction problem (IHCP). Typically this type of analysis if found in 

convective heat transfer measurements. An extensive review of these thermo-fluid-dynamic 

studies can be found in Carlomagno and Cardone (2010). 
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The advantages of this approach are the measurement techniques are non-intrusive to the 

flow and are capable of capturing transient bed conditions. Moreover, the detailed localized data 

needed for the validation of CFD models, such as Discrete Particle Models (DPM), can be 

captured with respect to time. This study extends on the multiple jet hydrodynamic system 

previously characterized by Brown and Lattimer (2012). 

A description of the non-reacting bed setup and detailed explanation of the energy 

balance applied in the study is first given. This is followed by an experimental investigation to 

demonstrate the use of the proposed analysis. The same bed containing of a multiple slit jet 

system of Brown and Lattimer (2012) is used under hydrodynamic steady-state conditions of the 

multiphase flow. The heat transfer is then induced by the subjecting the inlet gas to a thermo-

transient response which then flows into the ambient temperature bed of particles. 

2. Experimental Setup 

Experiments were conducted in a pseudo-2D fluidized bed, shown in Figure 1, with 

cross-sectional dimensions of   = 56.4 mm,    = 4.95 mm and overall bed height,  , of 280 

mm. The base entailed of a stainless steel distributor plate with three evenly spaced selectable slit 

jets of 1.6 mm wide by the full depth of the bed. The outside of the plate was coated with a low 

thermal conductivity silicone rubber insulation to reduce thermal energy loss. The back and side 

walls consisted of Polymethyl-Methacrylate coated in paint to ensure surface flatness. The front 

wall was comprised of a thin, 152   , Stainless Steel 304 (SS 304) polished plate with material 

properties given in Table 1. The plate was secured in tension across to the front of the bed to 

provide a rigid surface and reduce any bowing effect produced by the mass of the fluidized 

particulates. A thin uniform coating of matt black paint was applied to the outer wall of the plate 

to provide a high surface emissivity. 

A schematic of the setup is given in Figure 2. Compressed air was used as the fluidization 

gas and was controlled by a pressure regulator and a 50 SLPM ALICAT (Model # MC-50SLPM-

D) mass flow controller with an accuracy of (  0.4% reading,   0.25% FS). The gas was first 

channeled through a plenum chamber and controlled by three rapidly responding solenoid valves 

providing the ability for various jet selections. The gas was then directed through inline mesh 

heaters each controlled by a variable autotransformer with a maximum capacity of 2.0 kVA. 
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Chromel-Alumel (Type K) bare bead thermocouples were located near the top of the 

distributor plate just below the gas inlet of each slot jet to measure in inlet gas temperature, 

       . Two thermocouples were positioned at a height of 174 mm upstream of the distributor 

plate in the freeboard region, while two additional thermocouples were also placed just above the 

maximum expanded bed height of each experimental test case. An additional thermocouple was 

positioned outside the bed near the front wall to measure the ambient temperature,         . A 

32 bit National Instrument cDAQ-9174 chassis was used with a NI-9123 card to record the 

thermocouple data at 10 Hz under a high-resolution mode providing a measurement sensitivity 

less than        . 

A FLIR SC655 Infrared (IR) camera, operating in the 7.5 - 13.0    range, was directly 

placed perpendicular to the painted stainless steel foil at font wall of the bed to capture local 

temperature distributions. The area surrounding the fluidized bed was enclosed in a black body 

box with an opening for the IR camera lens to prevent external radiation reflections. The 

sampling frequency of the IR camera was set at 200 Hz while the 24.5 mm lens provided a 

resolution of 640 x 120 pixels or about 510    per pixel. A calibration between the camera and 

the high emissivity paint was conducted prior to the experimental tests to ensure accurate 

measurements. Thermocouples were applied to the font wall of the bed and a thin filmed strip 

heater to the back. The surrounding sides of the plate were insulated with a ceramic fiber while 

the front side remained open to the atmosphere. Once the plate was heated to near steady-state 

and isothermal conditions, the difference between the thermocouples and IR camera 

measurements were used with the FLIR ExaminIR Max 1.30.0 software to compute the 

emissivity of the matt black paint. The temperature uncertainty was estimated at          in the 

range from 20 to 100   . The resulting surface emissivity of the painted plate was found as 

          . 

The top of the distributor plate was covered by a fine mesh screen and the bed was filled 

with glass particles. Two types of particles were used to explore the effects of particle size, 

fluidization regimes, and the number of slit jets used at the distributor plate. The particles were in 

the Geldart B and C classification with mean diameters,   , of 550    and 750    respectfully. 

The minimum fluidization velocity,        s   , for each particle type was previously found by 

Brown and Lattimer (2012) through applying a differential pressure drop analysis and are given 

in Table 2 along with their physical properties. 
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The experimental procedure started by first fluidizing the particles with ambient 

temperature air at over 3     and then incrementally dropping the superficial gas velocity. Once 

the desired inlet gas flowrate was reached, a period of five minutes was allowed for the gas-solid 

hydrodynamics to reach steady state conditions. Power was then supplied to the inline mesh 

heaters producing a transient inlet air temperature curve. Figure 3 shows a single jet inlet air 

temperature distribution with respect to time. It should be noted that the rate of change in the 

inlet gas temperature varies with the magnitude of the inlet gas velocity. The transient heating of 

the thin plate is then recorded with the IR camera for a duration of 60 seconds. 

3. Data Analysis 

An inverse heat conduction analysis was applied to the captured wall temperature profiles 

to compute localized bed-to-wall heat flux distributions produced by the multiphase flow. A two-

dimensional heat transfer model was developed based off of a control volume approach 

represented in Figure 4. Using conservation of energy, the rate of energy transferred form the 

fluidized bed to the wall,  ̇      , can be defined as: 

 ̇     ̇     ̇       ̇      ̇     
 

(3.1) 

where  ̇  ,  ̇    ,  ̇   , and  ̇    , is the rate of energy stored in the wall, lost through natural 

convection, lost through radiation, and distributed in the wall through conduction respectfully. 

The small thickness and high thermal conductivity of the thin plate provided a low Biot number, 

   < 0.1. Furthermore, the contact resistance between the plate and a single paint layer has been 

found negligible also due to a low Biot number (Mehryar, 2006). The temperature distribution 

was therefore presumed constant across the thickness of the plate,        , and paint. 

Additionally, the normal conduction through the z-direction of the plate and paint was neglected 

and only the lateral conduction in the x and y-directions was considered. 

The thermo-physical effects of the added paint can also be accounted for to reduce 

uncertainty in the heat transfer analysis. A single coat of acrylic (Nogueira et al., 2003) and matt 

black (Stafford et al., 2009) paint on stainless steel has been measured as 20    using Thermal 

Wave Interferometry (TWI) and as 21.81    utilizing a microscope respectfully. A paint 

thickness,       , of 20    was consequently chosen for this study, and the thermal-physical 

properties were taken from the findings of Raghu and Philip (2006) and are given in Table 1. 
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With the previous assumptions, Equation 3.1 can be redefined in terms of the heat flux 

produced at the wall: 

   
       

         
         

          
   

 
(3.2) 

where subscripts   ,   ,    ,     , and      denote to the bed-to-wall, stored energy, 

radiation, conduction, and natural convection respectfully. The rate of change of thermal energy 

stored within the wall was determined as: 

   
    (                     )

     

  
 (3.3) 

where           is the localized captured wall temperature distribution,    kg      is the density, 

      kg
       is the specific heat, and subscripts    and   respectfully denote to the SS 304 

plate and paint. Due to the relatively low temperature profiles examined in this study the material 

properties were assumed constant. The derivative of the temperature with respect to time was 

expressed as the temperature difference per unit time,     s   , 

     

  
  

     

  
  

    
      

   

  
 (3.4) 

The rate of radiation energy lost from the plate to the environment was defined by 

    
      (    

      
 ) (3.5) 

where   is the emissivity of the paint and              is the Stefan-Boltzmann constant. Heat 

is also lost from the plate to the surrounding air by natural convection. Most empirical 

correlations on natural convection are based on either uniform temperature or heat flux 

distributions (Churchill and Chu, 1975). These classical correlations for natural convection along 

a vertical plate cannot be used in non-uniform temperature distributions without a lack of 

accuracy. Few works in literature exist on non-isothermal natural convection. An attempt to 

produce a general series solution based on solving the continuity, momentum, and energy 

equations was made by Kuiken (1969) in which the wall surface temperature distribution was 

defined by: 

          ̅
       ̅

     ̅
         (3.6) 

where       is a defined temperature,  ̅ is the normalized length of the plate, and  ,    are 

constants. The study resulted in asymptotic solutions for small and large values of  ̅. This left a 

region were neither solutions could be properly applied. To address this issue Na (1977) applied 

a numerical approach based off of a finite difference method. The non-linear differential 
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equations were linearized using a Quasilinearization approach (Bellman and Kalaba, 1965). A 

solution was developed by solving in terms of the Nusselt Number,  

             ⁄  (3.7) 

where                is the heat transfer coefficient, and the Grashof number, 

               
     ⁄  (3.8) 

where      s    is the nominal acceleration of gravity, and       s    is kinematic viscosity of 

the ambient air. The energy lost from natural convection in this study was solved by fitting the 

instantaneous wall temperature distributions with Equation 3.6 and applying the numerical 

method of Na (1977). The volumetric thermal expansion coefficient,        , provides a 

measure of the degree of expansion based on the temperature change at a constant pressure,  . 

For an ideal gas,       ⁄ , the density depends on the absolute temperature of the fluid: 
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 (3.9) 

where      kg       is the specific gas constant. The absolute temperature can be defined from 

the mean temperature of the boundary layer over the surface of the plate, known as the film 

temperature:   

    (         )   ⁄  
(3.10

) 

The thermal dependent properties of the air can be expressed as a function of temperature and are 

given by Incropera and DeWitt (2002). The resulting rate of energy lost from natural convection 

is given as, 

     
        (         ) (3.11) 

The temperature gradient within the plate and paint will result in lateral conduction, 

     
  , and can be expressed in terms of Fourier’s law: 

     
     (           ) (

      

   
  

      

   
) (3.12) 

where              is the material thermal conductivity. The heat transfer between 

neighboring pixels can be approximated in Equation 3.12 using the first two terms of a Taylor 

series expansion and applying a finite-difference approach. The resulting lateral conduction term 

can then be further reduced knowing that the pixels represent a square mesh where       

     , 
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) (3.13) 

This discrete analysis is commonly used in place of the continuous two-dimensional 

Laplace operator in inverse heat conduction problems. However with low temporal gradients and 

short pixel spacing, this approach does not allows satisfy the requirements of stability, 

uniqueness, and existence (Ilyinsky et al., 1997). Any slight error or noise in the signal will be 

significantly amplified in the 5 point discrete Laplace operator. To reduce these uncertainties the 

noise in the temporal data must first be filtered. 

Several numerical techniques can be found in literature for filtering a 2D signal. Among 

the IHCP infrared thermography experiments, Colombo et al. (2008) has applied both a median 

and a Gaussian filter for reducing spatial and temporal noise. However, a Gaussian filter must be 

applied with caution as fine detail can be lost in the data due the ‘blurring’ nature of this filter. A 

Fourier Transform method has also been investigated (Ilyinsky et al., 1997) for removing high 

frequency noise components from the signal. A more recent study by Rainieri and Pagliarini 

(2002) has examined several numerical filters to try to overcome the uncertainties in the IHCP 

measurements. The use of two consecutive adaptive Wiener filters was highly suggested for 

recovering the first derivative and restoring the second derivative for the corrected Laplacian. 

This approach has been used in this study to reduce errors from the signal to noise ratio. 

Signal noise is also a product of the fluctuating temperature gradient produced by the 

transient multiphase flow of the fluidized bed. The high sampling frequency can result in large 

temporal noise due to this reason. This has been confirmed (Rainieri et al., 2008) in an infrared 

thermo-graphic system by varying the frame rate. It was concluded that the temporal noise can 

either be reduced by lowering the frame rate or averaging consecutive frames. In an attempt to 

further reduce noise in this study, the equated bed-to-wall heat flux was time averaged every 

second or 200 frames. Figure 5a illustrates the magnitude of neglecting any preprocessing data 

filtering prior to computing Equation 3.2 in a single jet fluidized bed. The large noise 

amplification through the discrete Laplacian operator is clearly seen, as only one generalized 

peak region exists. Applying both the Wiener filter analysis and time averaging, a distinct heat 

flux profile is identified in Figure 5b.  

In addition to increasing the signal to noise ratio, the thermal effects of the paint layer on 

the lateral conduction analysis must also be taken into consideration to reduce experimental 
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error. The importance of accounting for this added layer has been studied (Stafford et al., 2009) 

by impinging air onto a SS 304 plate. Their experiment was performed under steady-state 

conditions allowing for the time dependent energy stored term to be neglected. Thus, only the 

lateral conduction term was examined. Their study concluded that the effects of the added paint 

on the plate in high conductive heat flux profiles could be neglected. However, in low heat 

transfer regions up to 5.5% of the total heat flux applied to the thin plate was accounted for in 

lateral conduction term of the paint layer. These finding help show the importance of examining 

and accounting for the thermal effects in both the plate and added paint in IHCP. 

4. Uncertainty Analysis 

The uncertainty analysis was based off of measurement resolutions and various material 

properties. A list of each parameter,   , and the corresponding uncertainty value,    , are given 

in Table 3. The SS 304 material property uncertainty values were given by the supplier and the 

thermo-physical properties of paint were taken from Raghu and Philip (2006). A worst case 

approach based off a jitter, or Root Mean Square, analysis was employed (Moffat, 1988), 
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   )
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 (4.1) 

to compute the overall uncertainty in the bed-to-wall heat flux. A resulting maximum uncertainty 

of 10.5 % was estimated across all test cases.  

5. Variable Impact Discussion 

Initial results and discussion focus on the influence of the variables used in the inverse 

heat conduction problem by analyzing them with experimental data in fluidized and spouted 

beds. Figure 6 gives mean Prewitt high pass filtered PIV images, taken from Brown and Lattimer 

(2012) to illustrate the dynamics of an internal spout, multiple jet fluidized bed, and a single jet 

spouted bed. 

5.1 Heat Flux Terms 

It is important to quantify the impact of the paint layer, lateral conduction, radiation, 

convection, and energy stored in the thin-foil during multiphase flow transient experiments. The 

low temperature, < 400 K, profiles examined in this study resulted in a relatively low energy loss 

from radiation. Over all experiments performed the maximum percent of the total energy 

exchange from radiation remained well below 1%. The energy lost through natural convection 
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was much higher ranging up to a maximum of 23% in the total energy exchange of Equation 3.1. 

The dominant heat fluxes found in the analysis were the energy stored,    
   , and the lateral 

conduction,      
  . The major contributing factors found in each term are described in the 

following sections. 

5.1.1 Energy Stored 

The main source of heat flux found at the wall was in terms of the stored energy. The 

effects of applying a paint layer on    
   in IHCP has not received considerable attention in 

literature as many studies neglect    
   based on a steady state approach. The effects of neglecting 

any analysis involving the paint layer are shown in Figure 7, for a single jet in a fluidized regime. 

Here the highest bed-to-wall heat flux can be seen in Figure 7c at the axial center of the bed, 

located at the gas inlet. A mean percent error of 11% exists in this region when disregarding the 

paint layer. From this error less than half a percent is due to the paint in the conduction analysis. 

This leaves the energy stored as the major contributor to the deviation. This is largely due to the 

high volumetric capacity of the paint. From a computational point of Equation 3.3, the area heat 

capacity of the paint used accounts for 18.5% of the magnitude in    
  . 

For all jet combinations, particle sizes, and flow regimes tested the percent of the total 

energy exchanged from the paint layer through lateral conduction remained below 1%. However, 

the total energy stored in the paint layer ranged up to 17.5%. This finding clearly shows the 

importance of accounting for the paint layer in Equation 3.2. The maximum percent of the stored 

energy from the stainless steel plate to the total energy exchanged was up to 79%, making it the 

largest contributor in the energy analysis as expected. 

5.1.2 Lateral Conduction 

The effect of neglecting lateral conduction in both the plate and paint layer is also shown 

in Figure 7. The largest errors in neglecting conduction are found at lower bed heights near the 

gas inlet. This is attributed by two main reasons in the gas-solid hydrodynamics. The first being 

high gas void fractions,   , are found at the jet inlet (Brown and Lattimer, 2012). This causes the 

inlet air to convectively flow directly along the front wall of the bed, producing high rates of 

energy stored in the wall and large temperature gradients. These gradients directly affect the 

magnitude of the lateral conduction. Within the jet boundary, located at the center of the bed, a 

mean error of 40% is seen in Figure 7c when neglecting the lateral conduction,      
  . 
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The second reason for high heat flux measurements at the gas inlet is due to particulate 

dead zones. Gas void fractions equivalent to a packed bed were found in the dead zones (Brown 

and Lattimer, 2012). This significantly reduces the gas-to-particle convective heat transfer within 

these regions. A resulting high temperature gradient was found at the wall between the dead 

zones and the inlet gas channel. Again these areas of large temperature peaks directly result in 

lateral energy dissipation within the thin plate. A mean absolute error of nearly 230% can be 

observed in this region when not accounting for      
  . It should be noted that higher rates of 

conductive dissipation where found in the plate at lower gas flow rates between the spouting, 

fluidized, and fixed bed regimes. 

At a further height, h = 32.1 mm, into the fluidized bed the effects of ignoring      
   was 

generally found near the same order of magnitude of the neglected paint layer in the bulk, center 

region of the bed. This result can be attributed to the lower temperature gradient in the well 

mixed fluidized bed. At a bed height of h = 50 mm, an even smaller temperature gradient exists 

along the center of the bed. This is a direct result of the large surface area and high heat capacity 

of the particles causing the portion of the bed directly above the jet to act as a heat sink. With 

small temperature gradients in the center region of the bed, the dominant error in ignoring      
   

is found near the outer side walls. Here the downward particle entrainment surrounding the jet 

produces a thermal convective scoring action along the wall. This again increases the 

temperature gradient. Overall all, the highest percent of      
   found in the total energy 

exchanged was near 42%, and less than 1% for the stainless steel plate and paint layer, 

respectfully. 

These same lateral conduction effects can also be seen in a spouting bed. The various 

structures of a single jet spouting bed are show in Figure 8 through an instantaneous PIV images 

given by Brown and Lattimer (2012). The mean error from neglecting conduction over a time 

span of 60 seconds is shown in Figure 9. This full field view highlights the areas of the largest 

error found from disregarding the lateral conduction provided by Equation 3.13. A maximum 

mean error near 450% was found between the gas inlet and the dead zone regions. This was 

followed by the spout channel, annulus, and fountain core, all with errors well under 100%. The 

lowest deviations were observed from mid-way up the spout channel to the fountain base in the 

bulk region. 
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A similar finding from neglecting conduction terms was found when air was impinged 

onto a heat plate (Stafford et al., 2009). Errors up to 215% were observed when using a SS 304 

plate thickness of 41.3   . Another study investigated the thin-foil heat transfer technique in 

micro-scale air flows (Patil and Narayanan, 2005). Here the magnitude of      
   was based on an 

order of magnitude estimate for a 25.4    Inconel foil. The conduction heat flux rate was found 

to be on the same order of magnitude as the net heat flux entering the plate. 

These finding emphasize the importance of accounting for the lateral conduction term. It 

should also be noted for future experiments that it is possible to reduce the magnitude of this 

term by examining the variables of Equation 3.13. One way of achieving lower conduction 

would be to position the IR camera at a further distance from the plate. This would increase the 

distance between neighboring pixels, and thus reduce the magnitude of      
  . The same effect 

could also be achieved by spatially averaging n by n pixels. However, both approaches result in a 

reduction in the spatial resolution. Secondly, designing experiments with small lateral 

temperature gradients, such as in the well mixed bulk region of a fluidized bed, will have lower 

wall conduction effects. Thirdly, using a plate with a lower thermal conductivity or thickness 

would also significantly reduce      
  . However, the thermal conductivity must remain high 

enough in comparison to the thickness to assume a lump capacitance model, while the thickness 

remains suitable to support the dynamics of the multiphase flow. Lastly, the type of paint used 

and the method of application must be taken into consideration. If the paint grains are 

distinguished by the IR camera then the signal noise will further be amplified in the conduction 

term (Mehryar, 2006). 

6. Experimental Results and Discussion 

Results and discussion on applying the inverse heat conduction analysis to experimental 

data is given to validate the use of this model in spouted, fluidized, and fixed beds. A transient 

study and a comparison between a single and double jet system is given in the following 

sections. 

6.1 Transient Heat Transfer Distribution 

The time series analysis of a single jet spouting regime at 3    , in Figure 10, 

encompasses the transient heat transfer distribution between the spout channel, dead zones, 

annulus, and fountain regions. An instantaneous PIV image taken from Brown and Lattimer 
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(2012) is given Figure 8 to illustrate these various regions. At the start of the inlet gas 

temperature ramp the highest bed-to-wall heat flux is initially produced in the base of the spout 

channel at the onset of the thermal boundary layer. A significant portion of the gas is found to 

pass through the spout resulting in high gas void fractions (Brown and Lattimer, 2012). 

Combining the low gas residence time with the small total surface area of the particulates in the 

spout, a decrease in    
    is observed along the axial height of the spout.  

With a bed solid circulation rate of 46.8 g/s (Brown and Lattimer, 2012) there is a high 

particle velocity distribution in the spout with lower particle velocities found in the annulus. The 

higher heat capacity of the solids and lower particle velocities allows for an increased particle-to-

wall heat transfer distribution. The particles produce a convective scoring action which can 

decrease the film thickness along the wall of the bed. This is in agreement with the conclusion 

that the proportion of the total upward heat carried by the gas is insignificant in comparison to 

heat carried downwards by the solids (Epstein and Mathur, 1971). 

The particles carried upwards through the spout culminate to form a fountain. The 

fountain can be divided into two main sections. The first being the core which consists of the 

solid up-flow and the second region is defined as the periphery which entails of solid particle 

down-flow returning to the annulus. Often heat transfer models have neglected the fountain and 

only focused on the annulus and spout (Kmieć, 1980). However it is important to consider this 

region as it can contains a significant fraction of the total solid particles.  

The highest particle concentrations in the fountain can be found along the central axis of 

the fountain and gradually decrease radially toward the periphery (Brown and Lattimer, 2012). 

At a further time step, the fountain-to-wall heat transfer is observed.  

A higher heat flux is seen in the fountain core, in Figure 10, as the particles temporarily 

become stagnant due to the change in the vertical velocity direction. The spout channel gas then 

directly impinges on the suspended particle clusters before moving to the periphery. Here low 

heat flux measurements were captured along the wall of the periphery due to the increases gas 

void fraction until reaching the annulus. The lower average particle residence time in the 

fountain (Börner et al., 2011)  and the lower bulk solid fractions (Brown and Lattimer, 2012) can 

explain for the slower transient rate of    
   in the fountain as compared to the annulus. The 

overall transient wall heat flux analysis of Figure 10 suggests the main source of bed-to-wall heat 



 Chapter 3 

70 

 

transfer outside of the inlet spout channel to be through the convective downward transport of 

the particles. 

6.2 Flow Regimes  

The rate energy into the bed,  ̇     ̇         , varies between the spouting, fluidized, 

and fixed bed regimes. In order to compare the heat flux distributions between these systems, 

each instantaneous heat flux data set was individually normalized with respect to itself. A 

generalized bed heat flux distribution was then made by averaging the normalized profiles over a 

60 second time span. The resulting mean normalized bed-to-wall heat flux is defined as, 

       
  . Three vertically distributed wall regions, provided in Figure 11, were then examined. 

Region I covers axial center, Region II covers the mid-section, and Region III is defined at the 

outer-walls of the bed. 

6.2.1 Single Jet 

The        
   distribution in each of the three regimes is shown in Figure 12 for a single 

jet. The highest heat flux for each exists in Region I at the jet inlet. For the larger glass particles a 

greater heat flux can be seen in Region II. This is attributed to the increased spouting diameter 

produced by the larger diameter particles (Brown and Lattimer, 2012). At a further vertical 

distance to the annulus, a peak in the heat flux is clearly seen in the spouted bed, in Figure 12a, 

from the downward convective scoring transport of the particles. A second peak is then observed 

in the center region for the 550    particles at the fountain. A comparable peak is also found at 

an added height for the 750    particles. However this peak is more uniformly distributed over 

the width of the bed and results from two characteristics of the spouting dynamics. The first is 

the lack of in-bed stabilizers which lead to spout swaying effects (He et al., 1994). The second 

reason is due to the increased width of the fountain core and periphery (Brown and Lattimer, 

2012). Above the fountain a relatively small        
   value remains from the convective gas 

heating in the freeboard. 

A similar trend is also seen in the fluidized bed        
   distribution in Figure 12b. 

However, the wall heat flux above the internal spouting cavity is more uniform across the three 

regions. A slight increase in        
   is again observed in the wall region, Region III, where 

downward flowing particles entrain into the jet. The fixed bed or internal cavity, represented in 

Figure 12c also has a similar inlet heat flux map. The only difference is a larger heat flux is 
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observed in Regions II and III due to the increased internal spouting cavity diameter of the 750 

   particulates (Brown and Lattimer, 2012). 

6.2.2 Double Jets 

Implementing a second jet into the system provides an altered bed-to-wall heat flux map, 

shown in Figure 13. The two outer jets produced a highest heat flux in the mid-region, Region II, 

near the distributor plate. At a further height in the spouting regime, Figure 13a, jet merging in 

the center region, Region I, is captured. The dynamic sequence between spouting, particulate 

build-ups, and the eruption of solid particle clusters formed a mixture between a spouting and 

fluidized bed due to the merging of the two jets (Brown and Lattimer, 2012). A resulting near 

uniform heat flux is observed at the front wall due the highly turbulent fluidized nature of the 

bed. A small area of downward entraining particles remained near the outer wall, Region III, 

shown the        
   map of Figure 13a. 

Lowering the inlet gas velocities to 1.6     caused the double jet system to transition 

into the fluidized regime, seen in Figure 13b. The dead zone build-ups between the jets 

prevented the internal jet cavities from merging (Brown and Lattimer, 2012). Instead, the 

shedding bubbles of each jet merged into a larger bubble at the center of the bed, Region I. This 

bubble continued to rise through the particles before causing the surface of the bed to collapse 

while new bubbles were being formed. As a result, an increased        
   concentration was 

formed in Region I. A similar trend is seen in the fixed bed, shown in Figure 13c, but no sign of 

jet or bubble merging was present. 

7. Conclusion 

A non-intrusive bed-to-wall heat transfer technique was developed to capture localized 

heat flux and wall temperature distributions adjacent to a multiphase flow. The use of a lumped 

capacitance model and infrared camera allowed for transient experimental tests to be performed 

where the bed temperature was not limited by the outer wall temperature. Attention was paid to 

the data processing methods to improve the thermal image signal to noise ratio for evaluating the 

Laplacian. Experiments were performed to quantify the effects of lateral conduction and the 

added paint layer. It was concluded that neglecting the paint layer can lead to significant errors in 

inverse heat conduction problems, mainly through the stored energy term. 
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The capability of this method was applied to a pseudo 2-D bed to investigate bed-to-wall 

heat transfer characteristics under spouting, fluidized, and fixed bed regimes. Particle size and 

the number of jets implicated into the system were varied. The dominant source of heat transfer 

found at the wall was through the convective impinging action of the inlet gas and the downward 

transport of the solid particulates. Enlarged spout thermal-gradients were also captured at the 

inlet for increased particle diameter.  

The analysis exposed the interaction of multiple jets and bubble formations through the 

wall heat flux measurements. Heat transfer data was also captured at the parabolic fountain, 

showing the core region to contain the highest heat temporal gradients. This experimental study 

has shown the potential for applying inverse heat transfer analysis to fluidized beds for the 

validation of computational models. 
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Figures and Tables 

 

 

Figure 1: Schematic of the 2-D flat bottom rectangular column setup with dimensions in mm. 
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Figure 2: Diagram of the experimental setup. 
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Figure 3: Transient inlet air temperature ramp at 3     for a single jet with glass particles of    

= 550    

 

Figure 4: Differential control volume for the paint layer and stainless steel plate. 
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a) 

b)  

 
Figure 5: Normalized bed-to-wall heat flux data a) without filtration and b) with filtration for a 

single jet fluidized bed. 
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Figure 6: Mean Prewitt high pass filtered PIV images illustrating an a) internal spout, b) 

multiple jet fluidized bed, and c) a single jet spouting bed. 
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Figure 7: Effects of neglecting lateral conduction and the paint layer on Equation 3.2 in a single 

jet, G550, fluidized bed at 1.6     and t = 19 seconds. 
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Figure 8: Instantaneous PIV image illustrating the various regions in a spouted bed. 

 

Figure 9: Mean error in neglecting lateral conduction over a 60 second time span in a single jet, 

G550, spouted bed at 3    . 
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Figure 10: Transient time series bed-to-wall heat flux distributions of a single jet, G550, spouted 

bed at 3    . 

 

Figure 11: Heat Flux interrogation areas: center (1), mid (2), and outer-wall (3) regions. 
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Figure 12: Normalized bed-to-wall heat flux distributions for a single jet system over 60 

seconds. 
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Figure 13: Normalized bed-to-wall heat flux distributions for a double jet system over 60 

seconds. 
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Table 1: Material properties. 

 

 

 

 

 

 

 

Table 2: Properties of experimental fluidized bed media. 
 

 

 

 

 

 

 

 
 

 

 

 

Table 3: Instrument resolution and material uncertainties. 

 

 

 

 

 

 

 

 

Property SS 304 Paint Units 

Density  8000 1331 kg     

Thermal Conductivity  16.2 1.38          
Thickness 152 20    

Specific Heat 500 5184   kg      

Property Small Particles Large Particles  

Notation G550 G750 

Geldart Group B D 

Number of Particles 100,000 50,000 

  [μm] 550 750 

  [ kg    ] 2500 2500 

   [-] 1 1 

    [  s  ] 0.24 0.43 

       Units  

       518   kg      

    0.02 - 

     0.11          

     2.0    

      7.6    

     39 kg     

       0.1 K 

       0.2 K 
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Chapter 4 

 

Transient Gas-to-Particle Heat Transfer Measurements in Fluidized 

and Spouted Beds 

 

Abstract 

Heat transfer characteristics of fluidized particles were experimentally quantified through 

measuring emitted infrared radiation. The presented experimental technique was designed to 

overcome the spatial, time varying, and instrumental intrusive limitations often found in 

multiphase flow studies. A pseudo two-dimensional bed was investigated by supplying a thermo-

transient inlet gas temperature to fluidized, spouted, and fixed bed regimes. The highest rates of 

energy stored in the particles were found along the downward particulate entrainment zones 

surrounding the inlet gas channel. Gas-to-particle heat transfer coefficients in the spouted regime 

were computed per bed axial position. The resulting values found in the lower portion of the 

spout were in close comparison to the averaged gas-to-particle heat transfer coefficient empirical 

correlations found in literature. New findings are given on the high convective heat transfer 

coefficients in the spout fountain region, resulting from the highly turbulent nature of gas-solid 

mixing. 

 

 

Submitted for review to the Experimental Thermal and Fluid Science Journal, June 2012 

Corresponding Author: Steven L. Brown 

Co-Author: Brian Y. Lattimer 
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1. Introduction 

Fluidization is commonly used in industrial applications for its intense mixing 

capabilities and high rates of heat exchange in multiphase flow. The large surface area of 

fluidized particulates allows for near isothermal operating conditions between gas and solids. 

Scaling-up laboratory sized beds to industry sized applications has remained a challenge. To 

address this issue, Computational Fluid Dynamic (CFD) models are being developed to predict 

the characteristics of fluidized systems. The current advancements in CFD models demand 

validation with quantifiable, accurate, and detailed experiments. 

Fluidized, spouted, and fixed beds have different gas-solid dynamics and thus yield 

varied heat transfer characteristics. The successful designs of these fluidized systems rely on the 

characterization of the various flow regimes. Temperature distribution is an important parameter 

to classify. Heat transfer information exits in literature, but is scarce at the detailed particle level 

need for CFD validation, such as Discrete Particle Models (DPM).  

Past experimental studies have typically neglected intra-particle temperature gradients by 

assuming equal gas and particle temperature through a steady state analysis. This type of 

approach most often leads to an overall averaged bed heat transfer coefficient. By measuring the 

bulk properties of the bed, the spatial resolution of gas and particle heat transfer characteristics is 

lost. 

To remain non-intrusive to the gas-solid flow, Kmieć (1975) and Englart et al. (2009) 

have applied a water vapor analysis to cylindrical spouted beds containing conical bases. An 

overall heat transfer coefficient was quantified through the use of a log mean temperature 

difference across the steady-state spouted bed. As a result both studies resulted in empirical 

correlations to predict gas-to-particle heat transfer coefficients. These studies provide detailed 

information, but are limited to an average gas-to-particle heat transfer coefficient across the bed. 

To increase spatial variation of heat transfer measurements, thermocouples are commonly 

places inside the gas-solid flow. The difficulties associated with measuring relative solid and gas 

temperatures with thermocouples was reviewed by Baeyens and Goossens (1973). Intrusive 

thermocouples are anticipated to have convective and conductive heat transfer with the 

surrounding gas and solid flow. Yet, the use of in bed thermocouples is frequently found 

throughout literature. Malek and Lu (1964) applied bare bed thermocouples to measure air 
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temperature, and mesh covered thermocouples to measure the temperature difference somewhere 

between the gas and solids in a spouted bed. Petrovic and Thodos (1968) has also used a similar 

technique in a fluidized bed by imbedding a thermocouple within a sphere to compute particle 

surface temperature. The intrusive effects of thermocouples on the hydrodynamics were noted by 

Malek and Lu (1964) as it caused the spout to sway and decrease in height in their study. In 

addition, the resolution of the measurement technique was limited to the discrete number of 

thermocouples applied in the analysis.  

Numerical models have also been developed to help quantify the heat transfer 

characteristics. Kmieć (1980) defined a two zone thermal-model based on a spouted bed. The 

analysis only focused on the spout and annulus zones, while neglecting the fountain region. In a 

small scale laboratory bed the fountain region can consist of a significant amount of particulates 

(Brown and Lattimer, 2012a). In addition, the high gas-solid turbulence mixing found in a 

fountain is substantial to consider in convective heat transfer analysis. The knowledge of the 

particle temperature is also desirable when computing near wall particle conductivity of the bulk 

regions for CFD simulations (Yusuf et al., 2012). A recent experimental study by Hamzehei and 

Rahimzadeh (2009) was designed to validate a CFD heat transfer model of a fluidized bed. In 

their study, the CFD thermal-model was validated through gas temperature variations as particle 

temperature measurements were not available from the experimental study. 

The aim of this study is to apply an innovative, but yet simple approach to measuring 

particle temperature. An experimental pseudo two-dimensional bed was designed with a 

container wall made from an optical window having high transmission in the infrared radiation 

wavelength spectrum. As a result, the electromagnetic radiation of the fluidized particles can be 

directly measured to compute near wall particle temperatures. The advantage of this approach is 

the measurement is non-intrusive to the gas-solid flow. In addition, the method is not limited to 

steady-state conditions. Moreover, the detailed localized data needed for the validation of DPM 

can be captured with respect to time. This study extends upon the hydrodynamics of a multiple 

jet system previously characterized by Brown and Lattimer (2012a).  

A description of the non-reacting bed setup and detailed explanation of the measurement 

technique is first given. This is followed by an experimental investigation of a thermo-transient 

single jet spouted, fluidized, and fixed bed study. The hydrodynamics of the gas-solid mixing 

system is examined under steady-state conditions, while the inlet gas temperature is subjected to 
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a thermo-transient response. The heated inlet gas then flows into the ambient temperature 

particle bed to provide the time dependent heat transfer analysis. 

2. Experimental Setup 

The experiments were performed in a pseudo two-dimensional fluidized bed, shown in 

Figure 1, with cross-section dimensions of W = 56.4 mm,    = 4.95 mm and overall bed height, 

H, of 280 mm. The base entailed of a stainless steel distributor plate with three evenly selectable 

slit jets of 1.6 mm wide by the full depth of the bed. The outside of the plate was coated with a 

low thermal conductivity silicon rubber insulation to reduce thermal energy loss. The back and 

side walls consisted of Polymethyl-Methacrylate coated in paint to ensure surface flatness. The 

front wall comprised of a 12.7    thick sodium chloride,     , window. This window exhibits 

high transmission in the near infrared            , middle infrared         , and far 

infrared           wavelength bands, with good transmission in the visible light spectrum. 

A schematic of the setup is given in Figure 2. Compressed air was used as the fluidization 

gas and was controlled by a pressure regulator and a 50 SLPM ALICAT (Model # MC-50SLPM-

D) mass flow controller with an accuracy of (  0.4% reading,   0.25% FS). The gas was first 

channeled through a plenum chamber and controlled by three rapidly responding solenoid valves 

providing the ability for various jet selections. The gas was then directed through inline mesh 

heaters each controlled by a variable autotransformer with a maximum capacity of 2.0 kVA. 

Chromel-Alumel (Type K) bare bead thermocouples were located near the top of the 

distributor plate just below the gas inlet of each slot jet to measure in inlet gas temperature, 

         . Two thermocouples were positioned at a height of 174 mm upstream of the distributor 

plate in the freeboard region, while two additional thermocouples,           , were also placed 

just above the maximum expanded bed height of each experimental test case. A 32 bit National 

Instrument cDAQ-9174 chassis was used with a NI-9123 card to record the thermocouple data at 

10 Hz under a high-resolution mode providing a measurement sensitivity less than       . 

A FLIR SC655 Infrared (IR) camera, operating in the 7.5 - 13.0    range, was directly 

placed perpendicular to the sodium chloride window of the bed to capture local particle 

temperature distributions. The area surrounding the fluidized bed was enclosed in a black body 

box with an opening for the IR camera lens to prevent external radiation reflections. The 
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sampling frequency of the IR camera was set at 200 Hz while the 24.5 mm lens provided a 

resolution,          , of  640 x 120 pixels or about 1 pixel per particle. 

The top of the distributor plate was covered by a fine mesh screen and the bed was filled 

with glass particles. The particles pertained to the Geldart B classification with mean diameter, 

  , of 550   . The minimum fluidization velocity,        s   , was previously found by 

Brown and Lattimer (2012a) through applying a differential pressure drop analysis and is given 

in Table 1 along with the physical properties of the particles. 

3. Data Acquisition 

Knowledge of the basic principles of radiation is needed to understand infrared 

thermography, calibration techniques, and the experimental measurement procedure. Each is 

discussed in this section.  

3.1 Infrared Measurements 

Instantaneous particle temperatures were computed by measuring thermal radiation 

through infrared thermography. Radiation is emitted by any matter with at a nonzero 

temperature. The body with the greatest emissive power at a given temperature is known as an 

ideal radiator or a blackbody. The spectral intensity of a black body,            , can be 

determined by Planck’s law of radiation, 

          
  [          ⁄    ] 

 
(3.1) 

where the first and second radiation constants are                        ,    

                   ,       is the radiation wavelength, and       is the absolute temperature 

of the blackbody. However, the particles examined are not a blackbody and therefore emit only a 

fraction of the total radiation exhibited by a blackbody,          . The energy emitted relative 

to a black body is expressed as the dimensionless emissivity coefficient, defined as: 

          ⁄  
 

(3.2) 

In addition to the particle emissivity, the transmission factor,   , of the sodium chloride window 

will also limit the amount of electromagnetic radiation received by the IR Camera. Accounting 

for the above parameters, the incident spectral irradiance captured by the IR camera is defined in 

terms of Equation 3.1 as: 

         
   

  [          ⁄    ] 
 

(3.3) 
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Both the emissivity and transmission of a material can be directly measured. However, both 

parameters vary with wavelength and partially with temperature. Therefore, it is necessary to 

perform a calibration based on the experimental parameters instead of using manufacturer 

defined values. 

3.2 Emissivity and Transmission Calibration 

A calibration apparatus was designed by attaching a film heater to a copper plate coated 

in paint close to the ideal blackbody with low radiation reflection. Near uniform heating was 

achieved through the high thermal conductivity of the plate. The painted plate was covered with 

glass particles and multiple bare bead thermocouples were immersed in the particles. The sodium 

chloride window was positioned just above the particles. Natural convective heat loss and 

external radiation was reduced by encompassing the setup in a black body box with an opening 

for the IR camera. The camera was positioned the same distance from the      window as used 

in the experiments. First, the temperature of the particles were varied and then allowed to reach 

near isothermal conditions. The differences between the thermocouples and digital level of the 

IR camera readings were used to produce the calibration curve show shown in Figure 3. 

Confidence in the resulting calibration curve was found as the curve was in close comparison to 

a theoretical calibration defined from using the manufactures values for the NaCl transmission 

and particle emissivity. 

3.3 Measurement Procedure 

The experimental procedure started by first fluidizing the particles with ambient 

temperature air at over 3     and then incrementally dropping the superficial gas velocity. Once 

the desired inlet gas flowrate was reached, a period of five minutes was allowed for the gas-solid 

hydrodynamics to reach steady state conditions. Power was then supplied to the inline mesh 

heaters producing a transient inlet air temperature curve. Figure 4 shows the inlet air temperature 

ramp for a single jet in a spouted, fluidized, and fixed bed regime. It should be noted from Figure 

4 that the rate of change in the inlet gas temperature varied with the magnitude of the inlet gas 

velocity. The transient heating of the particles were then recorded with the IR camera for a 

duration of 60 seconds. 
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4. Data Analysis 

By conservation of energy, the rate of energy transferred from the gas to the bed, 

 ̇      , is equal to the rate of energy stored in the particles,  ̇     , if there is no energy lost. 

The inlet gas was assumed as an ideal gas and therefore has constant specific heat, 

     kg
      . A resulting thermal energy equation based on the rate of enthalpy flow through 

the bed is expressed as: 

 ̇    ̇     (             ) 
 

(4.1) 

where  ̇   kg s
    is the inlet gas flowrate and subscript   denote to the gas. The total change in 

energy stored in the particle bed due to intra-particle temperature changes is defined as: 

 ̇  ∑∑         (    )
   

  

   

   

   

   

 

 

(4.2) 

where subscript   denotes the particles,   kg      is the density,       
   is the volume of a 

pixel,    is the local gas void fraction,        is the measured particle temperature, and    s    is 

time. Typically, past studies have measured particle temperature with in bed thermocouples and 

gas temperature with mesh-screen covered thermocouples (Freitas and Freire, 2001; Malek and 

Lu, 1964). However, the aim of this study is to measure bed heat transfer characteristics without 

being intrusive to the gas-solid flow. Therefore, an equation was derived to compute the mean 

gas temperature per cross-sectional bed width,       . The derivation assumes no energy losses, 

the mass of the gas in negligible to the overall mass of the particles, and that the particles defined 

in an interrogation area is constant per captured instance (0.005 sec). By conservation of energy 

and the above defined assumptions, the rate of energy stored in the particles per unit cross-

sectional bed height is equal to the enthalpy change in the gas flow per the same change in 

height. An energy balance based on the gas-to-particle heat transfer,  ̇      , was defined by the 

discrete differential equation: 

 ̇   ∑          (    )
   

  

   

   

    ̇         

 

(4.3) 

The equated gas temperature distribution was applied to compute the overall gas-to-particle 

convective heat transfer coefficient per bed height as: 
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 ̇  

   (       )
 

 

(4.4) 

Significant heating of the particles in the dead-zones was not observed in the study. Therefore, 

only the surface area of the non-stagnant particles,       , was used in Equation 4.4. The 

particle temperature,         , was taken as the cross-sectional average and also neglected the 

temperature of the stagnant particles. The particle surface area per bed height was defined as: 

      ∑
  (     )   

  
   

    

   

 

 

(4.5) 

where      is the number of pixels per row containing non-stagnant particles, and    is the 

shape factor of the solid particulates. The local gas void fraction distribution and the defined 

dead-zone regions were taken from the Particle Image Velocimetry (PIV) study of Brown and 

Lattimer (2012a). A resulting gas-to-particle heat transfer coefficient is computed per bed height 

and unit time. To compare the ratio of the convective heat transfer to the conductive heat transfer 

coefficient, Equation 4.4 is also expressed in terms of the dimensionless Nusselt number: 

     
     

  
 

 

(4.6) 

where             is the thermal conductivity of the gas. 

5. Results and Discussion 

The experimental studies investigate the gas and particle heat transfer characteristics in a 

fluidized (1.6    ), spouted (3.0    ), and fixed (0.7    ) bed. Instantaneous gas void fraction 

distributions, taken from Brown and Lattimer (2012a), are given for the spouted and fluidized 

regime, in Figure 5, to illustrate the concentration of gas in the multiphase flow regimes. 

Transient particle temperature distributions, rates of energy stored in the particles, and gas-to-

particle heat transfer coefficient distributions are quantified and discussed in the following 

sections. 

5.1 Transient Temperature Distributions 

Time dependent particle temperature distributions are shown in Figures 6-8 for a single 

jet fixed, fluidized, and spouted bed respectfully. The dead zones are clearly identified in each 

figure as the low particle temperature regions surrounding the jet inlet. Low gas void fraction 
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found in the dead zones (Brown and Lattimer, 2012a) directly resulted in minimal convective 

gas-to-particle heat transfer in these regions. The small internal spout in the fixed bed of Figure 6 

shows the highest particle temperature at the top of the spouting cavity. Here the inlet gas 

directly impinges upon the stationary particles at the top of the cavity. The width of the internal 

jet expanded with height until reaching a maximum (Agarwal et al., 2011; Brown and Lattimer, 

2012a). The increased width and high gas void fraction at the top of the internal spout allowed 

for an increased turbulent mixing between the particles and gas. 

Figure 7 shows the time dependent particle temporal variations in the fluidized regime. 

The particle entrainment path of the fluidized bed is seen through the temporal maps as the 

particles move upward above the jet region and entrain downward in the moving zones 

surrounding the jet zone. The highest particle temperatures were recorded at the top surface of 

the bed. This was accredited to three main reasons with respect to the thermal-dynamics of the 

bed and to the measurement technique applied. The first reason is convective gas-to-particle heat 

transfer was induced at the top of the bed from the highly turbulent bubble eruptions. Secondly, 

the particles of the shallow bed have a low residence time,     s   , in the gas channel. As the 

contact time between the gas and a particle decreases, the intra-particle temperature gradient 

became significant. The validity of a lumped capacitance model on a single particle can be 

determined through the Biot number, 

           
   

 
(5.1.1) 

provided that the Fourier number,   , 

           
   

 
(5.1.2) 

is greater than the minimum value of 0.2 (Incropera and DeWitt, 2002), where              is 

the particle thermal conductivity,     
 s    is the thermal diffusivity of the particles, and 

            is the heat transfer coefficient. The resulting high particle surface temperature 

limits the gas-to-particle heat exchange rate. Lastly, a high bed-to-wall heat flux was reported by 

Brown and Lattimer (2012b) at the gas inlet. Energy is lost from both the gas and particles to the 

wall. The IR camera captures particles temperatures closest to the IR window. If energy is being 

lost at the wall, then higher temperature particles exist in the depth of the bed. With a bed depth 

of 9   , the particles in the internal region of the bed are not captured until being entrained near 

the      wall or into the open freeboard region. 
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These same effects are captured in Figure 8 for a spouting regime. Here the particle 

residence time in the spout is less than the fluidized bed. An even lower Fourier number exists 

and results in further increased intra-particle temperature gradients. The highest particle 

temperatures are not precisely at the base of the gas inlet but rather at an increased height into the 

spout channel. A slight decrease in particle temperature is observed with a further increase in bed 

height. The temperature continues to drop to a local minimum and then again increases until 

reaching the fountain core. 

The particles entrain from the fountain periphery to the top of the annulus, shown in the 

timeline temperature distribution of Figure 8. Only a small fraction of the gas entrains downward 

with the particles into the annulus (Brown and Lattimer, 2012a). A near uniform temperature 

distribution is seen in the annulus with decreasing bed height. The high particle residence time in 

the annulus allows for near uniformity between the temperature of the gas and the particulates. 

The observed heat transfer characteristics in the three main divided regions between the spout 

channel, fountain, and annulus are important to consider when processing heat sensitive 

materials. 

The gas temperature in the spout channel was computed from Equation 4.3. The resulting 

calculated outlet gas temperature above the fountain was compared to the two measured air 

outlet thermocouple readings,       . Over the 60 second test a maximum error of 4.5% existed 

between the computed outlet gas temperature and the experimentally measured        . The 

difference could be due to energy lost, the assumptions made in Equation 4.3, or that the two 

thermocouples used for        only measure temperature at two discrete points. To compare the 

gas and particle temperature distribution in the spouted regime per bed height, the instantaneous 

measured particle temperatures and computed gas temperatures are expressed in a non-

dimensional term: 

     
                  

   (       )                 
 

 

(5.1.3) 

A 60 second mean temporal distribution per bed height is given in Figure 9 for the air and 

particulates in the spouted study. The high rate of energy lost from the bed to the wall (Brown 

and Lattimer, 2012b), increasing spouting diameter (Brown and Lattimer, 2012a), and high solid 

circulation rate in the spouted bed produced an increase in the particle temperature just above the 
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gas inlet. The particle temperature distribution, of Figure 9, is then seen to gradually drop with 

increasing height into the bed. In addition to the previously discussed three-dimensional mixing 

effects, the decrease in particle temperature is attributed to two additional observations. The first 

is the annulus surrounding the spout channel act as a heat sink to the spouting gas. Energy is lost 

from spout as the gas flares into the annulus (Epstein and Mathur, 1971). The second reason 

comes from the continuous addition of lower temperature particles being feed to the spout 

channel from the annulus. With further height up the spouted bed, the mean particle temperature 

is found to increase again due to the high particle temperatures in the annulus.  

A global maximum in the particle temperature is observed at the top of the bed. Here the 

width of the spout channel decreases at the top of the annulus (Brown and Lattimer, 2012a). The 

denser bulk solid fraction, (        ), zone is associated with the solid entrainment of the 

annulus (Day et al., 1987). Additionally, hot particle are also present at the top of the annulus as 

they are entrained from the spout channel, to the fountain, and back to the top of the annulus. 

A local minimum in the spout particle temperature again occurs at the base of the 

fountain in Figure 9. As the particles move to the core of the fountain they temporarily become 

stagnant due to the change in the vertical velocity direction. The spout channel gas can then 

directly impinge on the suspended particle clusters. A resulting local maximum of particle 

temperature is observed at the fountain core and then lowers towards the top of the fountain.  

Gas temperature in the spout channel steadily decreased with bed height, shown in Figure 

9. The spouted bed effectively exchanges heat between the gas and the particle due to the high 

surface area of the particles present. In addition, the particles act as a heat sink to the inlet gas 

due to their relative high heat capacity. As a result the spouting gas follows the temperature of 

the particles.  The overall bed temperature in the spout channel has also been reported to 

decrease with height in an experimental study using a heated inlet gas source (Malek and Lu, 

1964). This again was confirmed in a more recent study using mesh covered thermocouples. 

Freitas and Freire (2001) concluded that the air temperature drops significantly with axial height 

in a bottom solid feed spouted bed. 

5.2 Energy Stored 

When processing heat sensitive materials in a fluidized or spouted bed it is important to 

know the regions with high and low rates of energy stored. These rates are given in terms of the 
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intra-particle temperature changes, expressed in Equation 4.2. Over the full bed, the mean error 

between Equation 4.2 and 4.1 was expressed as: 

       
 ̇     ̇ 

 ̇  

       

 

(5.2.1) 

Good agreement was found between the two equations with a mean error of 6.8%. The 

instantaneous energy stored in the particles of the fluidized regime, expressed through Equation 

4.2, is shown in Figure 10 over a time span of 2 to 5 seconds. Particle temperature fluctuations in 

the dead-zones are minimal and therefore did not have a significant impact on the energy stored 

term. The large surface area of the non-stagnant particles allows for increased heat exchange 

rates. Higher void fractions are present in the gas channel over the downward moving zones of 

the fluidized bed (Brown and Lattimer, 2012a). A resulting lower total surface area of the 

particles exists in the gas channel, making the moving zone the largest contributor to the energy 

stored term. Gas-to-particle heat transfer rates decrease with lower heights in the moving zones. 

The increased moving zone residence time and increased bulk solid fraction allowed for gas and 

particle temperatures to approach near unity. 

Increasing the inlet gas velocity to 3     lead to the spouting regime in Figure 11. The 

highest rates of energy stored in the particles near the      window were identified at the top of 

the annulus and along the spout-annulus border. The high bulk fraction of particles at the spout-

annulus border is directly heated by the hot inlet spouting gas. Typically the distance for the gas 

to travel is on the order of centimeters (Guo et al., 1996) to achieve thermal equilibrium with the 

solids in the annulus region. 

Turbulent mixing was induced by the fountain and resulted in increases particle heat 

transfer. Additionally, the gas directly impinges upon the temporarily stagnant particle clusters in 

the fountain core. Particles then follow the parabolic trajectory from the core to the periphery, 

returning to the surface level of the bed. Here the accumulated particles lead to high bulk solid 

fractions, and thus increased rates of energy stored. 

5.3 Gas-to-Particle Heat Transfer 

The spouted bed contains a spout channel where large quantities of gas directly flow 

through the bed. In some instances, portions of the gas may not come into particle contact. This 

can be a disadvantage in many applications, but can also be desirable in processes which require 
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high gas-to-particle exchange rates with low gas residence time. The heat transfer coefficient in 

the spouted bed per unit height was computed through Equation 4.4. It has been previously 

shown that the heat transfer coefficient has low independence on the inlet gas temperature 

(Malek and Lu, 1964; Prachayawarakorn et al., 2006). Furthermore, the bulk solid fraction 

distribution used in this study was based off the 10 second average finding of Brown and 

Lattimer (2012a).  As a result, the instantaneous calculations of Equation 4.4 were time averaged 

per one minute to show a generalized heat transfer coefficient distribution. 

5.3.1 Heat Transfer Coefficients 

The computed gas-to-particle heat transfer coefficients in the spout regime per bed height 

are shown in Figure 12. High heat transfer rates were achieved in the non-stagnant particulate 

zones due to the large surface area per unit mass of fluidized particles. The given heat transfer 

coefficients can seem rather small, as they are based on the large total particle surface area. A 

near steady heat transfer coefficient of 3 to 4         is observed in Figure 12 from the gas 

inlet to about half way up the spout channel. At a further axial position, an increase in     is 

observed from the enlarged heat flux rates in the annulus and the reducing temperature difference 

between the gas and particles. The heat transfer coefficient continues to increase with bed height, 

as particles continue to entrain from the annulus back into the spout channel.  

Above the spout opening at the top of the annulus, turbulent mixing occurs as the 

particles are propelled into the freeboard. The solids accumulate in the fountain with the highest 

bulk solid fraction found in the fountain core (Brown and Lattimer, 2012a). As previously 

discussed, the spout gas directly impinges upon the temporarily stagnant particle clusters in the 

fountain core. A high heat flux was observed and the temperature difference between the gas and 

solids became minimal. As a result the highest heat transfer coefficient was observed at the 

fountain core. A maximum heat transfer coefficient of 17.3         is shown Figure 12 at the 

fountain core. At a further increase in axial height,     drops towards the top of the fountain and 

returns to zero in the freeboard region past the height of the spouted particulates. 

5.3.2 Heat Transfer Correlations 

The heat transfer measurement technique presented in this study was non-intrusive and 

provided detailed heat transfer coefficients per spout axial position. In an attempt to compare this 

study with the average gas-to-particle empirical heat transfer coefficient correlations found in 
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literature, an integrated average difference in     of 9.0         and the lower spout region 

heat transfer coefficient of 3.2         was used. 

An early study on a slurry-sprayed spouted bed was performed by Romankow and 

Rashkovskaya (1968). Glass particles with diameters ranging from 2 to 5    were sprayed with 

a slurry layer and spouted with air. The drying rate of the particles was used with a log mean 

temperature difference between the dry and wet bulb thermocouples, located at the inlet and 

outlet of the bed, to evaluate the heat transfer coefficient.  Uemaki and Kugo (1968) used a 

similar approach in an 80    and 100    diameter column spouted bed. The drying rate of 

silica gel particles were spouted with air at 50  . A log mean temperature difference was also 

applied to evaluate the water vapor in the air and particles. Both studies gives empirical 

correlations but are based off of air-water terms which cannot be properly applied to this study. 

A more recent study used a continual through feed of paddy, soybean, and corn in a 600 

   wide pseudo 2-D spouted bed (Prachayawarakorn et al., 2006). The inlet gas was pre-heated 

in the range of 130 to 150  , and a log mean temperature difference was applied to compute 

separate overall heat transfer coefficient in the spout and the annulus region. The study resulted 

in a Nusselt number correlation for each region, but again was unsuitable for comparing to this 

study as a much higher Reynolds number, 

     
      

  
 

 

(5.3.1) 

was investigated in their study. Another study by Uemaki and Kugo (1967) also used a continual 

through feed of particle in a 92    cylindrical spouted bed. Particle diameters ranging from 1 to 

4    were spouted with inlet air at 70  . A log mean temperature difference was used to obtain 

heat transfer values range from 3.4 to 17        , and an empirical correlation was defined as: 

               
    (

 

   
) 

 

(5.3.2) 

where      s    is the minimum spouting velocity, the Reynolds number was defined at    , 

and    kg  
  s    in the Reynolds number is the gas dynamic viscosity. Applying Equation 

5.3.2 to the spouting study of Figure 12, a resulting average heat transfer coefficient of 1.95 

        is obtained. This value was found to under predict the heat transfer coefficients in this 
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study. A similar finding was also noted by Kmieć (1975), who performed similar experimental 

tests in a spouted bed. 

A column diameter of 90    with a conical base angle,      , ranging from 30 to 90  

was studied by Kmieć (1975). Silica gel and activated coal particles, with diameters between 

0.27 to 3.31   , were spouted with an inlet gas temperature of 50  . A log mean temperature 

difference was applied with wet and dry bulb thermocouples. A resulting dimensionless analysis, 

similar to Romankow and Rashkovskaya (1968), was derived but neglected the water vapor 

terms, and is defined as: 

             
                   (  

 

 
)
      

(
  

  
)

     

  
      

 

(5.3.3) 

Parameter,       ,  is the stagnant bed height,    is the Prandtl number, and    is Archimedes 

number: 

       
 (      )    

   
 

(5.3.4) 

The bed investigated in this study was flat bottomed without a conical base. If the conical base 

angle term of Equation 5.3.3 was neglected, a computed heat transfer coefficient of 2.3 

         is found. However the large stagnant area of the dead-zones act similar to a conical 

shaped bed. A dead zone angle,    , of 60.56  was defined from the PIV study of Brown and 

Lattimer (2012a). Applying this angle to Equation 5.3.3 a heat transfer coefficient of 3.5 

         is computed. The range of values found from accounting for and neglecting the 

conical angle in Equation 5.3.3 was in close agreement with the near inlet region heat transfer 

coefficients, of 3.2        , found in this study.  

The higher heat transfer coefficients in the fountain region of Figure 12 have not been 

reported in literature. Many experimental studies are based on an average steady-state value from 

a log mean temperature difference. Numerical thermal models have also been developed by 

Kmieć (1980) but neglect the fountain region and only focus on the spout and the annulus. The 

highly turbulent mixing between the spouting gas and particles provided an increased convective 

heat transfer coefficient in the fountain. In addition, spout swaying also occurs from the lack of 

commonly used in bed stabilizers (He et al., 1994). As a result, the fountain better represents a 

highly turbulent fluidized bed. It was been well noted in literature that fluidized beds have higher 

heat transfer coefficient than spouted bed (Chatterjee et al., 1983; Klassen and Gishler, 1958; 
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Malek and Lu, 1964) due to increased gas-particle residence times. In addition, shallower beds 

have also been found to have higher Nusselt numbers (Kmieć, 1975; Prachayawarakorn et al., 

2006). 

An empirical correlation for the maximum Nusselt number was given by Pillai (1976) in 

a shallow fluidized bed from immersing thermocouples into particle spheres. Based off the given 

correlation: 

            (
   

   
)
    

       

 

(5.3.5) 

a maximum Nusselt of 1.14 could result in a shallow fluidized bed under the spouting conditions 

given in this study; where         is the absolute bed temperature. Additionally, Molerus (1993) 

reported on a maximum gas convective Nusselt number for different solid particles (glass, 

quartz, bronze, and polystyrene) containing different thermal properties. For an Archimedes 

number of 800, smaller than the value investigated in this study, Molerus (1993) gave a value of 

      equal to 1.2. 

The two discussed maximum Nusselt number correlations are based off of bubbling 

fluidized beds and not a spouting regime, but go to help define an upper Nusselt number limit for 

the increased fountain heat transfer coefficients of Figure 12.The data found in this study should 

be applied with caution to the above empirical spouted bed correlations, as a two-dimensional 

flat bottomed spouted bed was investigated in comparison to the typical steady-state cylindrical 

column found in literature. 

6. Conclusion 

Gas-to-particle heat transfer characteristics were studied in pseudo two-dimensional 

fluidized, spouted, and fixed beds. A non-intrusive, high spatial resolution, and time varying 

experimental measurement technique was applied to capture detailed data need for Discrete 

Particle Model validations. The analysis was not limited to a single overall gas-to-particle heat 

transfer coefficient often found in a steady-state analysis. Instead, full field views of transient 

particle temperature distribution were successfully captured, along with distribution rates of 

energy stored in the particles. The highest rates of energy, resulting from intra-particle temporal 

changes, were found in the downward entrainment of particulates in the annulus zone 

surrounding the spout channel. A differential equation was derived to compute the cross-
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sectional average gas temperature per spouting bed height, and was applied to calculate gas-to-

particle heat transfer coefficients. The heat transfer coefficients found in the lower portion of the 

spouted bed were in were in close comparison to the empirical correlation of Kmieć (1975) when 

using the angle of the dead-zones to define the conical spouted bed angle. The infrared 

thermography measurement technique captured new gas-to-particle heat transfer data in the 

spouting fountain with increased spatial resolution. Here the highest convective heat transfer 

coefficients were found at the core of the fountain as a result of its highly turbulent mixing 

nature, and further due to periodic unstable spout swaying. 
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Figures and Tables 

 

 

 

Figure 1: Schematic of the 2-D flat bottom rectangular column setup with dimensions in mm.  
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Figure 2: Diagram of the experimental setup.  
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Figure 3: Infrared camera calibration curve for the coupled particle emissivity and transmission 

of the sodium chloride optical window. 

 

Figure 4: Transient inlet air temperature ramp for the spouted, fluidized, and fixed bed regimes. 
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Figure 5: Instantaneous void fraction data for the a) fluidized, and b) spouted regime. 

 

 

Figure 6: Instantaneous particle time line temperature distribution in a fixed bed with an internal 

spout at 0.7    . 
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Figure 7: Instantaneous particle time line temperature distribution in a fluidized bed at 1.6    . 

 

 

 

Figure 8: Instantaneous particle time line temperature distribution in a spouted bed at 3.0    . 
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Figure 9: 60 second time averaged dimensionless gas and particle temperature distribution in the 

spouted bed at 3.0    . 

 

 

Figure 10: Instantaneous rates of energy stored in the particles under a fluidized regime at 1.6 

   . 
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Figure 11: Instantaneous rates of energy stored in the particles under a spouted regime at 3.0 

   . 

 

Figure 12: 60 second time averaged gas-to-particle heat transfer coefficients per axial cross-

sectional height in a spouted regime at 3.0    . 



 Chapter 4 

113 

 

Table 1: Properties of experimental fluidized bed media. 

 

 

 

 

 

 

 

 

 

Property Particles 

Geldart Group B 

Number of Particles 100,000 

  [μm] 550 

  [ kg    ] 2500 

   [-] 1 

    [  s  ] 0.24 

   [  ] 49.75 

   [       ] 1.05 

     [   kg     ] 0.84 
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Chapter 5 

 

Conclusions and Recommendations 
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1. Conclusions 

The hydrodynamics and heat transfer characteristics of gas-solid fluidization were studied 

in a small scaled laboratory fluidized bed. The gas-solid dynamics of a multiple jet system were 

captured through three non-intrusive measurement techniques, viz. Particle Image Velocimetry 

(PIV), Digital Image Analysis (DIA), and pressure drop spectral analysis. The effects of inlet gas 

flowrate, Geldart B and D classified particle types, and multiple jet systems were investigated. 

The frequency analysis of the differential pressure signal resulted in the classification of 

four difference flow regimes: Fixed Bed, Internal Spout, Jet Fluidized, and Jet Spouting. 

Coupling PIV with DIA revealed that an increase in particulate size resulted in increasing jet 

diameters, solid circulation rates, and increased spouting fountain heights due to the enlarged 

momentum exchange rates. Contrary to the typical notion, gas void fractions found in the 

annulus of a spouted bed were found higher than a loosely packed bed. Additionally, the 

common assumption of implementing additional jets into a fluidized bed did not always directly 

pertain to a decrease in the total bed dead zones due to jet merging effects. 

A novel experimental procedure was introduced to quantifying transient bed-to-wall heat 

transfer characteristics of the multiple jet system. The technique used an Infrared (IR) camera 

and applied an Inverse Heat Conduction Problem (IHCP). The procedure was developed to 

overcome the spatial, time varying, and instrumental intrusive limitation often found in 

multiphase flow heat transfer experiments. Attention was paid to the amplified noise of the IR 

camera measurements through applying a discrete analysis to the two-dimensional Laplacian of 

Fourier’s law. The effects of added high emissivity paint in IHCP were found to significantly 

impact the rates of energy stored at the wall, while the impact on Fourier’s law was not 

substantial. The analysis exposed jet interaction, spout fountain heat flux profiles, and enlarged 

gas inlet thermal gradients for increased particle size. The dominant source of bed-to-wall heat 

transfer was found from the convection of the inlet gas and the downward entrainment of solid 

particles. 

An innovative, yet simple gas-to-particle heat transfer measurement techniques was also 

established. Infrared thermography was applied to capture near wall full field maps of transient 

particle temperature distributions in the 2-D fluidized bed. The highest rates of energy stored in 

the particles were identified along the downward particulate entrainment zones surrounding the 

inlet gas channel. A discrete differential equation was derived to compute the gas temperature in 
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a spouted bed. The high heat capacity of the solids caused the bed to act as a heat sink to the 

incoming heated inlet gas. As a result the temperature of the gas was forced to closely follow the 

temperature of the particles. Cross-sectional averaged gas-to-particle heat transfer coefficients 

were found per bed height. The resulting detailed data provided increased spatial resolution to 

the typical analysis for acquiring a single overall gas-to-bed heat transfer coefficient often found 

in literature. The heat transfer coefficients found in the lower portion of the spout were in close 

comparison to the empirical correlations given in literature. However, new findings were 

obtained on the fountain region of the spouted bed. The highly turbulent mixing nature of the gas 

and solids, along with the period swaying of an unstable spout resulted in enlarge heat transfer 

coefficients at the top of the bed and the fountain region. 

2. Recommendations 

Fluidization in slit jet rectangular beds are not well established in literature in comparison 

to the conventional axisymmetric columns typically studied. Considerable work still remains to 

quantify the behaviors of these systems. Recommendations for future work include: 

 

• Capturing of the three dimensional effects in a pseudo 2-D bed for the validation of 

Computational Fluid Dynamic models. 

• Tracking of the gas velocity and gas flow distributions throughout the experimental bed. 

• Quantifying the hydrodynamic and heat transfer effects of scaling up small scale 

laboratory sized beds. 

• Comparing wall frictional effects between a fully three-dimensional bed to a pseudo two-

dimensional fluidized bed. 

• Studying the changes in the gas-solid hydrodynamics and heat transfer characteristics in a 

spouted bed containing in-bed spout stabilizers to a bed lacking stabilizers. 

• Changing of the heat transfer boundary conditions between isothermal and constant heat 

flux distributions to compare with fully transient multiphase flow experiments. 

• Measuring multiphase flow hydrodynamics and heat transfer characteristics 

simultaneously. 

• Performing studies with pyrolysis in carbonaceous reacting beds. 
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• Examining segregation patterns of multi-dispersed particulates with various physical 

properties in fluidization. 
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Appendix A 

Additional Figures 

 

 

 

Figure 1: Three dimensional illustration of the pseudo 2-D experimental bed examined. 
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Figure 2: Image of the inlet gas distribution system used in the hydrodynamic experiments of 

Chapter 2. 
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