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(ABSTRACT) 

A stable biofilm of Penici/lium chrysogenum in a slab geometry was 

characterized with respect to penicillin production at various sugar and 

oxygen concentrations by studies using a novel bench scale bioreactor . 

The biofilm was submerged in aerated liquid media, mounted vertically in 

a tube and oriented so that the liquid media and sparged gas bubbles flow 

uniformly over the two slab faces . The conditions necessary for definite 

oxygen and sugar limitations were found by operating under various bulk 

nutrient concentrations. The periodic determination of total biofilm 

volume (rate of growth) and dry cell we;ght provided additional 

information . Definite oxygen mass transfer limitations were found to exist 

in the biofilm. These limitations could be overcome by increasing the 

oxygen supply rate to the biofilm. 
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I. INTRODUCTION 

While going through petri dishes in 1929 Authur Flemming noticed 

that on a certain bacteria covered plate, the area around a mold 

contaminant was growth free, i.e. a zone of inhibition. He realized that 

the mold was producing a substance that killed the bacteria and for this 

he won the Nobel prize and was knighted by the King of England. 

Fleming had found what is now known as penicillin, a member of the 

~-lactam antibiotic family. His organism, Penicillium notam, did not 

produce much antibiotic and for years nothing more was done in this 

field. With the advent of World War II, H. W. Florey and Norman G. 

Heatley realized the importance of antibiotics and convinced the U.S. 

government to start a priority one research and development program. 

By the end of the war, the new miracle drug was being produced by 

Penicillium chrysogenum in submerged batch fermentation. This 

remarkable acheivement has lead to the multimillion dollar antibiotic 

industry. 

The ~-lactam antibiotics have become so commercially important 

because they are effective 1n fighting bacterial infections. These 

antibiotics inhibit the cell-wall formation in prokaryotes, causing cell 

death. Since eukaryotes (i.e. humans) do not have a cell wall, they are 

insensitive to antibiotics, and hence, penicillin is one of the few nontoxic 

drugs. 

1 
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Commercial penicillin production has been the topic of intense 

research over the last 40 years, and its price has dropped to pennies a 

dose as a result of the knowledge gained. However, the production of 

few other antibiotics has been studied as intensively as penicillin, and the 

price per dose of these other drugs is sometimes prohibitively high. 

Efforts are continuously being made to increase the fermentation yield of 

these drugs, but work is hampered by a lack of fundamental knowledge of 

the organism's metabolic system. For this reason, techniques are often 

developed for the better understood penicillin producing organisms with 

the hope of being able to translate the findings to other systems. 

From the beginning, large scale batch fermentors have been the 

"work-horse" of the fermentation industry. Recently however, there has 

been interest in developing reactor configurations that would exploit the 

advantages common to other reactor geometries. One class of novel 

bioreactors has generated much interest--immobilized whole cell reactors. 

The immobilized whole cell reactor is best understood via comparison with 

a heterogen ious catalytic reactor. In the conventional catalytic reactor 

the catalyst is usually a pelleted transition metal, over which the 

reactants flow. By immobilizing the catalyst, it remains in the reactor to 

be used for many consecutive operations. This scheme allows for the 

maximum use of catalytic potential. In a fermentation system the 

inorganic catalyst is replaced by living microorganisms. Traditionally, 

this catalyst cell is freely-suspended in the reactant media and washes out 

with the effluent. Since it rs very difficult to recycle the cells, much of 

the catalyst is wasted in a continuous reactor operation. Hence, the 



immobilization of these cells as a biocatalyst should result in greater use 

of catalytic potential. 

The advantages of an immobilized whole cell reactor are four-fold 

(Wang, 1982). First of all, product purification is facilitated. Secondly, 

the immobilization allows for higher cell densities per unit volume of 

reactor. A third aspect is the greater productivities resulting from the 

decreased reactor volume needed for a specific production level. Mass 

transfer is improved due to the decreased fluid viscosity resulting from 

cell immobilization, and an increase in the maximum differential velocity 

allowed for the system. Immobilization allows for high cell densities in the 

absence of viscous non-Newtonian broths typical of the freely-suspended 

microbes (Anderson, 1983). 

One of the possible consequences of utilizing immobilized whole cells 

is marked reduction in overall production expenses over the standard 

batch fermentor. DeTilly et al. (1972) report that Swartz has calculated 

that product purification accounts for 21%, and utilities for 12% of the 

total manufacturing costs associated with batch penicillin production. 

Therefore, the decrease in purification or utility costs, brought about by 

implementing an immobilized cell system, would be significantly reflected 

in the product production costs. 

Historically, the development of new immobilized film bioreactors has 

followed the "build it and see what it can do" approach. The design of 

these novel reactor systems without proper consideration and knowledge 

of the biocatalyst diffusion-reaction properties (i.e. cell growth and 

product production) often leads to diffusion limitation of reaction rates or 
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other problems. This situation occurs due to a lack of good immobilization 

techniques. That is, ones in which there is enough information on the 

affects of immobilization on the cells to allow for proper design of the 

bioreactors. This information is lacking because of the wide variety of 

immobilization techniques available, most of which have not been studied 

extensively enough to make quantitative data is available for design 

purposes. If this data were available, accurate models for these systems 

could be developed and verified, and the above problems could be better 

eliminated by reactor design and operation. 

This project elaborates on procedures for obtaining the information 

required to verify mathematical models of an antibiotic producing biofilm 

in the absence of reactor considerations. Specifically, Penicillium 

chrysogenum was immobilized in a bench scale reactor as a rectangular 

slab. The mycellial growth characteristics of the organism were exploited 

by developing a self-adhesion microbial biofilm. The system was 

characterized as to biofilm growth and production as a function of oxygen 

transfer and media compositions. The reactor developed for this study 

was of a suitable configuration for further studies of mass transfer and 

the kinetics of a biofilm. 

In summary, the objectives of this research were to develop a method 

of immobilization of Penicillium chrysogenum, and to study reaction 

characteristics of the immobilized organism under conditions necessary for 

penicillin production. 



I I. LITERATURE REVIEW 

A. The Immobilization of Whole Cells 

A. l. Immobilization Methods 

Abbot (1977) proposes that the concept of immobilized microbial cells 

includes systems or techniques in which the physical confinement of the 

microorganisms allows for their economic reuse. This discussion includes 

adsorption and entrapment techniques as well as the film reactor systems 

in which immobilization results from the natural adhesion tendencies of the 

organism. This section will cover the application of these techniques to 

filamentous fungi and in particular, the immobilization of Penicillium 

chrysogenum. 

The methods used to immobilize whole cells are adaptations of those 

developed for enzyme immobilization . There are five common 

immobilization methods: adsorption, entrapment, coupling, biomass 

support particles, self-adherence (pellets) and surface film growth. 

A. 1. a. Immobilization of P. chrysogenum by Adsorption 

Chemical adsorption involves bonding the cell wall to a water insoluble 

support surface. Adsorption results from electrostatic interactions 

between the net negatively charged cell wall and the carrier material. 

This method produces a relatively mild immobilization while maintaining 

cell viability; however, desorption can be easily induced by changes in 

the environment. The strength of attachment depends on cell wall 

composition, charge and age; carrier surface area, charge and 

composition; and the pH and ionic strength of the media (Kolot, 1981a) . 

5 
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Kolot (1981 b) experimented with the adsorption of P. chrysogenum 

onto inorganic supports such as fritted glass, cordierite and zirconia 

ceramic. Both the highest biomass accumulation and the highest stability 

for long term operation were found with the zi rconia ceramic, even though 

this is a negatively charged material. Kolot (1981b) suggests that it is 

the interaction of the zirconium hydroxide and the amino groups at the 

cell surface that gives this method its high stability. 

A. 1. b. Irnmobi lization of P. chrysogenum by Entrapment 

Typically, cells entrapped in polymeric gels are shaped into beads 

which provide a sheltered environment in which the cell mass grows. By 

utilizing rigid gels, the entrapment method gives a definite size and shape 

to the system (Anderson & Blain, 1980). The gels chosen have pores 

smaller than the sizes of the microbial cells, therefore, the cells remain 

inside the gel, while nutrients diffuse in and products diffuse out. Inert 

gels provide the polymeric matrix materials used to entrap cells. 

While there are many possibilities for gel types, all gels have some 

limitations. Commonly used gels are agar, alginate, pectate, carrageenan 

and plastic. These gels are subject to disruption by phosphates. 

Acrylamide is the other commonly used gel. It is formed by free radical 

polymerization, and unfortunately, the unreacted components are toxic to 

the microorganism (Kolot, 1981a). 

Many researchers seem to favor the use of polyacrylamide, although 

the polymerization process can lead to denaturation and loss of cellular 

activity. The method involves the polymerization of an aqueous solution 
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of acrylamide monomers that has been inoculated with the test organism. 

The hardened gel is then formed into pellets. 

When the maintenance of cell viability is important, Ohlson et al 

(1980) recommends the use of calcium alginate. This method is mild and 

involves no heating or toxic reagents to form the gel. Basically, the cells 

are mixed into a sodium alginate solution and dripped into a calcium salt 

bath. Once in the bath, polymerization is spontaneous and spherical 

pellets impregnated with cells are formed. 

Morikawa et al (1979) have experimented with the immobiliaztion of P. 

chrysogenum in both of the aforementioned gels and determined the 

production of penicillin G as a percentage of that found in washed 

mycelium . Their results showed that mycelium immobilized in 

polyacrylamide gel had a relative activity of 15% whereas the relative 

activity of calcuim alginate entrapped cells was 45%. Unfortunately, the 

gel prepared from the calcium alginate became fragile in the presence of 

phosphate ion and therefore, it could not be used repeatedly. While the 

activity of the cells entrapped in polyacrylamide was lower than that of 

the washed mycelium, the immobilized preparation was more stable with 

respect to repeated use. That is, alginate immobilized cells produced 

penicillin at a higher rate over a 7-day period than the free cells under 

the same conditions. 

A. 1. c. Immobilization of P. chrysogenum by Coupling 

Another immobilization method is coupling, which involves the 

formation of a covalent bond between the reactive groups on the cell 
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surface and the support. Typically, the support surface is covered with 

a coupling agent such as isocyanate, amino silane, gluteraldehyde or 

carbodiimide which provides either hydroxyl, carboxylic groups, or amino 

groups for the cell wall to react with. Once again however, toxicity of 

the coupling agent to the cell is a problem . If cellular activity is 

required, special care must be taken not to inactivate the organism 

(Kolot, 1981a). 

Morikawa et al (1979) also tried immobilizing P. chrysogenum in 

collagen membrane by tanning the gel with glutaraldehyde solution. Once 

again, they determined the penicillin G production as a percentage of that 

found in washed mycelium and found only trace activity for this system. 

Morikawa et al (1979) proposed that the low activity resulted from the 

inactivation of the mycelium by the tanning reagent, glutaraldehyde. 

A.1.d. Immobilization of P. chrysogenum in Biomass Support 

Particles 

Instead of entrapping the cells in a gel, Atkinson (1979) proposes to 

allow the cells to grow in 6mm spheres formed from compressed stainless 

steel mesh. If a very high particle porosity (80°0) is achieved, mycelium 

from pre-germinated spores can develop within the particle by natural 

adhesion. Ideally, cells which overgrow the support are broken off by 

fluid flow actions, yet the inner areas are in a safe low shear 

environment. Atkinson found that when fungi are immobilized, a region 

of high shear was needed to successfully abrade the excess and that 

strong hypochlorite bleach was necessary to clean the particles for reuse. 
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Gbewonyo & Wang (1981) reported on the use of highly porous celite 

beads as a biomass support particle for P. chrysogenum. The beads were 

impregnated by capillary suction of an aqueous spore suspension into the 

bead pores. When these beads were placed in production media, the 

spores germinated and the hyphae grew th rough the pore matrix. High 

cell densities of up to 60 g/I were reported for this method. Gbewonyo & 

Wang also found that although these cells were grown in batch culture, it 

was possible to maintain normal specific oxygen uptake rates of the cells 

attached to the beads. 

A. 1. e. Immobilization by Adherence and Surf ace Film Growth 

Self-adhesion of microorganisms to each other or to a solid support is 

an exceptionally mild method of immobilizing microbes. The former activity 

is called pellet formation and is a naturally occuring event for fungal 

organisms in submerged liquid culture. Pellet formation provides a 

convenient method of immobilizing the biomass in the reactor, and many 

reactor configurations have been developed to exploit the potential of the 

fungal pellet. 

If a solid surface is present, the hyphae, through an unknown 

mechanism (Anderson & Blain, 1980), can attach the fungus to the 

surface, thereby creating a biofilm. This naturally occuring event is 

responsible for the microbial fouling found in many industrial processes. 

Two possible attachment methods are by the penetration of hyphae into 

porous or open surfaces and by the secretion of adhesive extracellular 

polysaccharides. The affinity between the fungi and adjacent surfaces 
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(organic or inorganic) is strong enough for the fungi to resist removal by 

fluid flow (Corpe, 1980). 

A. 2. Biofilm Reactors 

Biofilm development has led to the design of novel reactors for the 

characterization and utilization of these microbial films. As Table 2. 1 

demontrates, Anderson ( 1980) has found that tower fermenters, column 

reactors and rotating film reactors are popular systems for this type of 

experimental work. 

Many of the novel reactor systems involve the fluidization of either 

the mycelial pellets, the impregnated gel bead, or the inoculated biomass 

support particle in a three phase fluidized bed. Sparged air (or oxygen) 

provides both nutrients and reactor agitation. However, fluidization is 

difficult since the beads often have a density approximately equal that of 

water. This low density difference creates an upper limit on reactor 

throughput and thus limits system design (Wang, 1982). By using some 

of the heavier support particles and weighted beads, the density 

difference is increased and higher throughputs are possible. One 

example of the fluidization systems is the tower fermenter. In this type 

of reactor, poor vertical mixing allows for colony sedimentation and 

therefore, biomass retention is achieved even during media throughput 

(Anderson & Blain, 1980). 

An alternative to fluidization is the use of packed bed/column 

reactors. The major problem with these systems is that a nutrient 

gradient can develop along the reactor length. Media depletion results in 



11 

Table 2.1. Reactor systems investigated for use 
with microbial films, as cited by Anderson (1983). 

Organism Support/Reactor 

IMMOBILIZATION GELS 

ADSORPTION 
Aspergillus wentii 
A. oryzae ECTEOLA-cellulose 
Penicillium 

roqueforti 
P. chrysogenum Glass, cordieri te, 

ENTRAPMENT 
Cu/vu/aria lunata 

Mortiere//a vinacea 

P. chrysogenum 

A. niger 

C. lunata 

A. niger 
Rhizopus nigricans 

zirconia coated 
ceramics 

Polyacrylamide gel 

Polyacrylamide gel 

Alginate, collagen, 
polyacrylamide 

Collagen 

Alginate, 
polyacrylamide 

Calcium alginate 
Agar, alginate, 

polyacrylamide 

MYCELLIAL PELLET IMMOBILIZATION 

Mortierella vinacea 

Absidia sp. 
Aspergil/us sp. 
A. oryzae 
A . niger 

Multicompartment 
tank 

Column reactor 
Column reactor 
Column reactor 
Tower fermenter 

ROTATING FILM REACTORS 

Cenotrichum film 

A. niger & 
R. Arrhizus 

A. niger 

Lasiodiplodia 
theobromae 

A. niger 

Phanerochaete 
chrysporium 

Inclined rotating 
tube 

Rotating disk 

Rotating disk 

Rotating disk 

Rotating horizontal 
element reactor 

Rotating biological 
contactor 

Experimenter 

Johnson & 
Ciegler (1969) 

Kolot (1981a) 

Mosbach & Larsson 
(1970) 

Thananunkul et al 
(1976) 

Morikawa et al 
(1979) 

Venkatasubrarnanian 
& Vieth (1979) 

Ohlson et al (1980) 

Linko (1981) 
Maddox et al (1981) 

Suzuki et al (1969) 
Shimizu & Kaga (1972) 

Suzuki et al (1969) 
Karube et al (1977) 
Hirano et al (1977) 
Cocker (1980) 

Tomlinson 
& Snaddon (1966) 

Blain et al (1980) 

Anderson et al 
(1980) & (1981) 

Anderson & Blain 
(1980) 

Abotsi (1980) 
Blain et al (1981) 

Kirk, Chang (1981) 
Eaton et al (1982) 
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pH and substrate gradients that, in plug flow conditions, can not be 

eliminated by varying the feed condition. 

Microbes entrapped in polymeric gels can be utilized in fluidized 

bed, packed bed and packed column reactors. (Morikawa et al, 1982; 

Cheetham et al, 1979; Biffaud & Engasser, 1979; Leudeking, 1967). The 

major problems with these reactor configurations are that the organisms 

appear to grow best in gels that are mechanically weak, and thus they 

often compact and deform when either fluidized or packed (Morikawa et al, 

1979). Also, cell growth tends to fracture the beads, and there is no easy 

way to remove nonperforming units (Wang, 1982). 

Rotating biological film reactors entail the self-adhesion of a 

microbial film on a series of partially submerged discs which rotate and 

alternately expose the films to nutrient solution and air. Film thicknesses 

of up to 10 mm thick have developed with A. niger systems. At this 

thickness, the interdisk spaces became blocked and periodic mechanical 

stripping of the biomass was required. The residual mycelium, which 

remained entrapped on the disc surface, was enough to initiate regrowth 

of the biofilm. Although these reactors have been applied to product 

fermentations, their primary application has been to waste treatment. 

The advantages of this system are the ability to resist shock loadings 

(sudden changes in stream composition), short retention times, low power 

requirements, ability to replace nonperforming units, and simple 

construction and operation (Anderson & Blain, 1980). 
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A. 3. Mass Tran sf er Considerations in a Biofi lrn 

The major problem with all biological films is the possible existence of 

an inactive layer of cell mass. That is, cells further into the microbial 

film suffer from a lack of nutrients due to diffusional resistances to mass 

transfer. Tomlinson & Snaddon (1966) have determined that the thickness 

of the outer "active" layer for fungal films is on the order of 2 - 5 mm 

thick, whereas for bacterial films, 0.1 - 0.3 mm appears to be "normal". 

Factors which influence the depth to which oxygen and substrates 

penetrate into the fungal mat are pellet texture (hyphal packing density) 

and the level of agitation and turbulence in the system. 

The degree to which oxygen and substrate can pass to the innermost 

zone will determine the level of viability of the cells in that layer . Blain 

et al (1979) has found that at least partial viability is retained by the 

inner mycelium. It is this v iability which keeps the fungal systems from 

sloughing as frequently as the much thinner bc.cterial films. With 

bacterial films, sloughing occurs due to nutrient exhaustion and hence the 

creation of an anaerobic inner zone . Gas production by these cells and 

the overall loss of viability results in film detachment. 
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B. Penicillin Biosynthesis 

Introduction 

Current penicillin yields from submerged fermentations are still an 

order of magnitude below the theoretical limit, and much research is 

underway to increase the understanding of the biosynthetic pathways and 

regulation phenomena that exist in P. chrysogenum (Cooney, 1979). Only 

by understanding the molecular route of penicillin synthesis can 

biotechnologists hope to overcome nature's regulatory systems and 

approach the theoretical penicillin production rate under industrial 

conditions. This discussion will examine the biosynthetic pathways 

involved in penicillin production by P. chrysogenum on the type of 

mutants necessary to maximize product yield. 

B. 1. Primary and Secondary Metaboli srn 

Metabolic pathways can be classified according to how essential their 

end products are for microbial cell growth . According to Bu' Lock ( 1961), 

secondary metabolism involves the conversion of growth-essential 

metabolites into "nonessential" metabolites (e.g. ~-lactam antibiotics, 

toxins, pigments and alkaloids), whereas primary metabolism is concerned 

with the formation of the essential compounds. While primary metabolites 

are basically the same for all organisms and rarely accumulate in the cell 

due to finely tuned metabolic regulation, secondary metabolites vary 

widely according to organism, and they often accumulate exogenously. 
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As nonessential compounds, secondary metabolites will not be 

produced when the cell has excess substrate and energy, or, in other 

words, not during rapid growth phase (trophophase). The term "idiolite" 

is applied to secondary metabolites since their production in a batch 

fermentation occurs during a specific production phase (idiophase) that 

probably does not correspond to the rapid growth phase. It is not until 

the cells have left the trophophase that they appear to develop antibiotic 

production capabilities (Demain, 1974). 

B . 2. Regulating Factors in Penicillin Biosynthetic Pathways 

Primary metabolic pathways often contain branches which lead to the 

formation of secondary metabolites. Due to the nonessential nature of 

secondary metabolites, their enzymatic specificity is not strict, and entire 

families of compounds may be produced by a single organism. This loose 

enzymatic control also results in "unnatural" intermediates that could be 

toxic to the organism if high endogenous concentrations accumulate 

(Demain, 1972). In response to this potential danger, elaborate regulation 

mechanisms have evolved to protect the cell. According to Demain ( 1974), 

key control methods for secondary metabolite production are: 

1. Trophophase-idiophase relationship 

2 . Feedback regulation 

3. Carbon catabolite regulation 

4 . Nitrogen catabolite regulation 

5. Phosphate regulation 
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The understanding of these control methods is the major key towards 

increasing product yields and reactor productivity, and hence much 

research has been done in this area. 

Penicillin formation is considered to be controlled by trophophase-

idiophase relationships, carbon catabolite regulation,and feedback 

regulation (Demain, 1972). Therefore, only these control methods and 

how they relate to the biosynthetic pathway shown in Figure 2.1 will be 

discussed further. The structure of the natural penicillins are shown in 

Figure 2.2 . 

B.2.a. Trophophase-Idiophase Relationship 

While a sharp distinction between trophophase and idiophase is 

justified for a large number of bacteria, the distinction is not as 

pronounced with the filamentous fungi (Drew & Wallis, 1983). Drew and 

Wallis (1983) point out that the dry cell weight of fungi often continues to 

increase even after the nucleic acid concentration becomes constant. 

Therefore, defining secondary metabolism as a function of growth in terms 

of dry cell weight may show secondary metabolite production occuring in 

the growth phase, while its definition as a function of nucleic acid 

concentration may show the same production occuring independent of the 

growth rate. 

During periods of rapid growth on glucose, penicill in production is 

suppressed by repression of the enzymes of secondary metabolism (Drew 

& Wallis 1983). Pi rt and Righelato (1967) experimented with a glucose 

limited chemostat. Their results (Table 2.2) indicate that the 



a -KEIDGLUI'ARATE 

HCMOCITRATE 
SYNTHETASE 

HCMJCITRATE 

cis-ln-J(l)NITATE 

i 
HCM)!SOCITRATE 

~ 
a-KETOADIPATE 

~ 
L- a-AMI 

o -ADENYL- a -AMIOO 
l\DIPATE 

! 
a -AMINO- o -ADIPYL-

SEMIAI.DEHYDE 

+ SAC'CHAROPINE 

L-LYSINE 

~ 
H 

~ 
(/) 

~ 
w 

I 

EXTRACELLULAR PYRINA'l'E 
METHIONINE 

ACE'IDHYDROXY ACID 
PERMEASE SYNTHETASE 

METHIONINE ~ 
a- ETOIACTATE 

i i a - l-DIHYDROXY-S -ADENOSYL METHIONINE 

~ ISOVAIERATE 
S -ADENOSYL HQM)CYSTEINE 

Cl-1ISOVALERATE .i 
H()M)CYSTE 

~ l 
LEUCINE 

L-VALINE 

o - (L- a -AMINJADIPYL} -L-CYSTEINYL-D-VALINE 

* ISOPENICILLIN N 

ADP ATP 
PHENACE'TYL-CoA ,.- '- "' PIIENYLACETIC ACID 

CoASH 
ct-AAA + CoASH 

BENZYLPENICILLIN 

Figure 2.1. Metal:::olic pathways involved in penicillin biosynthesis by Penicillium chrysogenum. 

I-' 
-..J 



18 

Penicillin Molecule Penicillin name 

Side-chain (R-CO-) 

Composition 

Hexanoic acid 
e,A-Hexanoic acid 
Phenylacetic acid 
Octanoic acid 
Phenoxyacetic acid 
p-Hydroxyphenyl-

acetic acid 
Butyric acid 
Valerie acid 

e-Lactam 
ring 

Chemical 

n-Arnylpenicillin 
~ 2 -Pentenylpenicillin 
Benzylpenicillin 
n-Heptylpenicillin 
Phenoxyrnethylpenicillin 
p-Hydroxybenzylpenicillin 

n-Propylpenicillin 
n-Butylpenicillin 

Thiazolidine 
ring 

I ~ s/ 
I H I '\. + R - CO NH - CH c C ( CH 3 ), 

I 

I 
I 

Side- I 
chain 

- HN -

r I I co N CH - COOH 

6-Arninopenicillanic 
acid 

s/ 
( L) H / ·x" 
CH - C, / \ C (CH 3 ~ I A CD) I 
CO ~ N ~ CH ~ COOH 
/' 

L-Cysteine D-Valine 

Common 

Dihydro F 
F 

Basic 

G 
K 
v 
x 

Structure of 
Penicillin 

Precursors to 
S-lactam & 
Thiasolidine 
Rings 

Figure 2. 2. Tte structure of natural penicillins (Denain, 19741. 
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Table 2.2. Penicillin production rate at various specific 

growth rates (Pirt & Righelato, 1967) 

glucose level 

maintenance only 

excess of 
maintenance 

limited 

high growth 

specific growth 
rate (hr- 1 ) 

< 0.009 

0.009-0.014 

0.014-0.086 

> 0.086 

specific rate of 
penicillin production 

zero; total decay of 
penicillin synthetase 

increasing; inhibition 
of penicillin 
synthetase decay 

constant; active 
penicillin synthetase 

zero; inhibition of 
penicillin synthetase 
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trophophase to idiophase transition is not merely the decline in the growth 

rate, triggering product formation. Instead, they found the simultaneous 

occurence of the two phases. That is, a supply of carbon and energy 

substrate is required to stabilize the "penicillin synthetase" complex and 

to prevent its decay at a rate inversely proportional to the original 

growth rate. In a batch fermentation, this means that the highest 

penicillin production rate wiil occur when rapid initial growth is followed 

by slow idiophase growth. Ryu & Hopsodka (1980) also tested penicillin 

production by P. chrysogenum in a glucose-limited chemostat and found 

that maximum specific penicillin production was achieved at a specific 

growth rate of 0.015 hr- 1 • Their results tend to verify those of Pirt & 

Righelato (1967). 

The above data suggests that penicillin production occurs when the 

specific growth rate is low enough for secondary metabolite expression yet 

high enough for secondary metabolism maintenance (Drew & Wallis 1983). 

Furthermore, apparently the other changes that accompany the drop in 

the growth rate in batch cultures trigger the onset of penicillin 

production (Pi rt & Righelato, 1967). However, the complete mechanism 

that initiates secondary metabolite formation is unknown. Demain (1971) 

proposed the existance of an internal inducer which accumulates at high 

cell densities and/or rapid sugar utilization, causing catabolite regulation 

and production inhibition. In either case, at the end of the trophophase 

distinct changes in the cellular enzymatic composition occur, and enzymes 

specificially associated with secondary metabolite production become 

active. 
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B. 2. b. Feedback Regulation in Secondary Metabolism 

Feedback regulation is suggested when a pathway end product 

controls the synthesis or activity of one or more of the enzymes involved 

in its biosynthesis. Feedback regulation can affect the supply of the 

primary metabolite precursors necessary for secondary metabolite 

biosynthesis, by either affecting the precursor biosynthesis (linear 

pathway feedback) or by affecting the "flow" of the precursor th rough a 

common branched pathway for other uses. When excess synthesis of the 

end product is desired, the regulatory step can sometimes be overcome. 

With a linear pathway, alteration of the enzyme or the enzyme-forming 

mechanism can be achieved by isolating mutants resistant to the growth 

inhibiting analog of the desired product. For branched pathways, 

methods which decrease the concentration of the other end products will 

achieve the desired results (Demain, 1974). 

Penicillin synthesis involves three amino acids: valine, lysine and 

cysteine. Of the three, only lysine exerts a purely regulatory affect 

whereas the others are incorporated into the penicillin molecule . In 1959, 

Arstein proposed the tripeptide theory of penicillin biosynthesis in which 

penicillin was considered a noncyclic tripeptide containing residues of L-

o:-aminoadipate, cysteine, and valine (Demain, 1974) (see Figure 2.2). 

Goulden and Chattaway (1968) furthered this theory by showing that the 

penicillin precursors are L-o:-aminoadipate, cysteine, and valine, which 

are converted to the tripeptide L-(o:-aminoadipyl)-L-cysteinyl-D-valine, 

before being converted into penicillin. 
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The regulation of a biosynthetic pathway by its own end product is 

known as linear pathway feedback. Penici/lium chrysogenum demonstrates 

this mechanism during valine production. Goulden and Chattaway (1968) 

showed that valine regulates its own synthesis by controlling the activity 

of the first enzyme of its pathway, acetohydroxy acid synthetase. 

Therefore, when the valine pathway is deregulated, precursor supply for 

antibiotic production increases. Deregulation can occur by using a 

mutant that is less sensitive to valine regulation or a mutant that 

produces a larger acetohydroxy acid synthetase supply. However, the 

addition of valine, even to starved mycelium, does not increase the rate of 

penicillin formation in the presence of lactose and the penicillin G 

precursor, phenylacetate (Demain, 1974). 

Feedback regulation of a branched pathway occurs when the end 

product of one fork regulates the action of the entire pathway. One such 

branched pathway is the branch at L-cx-aminoadipate to either lysine or 

penicillin synthesis (Figure 2.2). Lysine has been shown to regulate the 

activity of homocitrate synthetase, the first enzyme of this pathway, via a 

feedback mechanism (Drew & Demain, 1977). This regulation thus 

controls the concentration of L-cx-aminoadipate, a component of the 

penicillin tripeptide. That is, lysine directly inhibits homocitrate 

production, thus limiting the formation of L-cx-aminoadipate, and 

restricting the amount of lysine or penicillin synthesized (Masurekar & 

Demain, 1972). An auxotrophic mutation in the primary branch (blocking 
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lysine production) would shunt more precursors to secondary metabolite 

biosynthesis. Hence, selection of a mutant that is lysine deregulated will 

allow for greater activity of the penicillin pathway (Demain, 1971) . 

The amino acid cysteine provides the sulfur atom component of the 

penicillin molecule. The cysteine can be obtained either via the sulfate 

reduction pathway or via the reverse transulfuration of methionine to 

cysteine. The reverse transsulfuration pathway involves a feedback 

mechanism which controls the flow of sulfur to the penicillin pathway. 

This is not a problem for industrial strains of P. chrysogenum due to the 

evolution of an efficient sulfate anabolism. These mutants can store 

sulfated intermediates and have relaxed control mechanisms for regulating 

inorganic sulfur uptake and transfer to cysteine (Lemeke & Brannon, 

1972). For these organisms, sulfur is not a limiting nutrient in penicillin 

biosynthesis . 

Feedback inhibition can also occur due to a buildup of secondary 

metabolite. Gordee & Day (1972) found a reversible inhibition of penicillin 

on its own biosynthesis . First they showed the incorporation of tagged 

precursors into the penicillin molecules, and then added isotope tagged 

penicillin to an active, penicillin producing fermentation. A later assay of 

the broth showed no decomposition products. Thus, even though the 

penicillin is not degraded, high concentrations of penicillin in the broth 

will inhibit penicillin production. 
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B . 2 . c. Cataboli te Regulation of Penicillin Biosynthesi s 

Catabolite regulation is the process wherein the breakdown products 

of a particular substrate regulate the metabolic activity of the organism. 

For penicillin-producing organisms, carbon catabolite regulation is 

prevalent. The addition of a readily· metabolized substrate (e.g. 

fructose, glucose, maltose) to the medium encourages rapid cell growth 

but suppresses penicillin production. When this nutrient source rs 

depleted or strictly limited, the cell cannot maintain itself in a high 

growth phase and enters the idiophase. The addition of slowly utilized 

sugars (e.g. lactose, sucrose) or a limiting glucose suppply (i.e. no 

rapid growth) will also encourage the idiophase transition . Thus, it 

appears that the rate of substrate utilization not the chemical identity of 

the substrate controls secondary metabolite production (Drew & Wallis, 

1983). 

B. 3. Genetic Control of Secondary Metabolism 

In his discussion of penicillin biosynthesis , Malik (1982) points out 

that knowledge of the genetic control of secondary metabolism is 

fragmentary at best. He proposes that certain plasmid DNA sequences 

participate in the genetic control of secondary metabolism since they 

normally code for other secondary functions, such as sporulation. Due to 

a lack of experimentation in the area, knowledge of the type of 

transcriptional and translational apparatus existing in cells capable of 

secondary metalolite production is also limited. Malik suggests that two 
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types of transcriptional apparatus may exist simultaneously. One would 

transcribe "log phase" genes; while the other would transcribe the genes 

specific for secondary metabolism. 

antibiotics, many attempts have 

overproducing strains by g~netic 

results have been unencouraging. 

B. 4. Concluding Comments 

Due to the economic importance of 

been made to create antibiotic-

recombination. So far though, the 

The general outline of the biosynthetic pathways of penicillin 

production is known, but the enzymology of the reactions involved 

remains largely a mystery. One of the major problems has been the 

difficulty of purifying the enzymes of secondary metabolism. This may 

result in part because secondary metabolism is often at its peak activity 

when the overall cellular metabolism is slowing down (Malik, 1982). This 

fact compounds the difficulty in developing a sound hypothesis regarding 

the regulation of secondary metabolism. 

Understanding secondary metabolism regulation appears to depend 

upon knowledge of trophophase/idiophase kinetics. Further insight into 

this area will allow fermentation scientists to develop optimized processes 

and thus more closely approach the theoretical yield of penicillin by 

Penicillium chrysogenum. 



III. MATERIALS AND METHODS 

A. Microorganism 

The fungi Penici/lium chrysogenum (ATCC 28089) was maintained on 

10 ml Malt Extract Agar slants . The slants were inoculated with a spore 

suspension made from the inoculation media detailed in Table 3.1. 

Inoculated slants were incubated for 72-96 hrs at 30 C to allow spore 

production and then stored at 4 ''C. 

B. Fungal Biofi lm 

Biofilms are formed by inoculating a sterile support structure with a 

spore suspension made from a stored slant and 20 ml of the inoculation 

media (a detailed inoculation procedure is described in Appendix A). The 

system is grown in a quiescent liquid environment and a fungal mat forms 

which entirely covered the support. A mature biofilm system (a slab) was 

inserted into the reactor system where it continued to grow on one of the 

production media also described in ,Table 3.1 (a detailed reactor start-up 

and operation procedure is described in Appendix B). 

The support structure consisted of a rectangular support surface 

(2.5 x 6 cm) attached by a "staple" to a wire "G" shaped frame (see 

Figure 3 . 1). The support surface was either fiberglass fabric or inert 

polymeric gel coated, loose weave, stainless steel mesh. Experimentation 

involved the polymeric gels (agar, alginate and k-carrageenan) and both 

loose and tight weave fiberglass fabric. The gel solutions were prepared 

on a dry powder mass (DCM) per total liquid volume basis (w/v0o). The 

26 
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Table 3.1 . Standard medium recipes 

Inoculation 1 Complex 1 Defined2 

Medium Production Production 
Medium Medium 

Corn-steep Liquor 20 ml/t 14.7 ml/t 14 . 7ml/t 3 

Glucose 25 g/t 
Lactose 38.5 g/t 10.0 g/t 
(NH ) so 10.0 

4 2 4 
KH PO 1. 5 0.5 7.5 

2 4 
CaCl 2 . 0 

2 
Ca CO 2.0 6.2 

3 
NaNO 1. 5 2.5 

3 
Na S 0 .10 H 0 1. 0 

2 2 3 2 
Na SO 0.7 

2 4 
Mg SO . 7 H 0 0.25 0 . 25 0.18 

4 2 
Fe SO . 7 H 0 0.05 

4 2 
Mn SO .4 H 0 0 . 05 

4 2 
Zn SO . 7 H 0 0.04 0 . 008 

4 2 
Cu SO 0.005 

4 

Phenoxyacetic acid 2.0 2.0 

pH adjusted to: 6.2 
Peanut Oi 1 4 10 ml/£ 10 ml/t 

1 From Smith & Calam (1980). 
2 Based on Synthetic Medium A of Hosler & Johnson (1953). 
3 Filtered Corn Steep Liquor 
4 Added for Foam Control 
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Figure 3 .1. Supp::>rt system schematic. 
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concentrations tested were 3 w/v% malt extract agar, 2 w/v% calcium 

alginate, 4 w/v% Type I k-carrageenan (rigid), and 4 w/v96 Type 11 k-

ca rrageenan ( flexable). 

C. Shake Flasks 

The inoculation culture was developed by adding 2 ml of spore 

suspension to 25 ml of sterile inoculation media in a 250 ml shake flask. 

This starter flask was incubated for 4 days at 30GC and 200 RPM to allow 

for the formation of hyphal pellets. One ml of mature inoculum was then 

added to 25 ml of sterile complex production media in 250 ml shake flasks. 

The inoculated production flasks were also incubated at 30" C and 200 

RPM. The flasks were assayed regularly for penicillin production. A 

series of shake flasks were inoculated concurrently. A growth curve was 

established by sacrificing one of these flask at regular intervals and 

determining the total dry cell mass in each. 

D. Media 

This project involved the use of four variations of the production 

media detailed in Table 3. 1: the complex production media of Smith and 

Cal am ( 1980); the same complex media with double strength filtered corn 

steep liquor (CSL); the defined production media of addition of 14. 7 ml/I 

of filtered CSL. 

To obtain any penicillin production, the addition of 2 g/I of the 

penicillin precursor, phenoxyacetic acid, was necessary for all runs. 

Also, any media that involved CSL required the use of sterile peanut oil 
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for foam control. The peanut oil forms large beads at the liquid surface 

during reactor start-up, thus demonstrating the fluid flow patterns 

present in the reactor. Being a fatty acid, the peanut oil is metabolized 

and more antifoam must be added after a week of reactor operation . 

The complex production media of Smith and Calam (1980) includes 

CSL (14. 7 ml/I), calcium carbonate and lactose . Hence, the liquid is 

colored and experience particulate settling. However, nutrient utilization 

by the organsim resulted in the ability to see the sparger and fabric 

surface after 2 - 3 days and a completely transparent broth after 4 - 5 

days of reactor operation. The replacement of the CSL with double 

strength filtered CSL still resulted in particulate settling, but the liquid 

was more transparent during the early part of the reactor run. 

Defined Production Media of Hosler and Johnson (1953) did not foam, 

and being clear, facilitated observation. The addition of filtered (CSL) to 

this media resulted in a virtually transparent liquid at reactor start-up . 

E. Penicillin Assay 

Preliminary penicillin concentrations were determined via an agar 

diffusion test with Staphylococcus aureus (A TTC 12600) as the test 

organism grown on Mueller-Hinton Agar plates and sodium penicillin G as 

the standard (Ingram et al., 1953). One quarter inch adsorbant cotton 

pads were used as part of the assay procedure described in Appendix C. 

The points on the calibration curve in Figure 3. 2 represent an average of 

four zone readings for each concentration level . The total length of each 

error bar is equivalent to two standard deviations. The expression 
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describing the relationship between zone size and concentration is given 

by: 

0.13 z 
C = 1.07 e 

where: C concentration, U/ml 

z = zone diameter, mm 

Due to the exponential nature of this expression, samples were diluted so 

that the penicillin concentration was in the 0 - 100 U/ml range. Plates 

were read 20 hrs after assay start and each sample was tested with 3 

assay dis ks. These precautions were necessary to minimize the variations 

in sample preparation and reading. 

F. Slab Biofilm Growth Rates 

Slab growth rates were determined by terminating experiments at 

various times. Slab volume was determined by water displacement in a 100 

ml graduated cylinder .. Approximate slab thickness was determined by 

mutiple caliper m~asurements, but these proved very inconsistant. Total 

reactor dry cell weight was obtained by drying all of the cell mass present 

in the reactor for 24-48 hours at 170cC. 

G. Reactor Design and Operation 

A reactor vessel was designed subject to several considerations. An 

appropriate reactor had to be transparent, small and easy to operate. 

The reactor had to be operated aseptically and therefore had to fit into an 

autoclave sterilizer and under a positive flow sterile hood. Since complete 

mixing was desired, a cylinderical vessel was chosen. The reactor was 

made from ten inches of 38 mm OD pyrex tubing (Figure 3.3). Aeration 
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Figure 3.3 Reactor Configuration. 
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and agitation were provided by gas (either air or pure oxygen) flowing 

through a fritted glass sparger in the reactor bottom, at a flow rate high 

enough to prevent liquid back-flow th rough the sparger, yet low enough 

so that there was no heavy froth at the liquid surface. Any foam that 

was formed was allowed to decay in a free drop between the reactor body 

and the exit gas filter (see detailed reactor schematic Fig. B.1). This 

filter material was chosen to minimize back pressure effects in the reactor 

chamber. The effects of gas humidification are counteracted by using a 

manually operated, gravity flow reservoir of sterile distilled water to keep 

the reactor liquid level constant. 

Since the optimum temperature for maximum penicillin growth (30''C) 

is different than that for high penicillin synthesis rates (20 °C)' a 

compromise was necessary (Bailey, 1977). Following industry's lead, the 

reactors were kept at a temperature of 24 to 25 °C by controlling the 

tamperature in the laboratory (Bailey, 1977). 

The reactors were operated according to a standard procedure 

detailed in Appendix B. The reactor media was aerated with either air or 

oxygen at either 180 ml/min or 280 ml/min flow rates. The pH of the 

system was controlled only by the buffering capacity of the media. Fluid 

samples (0.5 - 1 ml) were withdrawn at 24 hr intervals and assayed for 

penicillin concentration according to the procedure detailed in Appendix 

C. There was no pretreatment of the sample prior to assay or storage at 

4°C . The periodic samples of the reactor media were stored for possible 

future analysis of the media composition. 



IV. RESULTS AND DISCUSSION 

The object of this research was to develop a method of cellular 

immobilization for Penicillium chrysogenum, and to study growth and 

penicillin production characteristics of the immobilized organism. 

In order to minimize the influence of reactor configuration, a novel 

bioreactor was developed in which a relatively uniform biofilm in a 

rectangular (slab) geometry is submerged in sparged air/liquid media. 

This scheme eliminates the density gradient problem common to fluidized 

systems and the problem of bead compression found in packed reactors. 

Also, this bioreactor can be considered a complete backmix reactor 

without plug flow induced pH and substrate gradients. Theoretically, one 

can also remove individual slabs that become damaged or old without 

disturbing the reactor, and by utilizing a stationary slab, problems of 

film detachment are eliminated. 

A. Comparison of Immobilization Techniques 

The purpose of this study was to explore various immobilization 

techniques for the creation of a Penicillium chrysogenum biofilm and to 

ultimately choose a single technique for further study. Following the lead 

of other researchers, the initial immobilization experiments tested slab 

systems that consisted of a gel impregnated with fungal spores, incubated 

to allow initial growth, and then tested in the bioreactor. Subsequent 
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experiments similarily tested direct growth on a fabric support, with no 

gel used. Details concerning the techniques for producing the inoculated 

biofilms are given in Appendix A. 

A. 1. Malt Extract Agar Imrnobi lization 

After a four day incubation period of the agar impregnated wire 

mesh, in a quiescent environment (petri dish), growth was evident 

throughout the 1 cm depth of the 3 w/v9o agar, but it appeared sparce and 

randomly distributed over the surface of the slab. When this gel slab was 

placed in a filled reactor vessel, it was found that within a few hours of 

reactor start-up, fluid motion loosened agar particles. These particles 

adhered to the submerged reactor walls and thus provided nucleation sites 

for cell attachment. No free cell matter was noticed under microscopic 

observation at 100x. The slab thickness did not visibly decrease either. 

This immobilization technique appeared to foster cell growth 

everywhere but on the slab . By the third day of reactor operation, 

growth was prevalent on the sparger, support frame, and the reactor 

bottom and walls. However, even after five days of batch operation, 

growth was limited to only the gel side of the slab that had been exposed 

to the air while in the inoculation dish. The colonies that had been 

present after the incubation period (i.e. time zero in the reactor) had 

became slightly larger, but no new ones developed. Total cell mass in the 

reactor was never enough to produce a detectable penicillin concentration. 
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A.2. Calcium Alginate Immobilization 

Stainless steel mesh coated with 2 w/v% alginate gel became rigid 

after soaking in 0.10 M CaClz for 15 minutes. The spore inoculated gel, 

supported rapid cell growth when incubated in inoculation media. When 

placed in the reactor, the gel did not dissolve in the media, and the slab 

retained its cell mass. Although the amount of cell mass on the outer slab 

surface increased during the first two days, after 4 days of reactor 

operation not enough cell mass was formed to produce more than trace 

levels of penicillin. 

A. 3. Carrageenan Immobilization 

Carrageenan is a gelatin derived from Irish Moss. In the presence 

of excess cations (potassium, calcium, and sodium), kappa-carrageenan 

(Type I) forms rigid gels, while iota-carrageenan (Type 11) forms flexible 

gels. The dry powders for both types of gels are difficult to dissolve, 

though once in solution, Type I and Type 11 gel covered supports set 

after 10 min in 2% KCI solution. Neither gel dissolved in the reactor 

media. 

Inoculated 4 w/v9o Type I and 11 gels, maturing in the inoculation 

dish, supported growth at a much slower rate than that found with either 

the agar or calcium alginate system . After 3 days in the inoculation dish, 

only a few colonies had appeared on the gel surface. Since the alg inate 

system supported a higher growth rate in the inoculation plate , did not 

dissolve in the reactor liquid, and was easier to work with, the 

carrageenan system was abandoned. 
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A. 4. Fabric Supported Biofilrn 

The fabric-support system was inoculated with a spore suspension 

and incubated in a sealed petri dish until "mature". During this 

maturation time, the biofilm experienced changes in color. The initial 

fungal colonies, clearly visible after about 60 hours, were a uniform tan 

color. As the biofilm matures it became white at about 70 hours, gray 

after 80 hours and dark gray after about 90 hours of incubation. A 

biofilm is defined to be mature when the fabric is covered by a thin layer 

of white hyphae approximately 0.5 - 1 mm thick (i.e. 70 to 80 hours from 

inoculation). 

The amount of inoculation media present in the inoculation plate 

influences the rate of maturation and the appearance of the biofilm . 

Slight variations in inoculation procedures, however, do not appear to 

appreciably affect the cell concentration. The average of four slabs at 

various levels of maturity and fabric coverage showed a dry cell weight 

per unit area ratio of 3 . 80:!:.2 x 10- 3 g/cm 2 after 72 hours of incubation . 

There did not appear to be an appreciable change in the film thickness 

between 48 and 96 hours after inoculation. 

The color change was consistent with every inoculum, but the rate of 

progression slowed with increased media volume in the inoculation plate. 

The presence of more media also increased the amount of fabric surface 

covered with growth and decreased the amount of visible fabric weave . 

When the mature slab was placed in a sterile, filled reactor vessel, the 

fabric retained all of the visible cell mass. The biofilm grew rapidly and 
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significant penicillin production was found after 24 to 48 hours of reactor 

operation. 

A. 5. Concluding Comments on Immobilization Study Results 

A large amount of whole cell immobilization research is concentrating 

on the entrapment of cells in polymeric matrices. This method was 

explored in the preliminary experiments of this project, but was soon 

abandoned for many operational and technical reason·s . On the technical 

side, penicillin yield calculations require knowledge of "the total amount of 

cell mass in the reactor. This information is difficult to obtain with gel-

supports, since an unknown amount of gel is entrapped in the mesh with 

the cells. From an operational point of view, the gel-covered slabs were 

difficult to attach to the support frame, and the dipping of the coated 

mesh into the setting solution presented problems with maintaining 

sterility. Another problem with the gels was that at best only trace 

penicillin concentrations were produced. 

For the above reasons, the much simp)er and more consistently 

prepared fabric-support system was chosen for the advanced stages of 

this project. That is, the self-adhesion of the organism to a fabric-

support was selected as the method of choice for the immobilization of 

Penicilfium chrysogenum. 
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B. Modeling and Analysis of Mass Transfer Limitations 
in the Biofilm 

A mathematical model of the dynamic biofilm would aid in 

understanding the penicillin production profiles and cell mass amounts 

found in the reactor studies. By utilizing a model, one can determine 

whether or not a postulated explaination of a phemomena can explain the 

observed changes to the right order of magnitude. Once an 

understanding of the situation is obtained, calculations can be made to 

determine in what direction future experimentation should go. The rate 

of cell growth, penicillin production and oxygen utilization can be 

described by a reaction kinetics model. By utilizing this model to 

calculate specific constants, a mathematical description of the active layer 

thickness can be developed. Knowing the amount of active cell mass in 

the reactor yields information on the rate of penicillin production for the 

system. 

B.l. Mathematical Model for the Oxygen Concentration Profile 

in the Biofilm 

The rate at which the nutrients diffuse into the mat determines the 

viable cell layer thickness. Due to the dynamic nature of the slab, an 

accurate and rigorous mathematical model must describe the system under 

transient as well as steady state terms. This complicated problem has 

been solved numerically (Park, 1983) for P. chrysogenum growing as 
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spherical pellets. However, a highly simplified model described by 

Sinclair and Mavituna (1983), is sufficiently accurate for the present 

discussion. This model can be used to qualitatively examine the severity 

of the mass transfer limitations within the biofilm (Figure 4. 1). The 

following discussion illustrates the effects of oxygen diffusion into a 1 cm 

thick fungal mat on a solid surface. 

Oxygen, A, dissolves in liquid, B, and diffuses into the fungal mat. 

As it diffuses, A is absorbed into the cells where it is converted into 

penicillin, AB. The overall reaction is described by A + B = AB. For 

simplicity, the assumption will be made that the rate of oxygen uptake is 

first order with respect to its concentration. The steady state mass 

balance (in - out + production = 0) for this system is 

N I S - N I S - kC SAz = 0 
Az z Az z+Az z 

( 1 ) 

where N(Az)is the molar flux of component A in the z direction, S is the 

cross-sectional area, Cz is the dissolved oxygen concentration at the 

point z, and k is the first order rate constant for the uptake of oxygen 

by the biofilm. Dividing equation (1) by SAz and taking the limit as AZ 

approaches zero yields 

(dN /dz) + k C = 0 ( 2) 
Az z 

If the concentrations of A and AB are small, then Fick's Law becomes 

N = -D (dC /dz) ( 3) 
Az A z 

where DA is the diffusivity of component A in the bulk liquid. 

Substitution of equation (3) into equation (2) yields 
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Figure 4.1. Diffusion 1n a fungal mat (Sinclair & Mavituna, 1983). 
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C = C for z = 0 
z 0 

which is to be solved according to the boundary conditions 

B.C. 1: at z = 0, C = C 
z 0 

B.C. 2: at z = L, N = 0 
Az 

or dC /dz = 0 
z 

( 4) 

The concentration profile results from solving equation (4) subject to the 

above boundary conditions, and the solution is 

c 
z 

c 
0 

= 
Cosh /'kL 2 /D (1 - z/L) 

Cosh /kL 2 /D 1 

B.2. Reaction Kinetics Model 

(5) 

The selection of appropriate values for the first order rate constant 

in equation (5) requires the application of a kinetic model which has been 

proven to accurately describe biofilm growth and substrate consumption. 

Details of the use of the model are discussed in the next section. The 

model selected for this study is . the one suggested by Bajpai and Reuss 

(1980) . This model applies Contois type kinetics (Contois, 1959) to 

mycelial growth, and accounts for the effects of both carbon substrate 

concentration, Cs, and dissolved oxygen concentration, Co. The model's 

predicted results have demonstrated good agreement with actual fed-batch 

studies (Mou, 1979). 

According to Bajpai and Reuss (1980), the rate of cell growth, Rx, 

is expressed as, 



Rx = 

where 
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dX Cs Co 
= µ(max) x 

dt Kx x + Cs Kox x + Co 

µ = (1/X) dX/dt = specific growth rate 

µ(max) = maximum specific growth rate 

x = biomass concentration in the biofilm 

Kx = Contois saturation constant for substrate 
limitation of biomass production 

Kox = Contois saturation constant for oxygen 
limitation of biomass production 

( 6 ) 

Utilitizing substrate inhibition kinetics, the rate of product 

formation, Rp, is expressed as 

dP 
Rp = 

dt 

where 

Cs Co 
= v(max). x ( 7) 

Kp X + Cs(l + Cs/Ki) Kop X + Co 

v = (l/x) dP/dt = specific product formation rate 

v(max) = maximum specific product formation rate 

Kp = Monad saturation constant for substrate 
limitation of product formation 

Ki substrate inhibition constant for product 
formation 

Kop = Contois saturation constant for oxygen 
limitation of product formation 

The rate of oxygen utilization, Ro, in penicillin producing cultures 

is given by the equation 
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I I 
dCo ll v I Ro = = x + I ( 8) 
dt y y I 

! 
i X/O P/O J I 
L 

where y = yield coefficient of dissolved oxygen 
X/O for cell mass 

y yield coefficient of dissolved oxygen 
P/O for product 

B. 3. Model Parameter Determination 

The evaluation of the concentration profile equation (5) requires 

numerical values for, the diffusivity of oxygen in the biofilm and the first 

order reaction rate constant for the uptake of oxygen in the biofilm. The 

reaction rate constant, k, which makes oxygen uptake a linear function of 

dissolved oxygen concentration, Co, can be estimated by equating this 

expression to another model that accurately describes the same 

relationship in terms of oxygen concentration. As described above, the 

kinetic models utilized were those developed by Bajpai and Reuss (1980). 

This system of equat ions describes cell growth and thus oxygen 

consumption as a function of dissolved oxygen concentration, substrate 

concentration, and biofilm cell density. These equations describe a 

situation in which the reaction rate is first order with respect to oxygen 

concentration at relatively low levels of dissolved oxygen (and high 

susbtrate levels), but approaches zero order as the oxygen concentration 

increases. This kinetic equation is relatively linear until the dissolved 
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oxygen concentration is greater than the product of cell density, X, and 

the oxygen saturation constant, Kox, and it is at this concentration that 

the rate constant was evaluated (see Appendix D for details). 

The rate constant computed in the above manner is independent of 

biofilm density, but it will vary as a function of the specific growth rate 

of the biofilm. Therefore, the concentration profile must be evaluated 

using different rate constant values, in order to reflect the effects of 

various growth conditions. In the first case considered, sugar is 

considered to be in excess, and this caused carbon catabolite regulation 

of penicillin formation. In the second case, nutrient conditions are at the 

proper levels for penicillin production to occur at its maximum rate 

(specific growth rate is between 0.014 and 0.086 hr- 1 ). Computation of 

the rate constants for each case showed a range of rate-constant values 

between 250 and 1500 hr- 1 (see Appendix D), and these values were used 

to evaluate the oxygen concentrat ion profiles. 

The diffusion coefficient for a specific situation depends on what 

mechanism is controlling the transport of oxygen into the biofilm. There 

are three possiblities, the controlling mechanism could be molecular 

diffusion th rough a dense biofilm, that is considered to be rigid but 

porous, and molecular diffusion is considered the primary mechanism for 

oxygen penetration. Under these conditions, Pi rt (1966) has calculated 

that the active layer for P. chrysogenum pellets would be 0.077 mm thick. 

Actual experiments by Huang & Bungay (1973) showed that in a slow 

moving medium, the oxygen diffusivity within a fixed pellet of A. niger 
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was 2.9 x 10- 6 cm 2 /sec. In this study, no oxygen was detected at a 

depth of about 0. 135 mm into the pellet. The value utilized in this study 

is the one suggested by Bajpai and Reuss (1980), Do = 1.3 x 10- 6 

cm 2 I sec. 

Another possibility would apply for a highly porous biofilm of low 

cell density such that oxygen transfer would essentially be molecular 

diffusion th rough water. The molecular diffusion coefficient for oxygen 

in water is approximately 2.2 x 10- 5 cm 2 /sec, and this value is used here . 

Finally, the oxygen transfer situation may not be simple molecular 

diffusion. Penetration may be aided by protoplasmic streaming and/or 

fluid movement th rough the film due to agitation. In this case, a high 

effective diffusion coefficient could be used to describe this "enhanced" 

oxygen transport in the biofilm. Muira (1976) found that for agitated 

pellets of A. niger the effective diffusion coefficient was an order of 

magnitude greater than the molecular diffusion coefficient or 

approximately 10- 4 cm 2 /sec. He postulated that the increased oxygen 

uptake resulted from agitation. That is, a turbulent liquid increased the 

fluid velocity at the pellet surface, and possibly through the pellet, and 

thus aided nutrient penetration. The agitation could also deform the 

pellet surface, resulting in fluid exchange. Tomlinson & Snaddon (1966), 

however, postulated that the formation of Sepedonium fungal films with an 

active layer thickness of at least 3. 9 mm thick, were the result of 

'facilitated diffusion' caused by protoplasmic streaming. Currently it is 

not known which, if either, of these phenomena occurs in a Penicillium 

biofilm. 
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As the above discussion of diffusion coefficients indicates, there is a 

range of possible biofilm cell densities. The biofilm could be a dense, 

rigid but porous layer on the support, or it could be a highly open, 

spongy layer . In the first case, the biofilm would be like a pellet, and 

reactor cell mass densities would be assigned accordingly. Pirt and 

Righelato (1967) suggest a value of 200 mg DCM/cm 3 for a "dense" 

system. At the other extreme, a "porous" biofilm would have a 

considerably lower density. The biofilms grown in this project fall into 

the latter category; biofilm densities of about 54 mg DCM/cm 3 were found 

for the production media with oxygen experiments. 

B. 4. Evaluation of the Oxygen Concentration Profile 

With the establishment of values for the rate constant and oxygen 

diffusivities, the possible oxygen concentration profiles at any cell mass 

densities can be described by a series of curves. Figure 4 . 2 shows the 

results of evaluating equation (5) using the two rate constants and the 

three possible diffusion coefficients. 

From these results, it can be seen that severe mass transfer 

limitations are possible at short distances into the fungal mat. When the 

slope of the concentration profile decreases sharply, a very small active 

layer thickness is indicated. The thickness of the active layer (i.e. the 

depth of biofilm not oxygen limited) is determined by the critical oxygen 

concentration for each microbial species, 0. 022 mmol oxygen/I at 24 °C for 

P. chrysogenum (Bailey, 1977). This critical value is 1 . 7590 of the 
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saturation level for aeration by pure oxygen and 8. 73% of the saturation 

level for air. Note that the saturation concentration of oxygen in water in 

equilibrium with pure oxygen is about fivefold greater than with air. 

Therefore, there is little biofilm growth if Cz/Co is less than 0.0175 and 

0.0873 for pure oxygen and air aeration, respectively. 

By the nature of the defining equation for the concentration profile, 

changing from air to oxygen will only result in a 40°6 increase in biofilm 

activity thickness, no matter what the diffusivity of the cell mass . 

However, in absolute terms, an increase in the diffusivity coefficient will 

significantly increase the amount of active biofilm. For example, at k = 

250 hr- 1 , the additional active layer thickness obtained from changing 

from air to oxygen is 0. 07 mm if dense biofilm diffusion is controlling, an 

increase of 0 . 3 mm if aqueous molecular diffusion occurs, and an increase 

of 0. 6 mm if the biofilm is controlled by an increased effective diffusion. 

Therefore, the large increases ir. penicillin production seen experimentally 

after changing the aeration gas from air to oxygen (as discussed in later 

sections), indicate either the bulk or effective diffusivities probably 

apply . 

The active layer thicknesses predicted by this model agree well with 

reported experimental values. As discussed earlier, Huang & Bungay 

(1973) found an active layer thickness of 0 . 135 mm for a molecular oxygen 

diffusion limited controlled biofilm (this model predicts 0.18 rr.m). For 

effective oxygen diffusion controlled situations, the model predicts 1 . 5 mm 

of activity, and values between 2 and 4 mm have been reported in the 

literature (Tomlinson & Snaddon, 1966). Thus, for each possible 
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diffusivity, the values for the active layer thickness generated by the 

above model, with many simplifications, are in the correct range for the 

reported experimentally determined values discussed earlier. 

By utilizing the above models, reactor studies can be interpreted . 

Production profiles from experiments run under various nutrient 

conditions can be analyzed, and conclusions made as to the nature of the 

nutrient limitations acting on the biofilm. By studying the effects of 

agitation and oxygen supply rates, information can be gained as to the 

type of controlling diffusion mechanism. 
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C. Qualitative Discussion of Biofilm Growth in a Reactor 
System 

C.1. Biofilm Surface Morphologies 

Three basic fungal morphologies are present in a mature reactor 

system. and they result from the existence of regions within the reactor 

of distinctly different environmental conditions. The bulk of the cell mass 

in the reactor is in the biofilm that grows on the inoculated support . The 

surface morphology there is characterized by a tan color and bumpy 

texture. The surface appears as a series of nodes (hills) 2 - 5 mm in 

diameter and 0.5 mm high. This biofilm morphology indicates sufficient 

oxygen and substrate levels to allow active penicillin production. 

The merged pellet texture occurs when oxygen is plentiful, but 

other nutrients are limited, such when broth splashes on the reactor walls 

in the headspace. The morphology there appears to be confluent growth 

(2 - 3 mm in diameter and 0.5 - 1 mm thick). The growth is characterized 

by a green/white cell mass on a cream background that forms a sheet 

around the inner circumference of the reactor tube above the liquid 

surface. 

"Gas pocket growth" morphology, characterized by very stiff blue-

green/white cell mass, occurs on the inner surface of large gas pockets 

which sometimes form in the biofilm. These pockets can also occur 

whenever cell growth prevents liquid access to a specific part of the 

biofilm. This morphology commonly occurs in biomass against the reactor 
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wall, in the growth around the sparger, and in the biomass that connects 

the sparger growth and slab biofilm together. 

C.2. Fabric-Supported Biofilrn (Slab) 

Growth of the mature inoculum results in a biofilm on both sides of 

the fabric after 2 - 3 days of reactor operation. Several points support 

the idea that the mycelia grows through the support fabric from the 

origionally inoculated side to the other side. First of all, at reactor start-

up, growth is limited to the previously air exposed side of the mature 

inoculum. Secondly, the gel experiments indicate that colony formation 

occurs only du ring incubation and then spreads. Finally, most of the 

bumpy texture occurs on the inoculum's originally air exposed side . 

There is no obvious thickness difference, however, between the two faces 

as long as the slab is properly placed over the sparger so that both faces 

a re oxygenated . 

A cross section on the slab is visible th rough the reactor wall when 

the ratio of the support fabric width to reactor diameter approaches one. 

The cross-section shows a series of rings (tan and black layers), with the 

outer layer always being tan and the inner layer black. The dark inner 

layer probably is not rnycelia autolysis since previous research on biofilms 

(Blain et al, 1983) has indicated the retention of cellular activity up to 

several millimeters into a fungal biofilrn. The black appearance 1s 

probably due to a combination of pigment production and / or sporulation 1n 

these dark layers. If the dark color is due to sporulation, which occurs 

when the cell mass lacks nutrients, then the depth into the biofilm at 
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which the color change occurs probably represents the point at which 

nutrient levels become to low to sustain penicillin production (the active 

layer thickness). In established biofilms, the thickness of the outer ring 

varied between 2 and 4 mm. This agrees with the model and the literature 

values for active layer thickness that were discussed previously. 

The changes in the ring structure during growth were not studied 

extensively. It is not known whether the layers increase in number 

during a reactor run , or whether they just increase in size as the biofilm 

expands. However, except for the inner- and outer-most rings, all 

interior sections are of approximately the same thickness. The ring 

pattern occurs independently of the media composition as long as growth 

occurs, though the higher the gas flow, the larger the outer tan layer. 

This last phenomena could be due to either increased oxygen supply, or 

to increased turbulence. As the velocity of the gas flowing past the 

biofilm surface increases, mass transport of oxygen into the biofilm 

improves and hence the diffusion coefficient increases. As seen in the 

discussion of the biofilm oxygen concentration profile in section 4. B, the 

higher the diffusion coefficient, the larger the active layer thickness and 

therefore , the thicker the tan layer. Another possibility is that by 

changing from air to pure oxygen, the oxygen content of the gas 

increases, and hence, the oxygen can travel farther into the biofilm 

before being depleted to the minimum · level necessary penicillin 

production. Therefore , the additional tan layer indicates· the additional 

active layer thickness gained by increasing the oxygen content in the 

dissolved gases . 
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The uniformity of the layers throughout the slab is not known since 

the biofilm collapses upon removal from the reactor and the layers are 

compressed together. However, a ring system of some type is apparent in 

the center of the collapsed biofilm. 

C. 3. Wall-Attached Growth 

Growth on the reactor walls occured only above the liquid level and 

was of the ·merged pellet morphology. Nutrients for these cells were 

supplied by liquid broth which splashed against the walls. The amount of 

growth could be controlled by the amount of head space in the reactor. If 

too little head space is available, a biofilm will form that tends to clog exit 

gas ports. For this reason, ample head space is necessary so that the 

froth has a chance to decay before reaching the reactor top. 

C. 4. Sparger-Attached Growth 

Within a few days after inoculating the reactor, biofilm growth on the 

gas sparger started. The outer layers of this biofilm were of the same 

bumpy texture as that growing on the slab. However, the major 

difference was that whenever the sparger growth gets thicker than 3 -

4mm, gas pocket morphology occured around the sparger head. This stiff 

growth decreased the permeability of the sparger biofilm and gas slugging 

starts. When the gas bubbles start getting too large to aerate the liquid 

properly, increasing the gas pressure may blow more holes in the growth. 

This last procedure can cause problems by blowing spores or mycelia 

fragments into the media. The reactor then becomes "contaminated" with 

hundreds of fluidized microbial pellets. 
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C. 5. Liquid Phase (Suspended) Growth and Biofilm Adhesion 

A key to developing a successful immobilization procedure and 

reactor system was to ensure the absence of free floating cells in the 

reactor liquid. The present design ensures such a state (with the one 

exception mentioned above). Throughout the experimentation 

procedures, organisms that became detached from the reactor wall or 

possibly the slab, did not become suspended, but settled on rough areas, 

flat surfaces or crevices (e.g. sparger, biofilm, frame and reactor 

bottom). When growth on the reactor walls was dislodged during media 

refilling , the sheet of cells remained as a unit that initially floated on the 

liquid surface, and eventually attached itself to the slab. Even the 

deliberate introduction of free mycelia into the reactor resulted in 

adhesion within a few hours. 

The fabric-supported biofilm system acted as an extremely coehesive 

unit. It accumulated large amounts of cell mass on the support structure. 

No significant sloughing of the mycellium occurred during reactor 

operation, including draining and refilling procedures. This last aspect 

was expected due to the work by Corpe (1980), and by Anderson and 

Blain (1980). Both groups found that fluid flow will not remove fungal 

cell mass without high shear forces to abrade the biofilm. Mechanical 

actions were necessary for removal of part of the cell mass. 

Two possible mechanical actions for the removal of cell matter are 

peeling and tearing motions. When the biofilm is compressed by tweezers 
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or clamps, the release of the pressure and the removal of the metal from 

the cell mass breaks the hyphal structure and creates free-floating 

mycelia. The removal of large pieces of biofilm can be achieved by 

"pulling off the skin", like peeling an orange. When this is done, a very 

thin layer of mycelia remains against the fabric surface. Anderson & 

Blain (1980) report several cases including their own studies in which this 

remaining layer was found to be still viable and not to have experienced 

significant autolysis. Since the inner layer is black and possibly 

sporulating, the biofilm could reestablish itself. As long as the spores 

did not become dislodged, germinate and hence contaminate the reactor 

with pellets, this method of controlling biofilm thickness is a possibility. 

Therefore, if the "peeling" could be done aseptically, this remaining layer 

could probably be used to regenerate the biofilm. However, controlling 

biofilm thickness by cutting the biofilm at a precise depth, with a sharp 

instrument is not possibile due to the "toughness" (as in meat) of the 

mat. Cutting both perpendicular and parallel to the fabric, while possible, 

resulted more in biofilm peeling. 

C . 6. Bacterial Contamination and Contaminant Growth 

When careful attention to details was applied during reactor start-

up, there was very little problem with reactor contamination. On occasion 

however, bacterial contamination occurred. Basically, if this system 

received a light dosage of a contaminate when the biofilm was already in 

the penicillin producing stage, the contaminate could be eradicated by the 

action of the pencillin . However, the contaminate appeared to become 
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imbedded in the biofilm, and when new air channels were formed in the 

sparger biofilm, the system became recontaminated. No matter when in 

the batch cycle the contamination occured, the contaminate metabolized 

valuable nutrients. If the contamination occurs early in the cycle or at 

very high doses, the biofilm may not have enough nutrients available and 

penicillin production would be severly reduced, or even eliminated. 

C. 7. Criteria for run termination 

Experimental runs were continued until they met one or none of the 

following criteria for run termination: 

a. Two consecutive days of decreasing penicillin concentration were 

detected. This indicates that the nutrient supply of the media is 

approaching exhaustion. 

b. Severe gas slugging due to biofilm growth on the sparger. The 

increased bubble diameters severly decrease the dissolved oxygen 

concentration in the liquid. 

c. Contamination of the reactor vessel with another organism. 

d. Growth on the reactor wall which resulted in the blockage of the exit 

air port. Blockage is only a problem when there is a lack of head space 

in the reactor. 
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D. Quanta ti ve Discussion of the Biofi lm System 

D .1. Summary of Experimental Program 

These studies were performed to investigate the diffusion-reaction 

properties (e.g . cell growth and penicillin production) of a fabric 

supported immobolized biofilm of P. chrysogenum. The experimentation 

scheme entailed a matrix that varied five media compositions and four 

different oxygen supply levels. The experimental design matrix, 

described below, is detailed in Table 4.1. 

The original gas flow rates tested were 180 ml/min (about 2 vessel 

volumes per minute, WM) and 280 ml/min (about 3 WM). Both air and 

pure oxygen were used for aeration, and since the concentration of 

oxygen in air is approximately 2H;, this varied the overall oxygen supply 

rate to the system by an additional factor of five. For this discussion, 

aeration with 180 ml air/min is assigned a value of unit of oxygen/min, 

and thus the following oxygen supply levels were tested: lx, 1.5x, 5x, 

and 7.5x units of oxygen per min. 

Two general types of media were tested: a complex production 

medium and a partially defined medium. The majority of the experimental 

runs involved the complex production medium of Smith and Calam (1980). 

This medium contains corn steep liquor (CSL), a viscous concentrate of 

corn solubles, rich in vitamins, amino acids, minerals and other growth 

stimulants, and it also contains approximately 5590 solids. This high solids 

content of the CSL added to the particulate problem associated with the 

complex media, with regard to visually observing biofilm growth in the 
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Table 4 .1. Experimental design matrix. 

OXYGEN SUPPLY RATES 

MEDIA COMPOSITION (oxygen units/min) 
Shake 

1 1. 5 5 7.5 Flask 

Production Medium :1 1 ,3-6 7 8-11 13 16,17 

Modified Production 
Medium (filtered CSL: 15 
at 2x concentration) : 

Defined Medium with 
filtered CSL at 
lx concentration 

g lactose 
10 21 

1 medium 

g lactose 
20 23 

1 medium 

g lactose 
40 24 

1 medium 

1 Corresponds to experiment number. 
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reactor. Therefore, an experiment was performed using the basic 

production medium, but filtering the CSL to remove the particulate solids 

and also doubling the concentration to compensate for nutrient losses. 

The other medium utilized was the highly defined "Synthetic 

Production Medium A" of Hosler and Johnson (1953). The receipe 

recommended by Hosler and Johnson does not include any CSL. 

However, to provide the biofilm with trace nutrients, 14. 7 ml/I CSL was 

added. In order to not create a particulate problem, the CSL was filtered 

(CSL(f)). The recommended sugar concentration in this media is 10 g 

lactose/I medium. To study the effects of various sugar concentration, 

experiments were carried out not only with the recommended 10 g/I lactose 

but also with 20 and 40 g/I lactose in the medium. The lactose 

concentration in the complex production medium was 38 g/I. 

In order to characterize the growth and penicillin production of the 

microbial culture in a "conventional system", two shake-flask experiments 

were conducted using the standard production medium. The results of 

these experiments were used as controls for the following discussion, and 

it is assumed that oxygen transfer is sufficient to allow optimal penicillin 

production. Since these experiments were carried out at the beginning 

and the end of the project, the results serve as a check to insure that no 

strain degeneration had occu red. 

D. 2. Growth and Production at Various Oxygen Supply Levels 

The first objective of the reactor studies was to determine the 

growth and penicillin production characteristics of the the immobilized 
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biofilm system under the various oxygen supply levels. In order to 

minimize the number of system variables, all experiments discussed in this 

section utilized the complex production medium of Smith and Calam (1980). 

The results of these experiments are given in: Figures 4.3 (penicillin 

production profiles), Figure 4.4 (final total dry cell weights as a function 

of run termination time), and Table 4.2, which reports the linear 

penicillin production rates of these experiments. 

The penicillin production rates in Table 4.2 and the production 

curves in Figure 4.3 for the lx and 5x oxygen supply levels and for the 

shake flask experiments are averages of five, four and three experimental 

runs, respectively (for individual experiment production profiles, see 

Appendix E). While the multiple runs all exhibited a high degree of 

reproducibility (+/- 10 °o) in the penicillin production rates, the accuracy 

of the tabulated results is only is considered to be +/- 20% due to the 

inaccuracies inherent in the assay technique and slight variability in 

batch reactor operation procedures. 

The production rates in Table 4.2 were determined by linear 

regression of all data points from the time that the production rate started 

increasing linearly until the maximum product concentration was reached. 

In all cases, "linear" production began at 48 or 72 hr operating time. For 

the cases where there were multiple runs of the same medium/ gas 

combination, the slope was taken from the curve that was the "best" fit 

through all available points. 

At the end of each experiment, the reactor was dissassembled and 

the cell mass collected and dry cell weights were determined. The result 
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Table 4.2. Penicillin Production Rates as a function 
of media composition and oxygen supply 
rates 

Media Composition 
Oxygen Supply 

Rates 

Oxygen units 

min 

Penicillin 
Production 

Rates 

Penicillin units 

ml hr 
-------------------------------------------~----------------------------------------------------------------------------
Production Medium 

Modified Production 
Medium (Filtered CSL 
at 2x concentration) 

Defined Medium with 
Filtered CSL at 
lx concentration 

g lactose 
10 

1 medium 

g lactose 
20 

1 medium 

g lactose 
40 

1 medium 

lx 0.35 

1. 5x 0.81 

5x 2.4 

7.5x 2.2 

shake flasks 2.7 

1. Sx 0.58 

1. 5x 0.70 

1. Sx 0.63 

7.Sx 0.41 
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of each individual experiment is shown in Figure 4.4. The shake flask 

data are three flasks of Experiment 17 only. The total shake flask 

contents were harvested after the medium had cleared of all visible 

particulates. Since the shake flasks contained 1/4 the reactor volume (25 

ml versus 100 ml), their dry cell weights were multiplied by 4 to put them 

on the same basis as the reactor values. 

Considering the 1 x oxygen supply experiments, it can be seen from 

Figures 4.3 and 4.4 that the penicllin production and the cell mass formed 

in the reactor is significantly less than with the other experiments. This 

indicates that both cell growth and production are oxygen limited. That 

is, the biomass/oxygenated liquid interfacial area for the immobilized cell 

system is significantly less than that for the shake flask system. 

Therefore, a larger percent of the cell mass is experiencing diffusion 

limited oxygen transfer than is the case for the shake flask pellets. 

Increasing the oxygen supply level by 50%, to the 1.Sx level, 

resulted in cell growth that was in the range of the shake flask, but 

penicillin production that was still significantly restricted. The increased 

oxygen level was acheived by raising the volumetric flow rate, hence 

improving the diffusion coefficient for the system and resulting in a 

larger active layer thickness (refer to section 4. B) and higher cell 

amounts. That the penicillin production rate could be limited even though 

cell growth is not, can be seen be examining the kinetic equations in the 

reaction kinetics model (Equations (6) and (7)). The Contois saturation 

constant for oxygen limitation of product formation, Kop, in equation (7) 
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1s two orders of magnitude less than the Contois saturation constant for 

oxygen limitation of biomass production, Kox, the analogous parameter in 

equation (6). For the actual parameter values, refer to Table D. l . 

Increasing the oxygen supply level to 5x and 7. 5x, by aeration with 

pure oxygen, yielded cell growth and penicillin production rates in the 

same range as the shake flask results. The results of the two shake flask 

experiment bracketed both of these experiments. The difference 1 n 

production lag phases is due to variations in inoculation. 

The increase in cell growth rate and penicillin production rate 

experienced when the aeration gas was changed from air to pure oxygen 

agrees with the results of the modeling study discussed previously. The 

simulated concentration profiles showed that a significantly greater 

fraction of the biofilm was non-oxygen limited when pure oxygen is used 

instead of air (Figure 4 . 2). 

Thu:;, by increasing the oxygen supply rate to overcome the 

diffusional limitations of the thicker biofilms, the immobilized cell system 

demonstrated reaction properties almost identical to the more dispersed, 

shake flask experiments. Immobilization of the microorganism by this 

technique (i.e. as a biofilm on a fabric support) does not appear to have 

significant affects on the "average" physiology of the culture, other than 

those that result from decreasing the oxygen transfer rate to much of the 

cell mass. 
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D.3. Growth and Production Using Different Medium 

Compositions 

The production medium, being rich in complex nutrients, was 

expected to give the best penicillin production rates at a specific oxygen 

supply rate. However, from the standpoint of quantitatively studying 

and characterizing (such as mathematically modeling) the biofilm reaction 

properties, two medium improvements were obvious: 

1) remove the solids to facilitate visual observations and visual (in-situ) 

measurements of biofilm growth, and 

2) use defined nutrient compositions to aid in mass balancing 

calculations. 

Therefore, a set of experiments was conducted to explore the effects of 

utilizing medium that met one or both of the above criterias. 

A second objective was to study the effects of simultaneous oxygen 

and complex nutrient limitations on the biofilm reaction characteristics. 

The effects of just decreasing oxygen flow rates were first noticed with 

production medium experiments at the l .Sx oxygen supply level. This 

situation showed how limiting the oxygen supply would restrict penicillin 

production more strongly than cell growth. Therefore, to study possible 

limitations by multiple nutrients, runs were conducted at the 1 .Sx oxygen 

level with the modified-production and defined medium. A final 

experiment with the defined medium examined the effect of increasing the 

lactose concentration to about that in the complex production medium (40 

g/I) and providing the maximum oxygen supply level. 
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All of the results described in this section are the outcome of one 

experimental run . No shake flask experiments were performed with these 

media. The penicllin production rates and dry cell weights were 

determined in the manner described above. The results of these 

experiments are given on the following: Figure 4.5 (penicillin 

concentration as a function of time), Figure 4.6 (the final total dry cell 

weights as a function of experiment termination time). All these runs 

ended with total operating times within about 24 hours of each other 

(240 - 264 hours), and therefore, direct comparis.ons between systems are 

possible (note: the individual production profiles for each experiment are 

presented in Appendix E). The calculated linear penicillin production 

rates of these experiments are presented in Table 4.2 

Figure 4. 5 shows a set of penicillin production profiles with reaction 

characteristics very "similar" in pattern to, but not quite as productive 

as the experiment with 1. 5x-Production medium (Ex pt 7). This set of 

similiar profiles represent runs with: l .5x-2xCSL(f) Prod. (Expt 15), 

1.5x-10 g/1 Defn. (Expt 21), and 1.5x-~O g/1 Defn. (Expt 23). The 10 

g/I Defn. run was found to most closely match the 1. 5x-Production 

medium experiment. This was expected since 10 g lactose/ liter was the 

sugar concentration recommended by Hosler & Johnson (1953). Both the 

20 g/1 Defn. and the 2xCSL(f) Prod. runs displayed slightly lower 

penicillin production, and the 20 g/1 Defn. run showed decreased cell 

growth as compared to the 10 g/I Defn run. Also, there were longer lag 

periods before penicillin production appeared. 
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The decreasing penicillin production rates with increasing the sugar 

concentration (Cs) from 10 g/I to 20 g/1 can be explained with reference 

to Section 4.B.2. As Cs increases, the specific growth rate increases, 

and hence the rate of oxygen uptake increases. An increase in oxygen 

uptake rate results in a smaller active layer thickness and hence lower 

overall pencillin production. The observed decrease was slight, which 

agrees with the simulation results using simplified mathematical model 

described in section 4. B. Utilizing the kinetic parameters from appendix 

D, increasing Cs from 10 to 20 g lactose/I will decrease the active layer 

thickness by about 4°0. 

The final experiment (Expt 24) examined the effects of high lactose 

levels in the defined medium when excess oxygen is available. The 

selection of 40 g lactose/ I paralleled the production medium concentration. 

It was found that the penicillin production profile and reactor cell mass 

were very similar to the runs with 1 x-Production Medium (expt 1, 3-6). 

That is, production and growth were both limited . Since in Expt. 24 the 

highest oxygen supply level is used, (this was sufficient to minimize 

oxygen limitations when the complex medium was used), it is doubtful that 

oxygen limitation is occurring to restrict growth or production. Penicillin 

production might be suppressed by excess lactose levels in the biofilm 

regions which are not oxygen limited, but this is not supported by the 

low cell mass formation that was found. Most likely, the consumption 

rates of some "unknown" nutrient(s) that promote production and growth, 

but are in limited supply in the defined medium, are high due to the high 

lactose and oxygen supplies. Thus a large portion of the biofilm is both 



growth and 

nutrient(s). 
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production limited, by depletion of the "unknown" 

The logic behind this possible explanation is the same as 

that described for increased oxygen limitations due to increased oxygen 

consumption rates. 

D. 4. An Overview of the Dynamic Biofilm System 

A summary of the effects of oxygen supply rates and medium 

compositions on penicillin production and cell growth is given in Table 

4.3. When the same medium is used, rates of both production and growth 

are similar in the biofilm reactor and in the conventional shake flasks, if 

the oxygen supply level in the reactor is sufficiently high to overcome 

oxygen transfer limitations . Thus, the effects of the oxygen transfer 

rate through a biofilm are more severe than those resulting from mass 

transfer limitations of the other nutrients from solution. However, even 

under conditions of ample oxygen supply , both growth and production 

may still be restricted by mass transfer limitations (due to high 

consumption rates) of other nutrients which might be in short supply, 

such as occurs 1n the defined medium. Also, the penicillin production 

rate was shown to be more sensitive to oxygen supply limitations than is 

cell growth rate (i.e. for intermediate oxygen supply level, growth is 

normal but production is very low). While the restriction of penicillin 

production at this intermediate oxygen supply level is independent of the 

medium tested, the effect on cell growth was related to the medium 

composition. 
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Table 4.3. Summary of results from biofilm 
reactor studies. 

Oxygen 
Supply 
Level 

Medium Composition Penicillin 
Production 

Rate 

(U/ml/hr) 

Restriction in 
Cell Growth 

Rate 
(Relative to 

Control) 
============================================================ 

Shake 
Flask 

1.0x 

7.Sx 

1. Sx 

1. Sx 

1. Sx 

1. Sx 

5.0x 

7 . Sx 

Complex Production 

Complex Production 

Def ined-40 g/l lactose 

Defined-20 g/l lactose 

Modified Complex 
Production (2xCSL(f)) 

Defined-10 g/l lactose 

Complex Production 

Complex Production 

Complex .Production 

2.7 Control 

0 . 35 Severe 

0.41 Severe 

0 . 63 Severe 

0.58 Moderate 

0.70 Moderate 

0.81 None 

2.4 None 

2.2 None 
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D. 5. Implications of Reactor Study Results to Biofi lm Reactor 

Design 

Severe mass transfer limitations may occur in a biofilm reactor 

system, as demonstrated by the range of penicillin production rates and 

total cell mass amounts discussed above. However, these limitations can 

be alleviated if proper considerations are taken during reactor design and 

operation. These considerations can lead to an immobilized reactor system 

with comparable reaction characteristics to more conventional, dispersed 

systems. 

Our experimental results have found that the biofilm is an extremely 

porous, 95 °o water by weight, dynamic system. It collapses and drains 

when removed from the reactor liquid, and has a low dry cell mass (DCM) 

density. In the experiments which utilized the 5x oxygen supply level, 

the biomass itself filled about 50°6 of the total reactor volume, and yet 

reaction properties similar to the shake flask experiments were observed. 

The low DCM density in the biofilm (54 g DCM/ cm 3 ), and these reaction 

results may indicate that true diffusion of oxygen is not the only 

mechanism of oxygen transfer into the biofilm, but that some transfer due 

to bulk movement of water through the porous biomass probably does 

occur. 

The movement of bulk liquid through the biofilm has important 

implications relative to immobilized cell bioreactor design. It means that 

in a fungal biofilm system, the ability to achieve high agitation levels may 

enable the system to be as productive as dispersed phase systems (e . g. 
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shake flasks). Changing to an immobilized system does not require 

sacrificing the production capabilities of the organism, if mass transfer 

limitations are overcome. Industry can eliminate their biomass separation 

steps, decrease their utility charges for agitating of the highly viscous 

broth that results from dispersed systems, and possibly convert to more 

continuous reactors, at the price of sufficiently agitating the liquid and 

possibly aerating with pure oxygen. 



V. CONCLUSIONS 

The following conclusions can be drawn from this project: 

1. The fabric-support system is the preferred method of whole cell 

immobilization of Penicillium chrysogenum. Gel entrapment methods were 

tried, but for many technical and operational reasons, the use of this 

method is not recommended. Additionally, the gel systems, at best, 

produced only trace penici Iii n concentrations. 

2. The fungal biofilm is a coehesive unit. During reactor operation, 

there are no free floating cells visible under 100x observation. Mechanical 

methods are necessary to remove part of the biofilm . 

3. A definite oxygen mass transfer limitation is incurred on the biomass 

when the surface to volume ratio is reduced as when changing from a 

pellet to a slab geometry . That is, the new shape results in a decreased 

surface area for transfer from the media into the cell mass per total cell 

mass. This limitation can be removed by increasing oxygen supply rate, 

such that growth and production rates are similar. 

4. Oxygen limitations will restrict overall penicillin production at an 

oxygen level higher than that which will inhibit cell growth. 

77 
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5. The limited mass transfer of other nutrients may restrict penicillin 

production and/or cell growth even in the presence of ample oxygen. 

6. Biofilm for Penicillium chrysogenum is porous and contains about 95% 

water by weight, as opposed to 80% water by weight if it were a dense 

biomass . 

7. The mechanism of oxygen mass transfer into this biofilm appears to 

be not only molecular diffusion, but also bulk fluid flow through the loose 

biofilm and/or a form of protoplasmic movement along the hyphae. 



VI. RECOMMENDATIONS 

This project is part of a long range program at Virginia Tech's 

Biochemical Engineering Laboratory. During this section of work, many 

recommendations, with regard to the planning of the next stage, became 

evident. 

Before further reactor design 1s carried out, the existing rigorous 

mathematical models (Park, 1983) should be modified and updated to 

accomodate new knowledge generated by this work. Optimization 

calculations should then be carried out and a new reactor built. 

This new reactor should: 

o establish a method for keeping growth off the sparger 

and thus eliminate the aeration gas slugging problems. 

o have provisions for mkrooxygen probes. 

This would allow the direct study of oxygen profiles in the slab ' in order 

to see how thick the biofilm can get and still have the entire depth 

producing penicillin. 

After this reactor has been designed, additional experiments are 

necessary to gather information necessary for accurate mass balances on 

the system . The mass balance can be used to reflect the metabolic 

activity of the culture, thus giving some indication as to the level of 

stresses induced on the cells due to immobilization. The composition of 

the liquid effluent and off gas samples could be determined by penicillin 

and lactose assays (HPLC techniques), and GC-mass spectrophotometry , 
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respectively. With mass balance data and accurate mathematical models of 

the system, efficient nutrient optimization studies can be carried out, and 

large scale biofilm reactors proposed. 
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Appendix A. Biofilm Formation 

A. l. Support Frame Construction 

Materials: Loose-medium weave fiberglass cloth l 'xl' 
Food safe silicon glue 
1 /16" Corrosion resistant stainless steel wire 
.026'' Corrosion resistant stainless steel wire 
Glass petri dish with cover 
1/16" Amber Latex rubber tubing 
Scissors 
Needle nose pliers with wire cutter 

1. For fabric systems: draw a rectangle on the cloth 2. 5x6 cm, trace 

outline with glue and allow to thoroughly dry. The glue will keep the 

edges from raveling. Form slab by cutting along the middle of the glue 

line. 

1 a . For gel systems: cut a rectangular piece of loose weave, stainless 

steel mesh (2. 5x6 cm). 

Figure A. 1 shows a detailed schematic of the support. 

No part of the frame/support structure should involve iron constantine 

or copper wire. These metals corrode in the medium and therefore poison 

the system. Use of high quality corrosion resistant stainless steel is 

recommended. Also, the use of expoy glue is not recommended since it 

inhibits cell growth. 

2. Weave a piece of 3 cm long .026" wire into each end of the narrow 

sides of the fabric, bend the ends over to secure the wire. 
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3. Form a "G" with a 6 . 5" piece of the thicker wire . The "G" should fit 

snuggly into the reactor and be held in place by the spring action of the 

bottom of the "G". The frame should be . 5-1 cm larger then the fabric 

piece on all sides . 

4. Attach the fabric to the frame by forming a closed staple with the 

thinner wire. One side of the staple goes around the "G", and the other 

side goes around the woven wire. 

4a. For gel systems : attach the mesh to the frame with the same type of 

staple system described in 4. 

A. 2. Inoculation Plate Construction 

Materials : Food safe silicon glue 
Glass petri dish with cover 
1/16" Amber Latex rubber tubing 
Scissors 

1. Cut 2 pieces of tubing 6-7 cm long and 2 pieces 3-4 cm long . 

2. Form the inoculation well by glueing the tubing onto the bottom of 

the dish to form a centered rectangle, making sure to completely close the 

corners. Allow the glue to thoroughly dry before use. Use of the well 

will keep the metal frame free of growth and make it easier to handle. 

Figure A. 1 shows a detailed schematic of the plate . 

A. 3. Making a Fabric-Support Biofilm 

Materials: Sterile inoculation medium, 20 ml 
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Mature, spore slant of Penicillium chrysogenum 
Support frame 
Inoculation plate 
Sterile cotton swabs 
2 ml disposable pipettes 

1. Determine and record the dry weight of the support frame. 

2. Sterilize the support frame inside the inoculation plate. 

3. Place 1-2 ml of inoculation medium into the slant with a pipette. 

Knock spores into the medium with a cotton swab, remove excess liquid 

from the swab and dispose of swab properly. 

4. Make a spore suspension by removing the spore laden liquid from the 

slant with a pipette and transferring it to the inoculation medium tube. 

Shake the liquid to thoroughly disperse the spores. 

5. Position the support frame in the inoculation well and cover with 

approximately 5-7 ml of spore suspension. The well should be 1/2 to 3/4 

full. 

6. Being careful not to allow any of the liquid to spill out of the well, 

seal the inoculation plate with tape and place it in the incubator for 72-96 

hours at 30 C. The slab is mature when white growth covers the fabric 

surface. An immature slab will have clear or no growth, while an overly 

mature slab will have gray growth. 

A. 4. Making a Gel-Support Biofilm 

Materials: Sterile inoculation medium, 20 ml 
Mature, spore slant of Penicillium chrysogenum 
Prepared gel 
Support frame 



Inoculation plate 
Sterile cotton swabs 
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2 ml disposable pipettes 

1. Remove metal frame, hang mesh in the inoculation plate by attaching 

the "staples" to a piece of thick wire, sterilize. 

2. Place 1-2 ml of inoculation medium rnto the slant with a pipette. 

Knock spores into the medium with a cotton swab, remove excess liquid 

from the swab and dispose of swab properly. 

3. Make a spore suspension by removing the spore laden liquid from the 

slant with a pipette and transferring it to the inoculation medium tube. 

Shake the liquid to thoroughly disperse the spores. 

5. Position the support frame in the inoculation well. Mix gel with spore 

suspension, pore over the mesh or dip mesh into gel and then setting 

solution. Seal edges of dish with tape to keep the gel from drying out. 

Agar: To 100 ml of double strength malt extract agar, add 10 ml of 

spore suspension. 

Alginate: To 100 ml of 2 w/v9o (weight per volume percent) alginate 

solution, add 10 ml of spore suspension. Dip mesh into the gel, then into 

sterile 0.1 M CaCl2 solution for 15 min. Place in a petri dish, cover with 

10 ml of inoculation medium. 

k-Carrageenan: To 100 ml of 4 w/v0o k-Carrageenan solution, add 

0. 9 g NaCl and 10 ml of spore suspension. Dip mesh into gel, then into 

sterile 290 KCI solution for 10 min. Place in a petri dish, cover with 10 ml 

of inoculation medium . 
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6. When slab is mature (cut the mesh out of the agar bed), insert 

sterile frame and bring up reactors. 
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Appendix B. Reactor System Operation 

This appendix describes reactor construction and operation. 

Materials 

Materials for One Reactor # req'd 

1. 
2 . 
3 . 
4. 
5 . 
6. 
7. 
8. 
9. 

10. 
11. 
12. 
13. 
14. 
15. 
16. 
17. 
18. 
19. 
20. 
21. 
22. 
23. 
24. 

10 inches of 38 mm OD pyrex tubing 
Rubber stopper, #8 
Extra coarse gas dispersion tube 
2.5" pieces of 1/4" glass tubing 
8 11 pieces of 1/4" glass tubing 
Glass cartridges 
Glass tee 
Disk air filters 
Fiberglass wool 
Glass Stopcock 
Rubber stopper, #6 
1 qt autoclavable plastic bottle 
2.5" pieces of 1/4" metal tubing 
Swagelok ferrel & nut, 1/4" ID 
Amber latex rubber tubing, l/4"xl/16" wall 
Utility Clamps, large 
Utility Clamps, medium 
Utility Clamps, small 
Air flow regulator, 100 - 300 ml/min 
Day pinchcock 
Hoffman open side pinchcocks (hose clamps) 
Wire for tying down tubing 
Scaffolding 
Ring stand, small 

B.l. Reactor Construction 

B.1.a. Initial Assembly 

1 
2 
1 
5 
2 
3 
2 
2 
.1 ft 
1 
1 
1 
1 
1 
5 ft 
3 
3 
1 
1 
3 
4 
2 ft 
4 ft 
1 

This section will trace flow lines through the reactor system in 

accordance with Figure B. 1. 

Line 1 (Air line): Air source to regulator, 1' tubing to glass cartridge 

stuffed with fiberglass, 6" tubing to tee . Clamp tee above reactor liquid 
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LINE 3 

© 
LINE 4 

© ® 

LINE 1 LINE 2 
a 

Figure B.l. Detailed reactor schematic. 



97 

level. Branch 1 of tee: 3" tubing to disk air filter. Branch 2 of tee: 

1.5' tubing to sparger stern. Sparger passes through rubber stopper, 

with the bottom of the sparger head protruding slightly above the 

stopper. 

Line 2, Liquid exit port: Glass tube through rubber stopper with 

spa rger, 3" tubing to another glass tube. 

Line 3, Exit air port: Glass tube through rubber stopper, 3" tubing to 

glass cartridge, 3" tubing to fiberglass filled glass cartridge, 3" tubing 

to tee. One medium sized clamp supports each cartridge. Branch 1 of 

tee: 3" tubing to metal tube with ferrel and nut attachments. Branch 2 of 

tee: 3" tubing. 

Line 4, Liquid feed line: 8" glass sample/feed tube--2" through rubber 

stopper holding exit air line, 1' tubing to stopcock, 3" tubing to glass 

tube which passes through a #6 rubber stopper into the bottom of the 

feed resevoir (1 qt bottle turned upside down). One small sized clamp 

holds stopcock about 1' above reactor. Reservoir vent: 8" glass tube- -

2" th rough rubber stopper, 1' tubing to disk filter taped to exterior 

bottle wall acting as vent. 

Line 5, Reactor body: Large glass tube is held vertically by two large 

clamps. Lines 1 and 2 pass th rough a rubber stopper at the bottom of the 

tube and lines 3 and 4 through a stopper at the top. 
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B. 1. b. Autoclave Assembly 

1. Insert top stopper into reactor tube. 

2. Wrap in aluminum foil: sparger stopper, final tube of Line 2, top of 

reactor tube, resevoir stopper and 6" vent tube. 

3. Clamp tightly with hose clamps all fermentation tubing adjacent to the 

stoppers (points a, b & c) EXCEPT for Line 1 (Air line). 

4. Disconnect air line between the regulator and the cartridge air filter. 

5. Make sure that the stopcock is in the closed position. 

6. Autoclave apparatus for 20 min. 

B. 2. Reactor Start-up 

1. Place under hood: Sterile reactor apparatus, filled sterile feed 

resevoir, small ring stand with a large clamp attached, sterile medium, 

mature slabs, tweezers and bunsen burner set-up. 

2. Turn reactor tube upside down and clamp onto ring stand. Check 

that the top stopper (now on the bottom) is in tightly and that all tubes 

passing through it are tightly clamped shut. Temporarily remove the 

aluminum foil from the reactor tube top. Add 100 ml of room temperature 

medium and replace the aluminum foil. 

3. Remove the tape from the sealed petri dish that houses the mature 

slab (see Appendix A). Remove the aluminum foil from the reactor tube. 

Flame sterilize the tweezers and pick up the slab frame at the top of the 

"G". Insert slab into the reactor vessel so that the bottom of the ''G" 

enters first. The top of the frame should be 2.5 - 3" from the tube top. 

The growth side of the slab faces the feed/sample tube. 
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4. Remove the aluminum foil from the sparger stopper. Insert stopper 

into the reactor . Sparger should be oriented so that air will flow evenly 

over both sides of the slab. Just below the sparger stem, clamp the air 

line hose shut with a Day pinchcock (point d). 

5. Remove the aluminum foil from the feed resevoir stopper. Insert 

stopper into the half-filled, sterile feed resevoir. Liquid level should be 

such that when the bottle is turned over, the vent tube will be above the 

liquid surface. Tape disk filter to bottle exterior above liquid level. 

6. Remove the entire apparatus from the hood and place on working 

area. At this point, all tubes leaving the reactor should be clamped shut. 

Turn the reactor right side up; use large clamps to attach it to the 

scalfolding. 

7 . Mount the air line , use a medium clamp to secure filter, reconnect to 

regulator. Make sure that the air line from the regulator to the disk 

filter is open (point g) but that the line to the reactor is still shut with 

the Day pinchcock (point d) . Turn on air source and adjust to the 

proper flow rate. 

8 . Mount feed reservoir above the reactor using a medium clamp on the 

bottle neck and a large clamp on the body. Use the small clamp to secure 

the stopcock . Place a Day pinchcock above the other clamp on Line 4 

(point e). Remove the hose clamp at point c and open the passageway. 

9. Secure the two cartridges on Line 3 with medium clamps. Make sure 

that the metal tube/Swagelok line is not closing Line 3. Remove the hose 

clamp from Line 3 (point b) and open the passageway. 
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10. At this point, Line 1 is clamped at the sparger stem (point d) but 

air is flowing out through the tee (point g) at the proper flow rate. Line 

2 is clamped shut (point a). Line 3 is completely open for air flow. Line 4 

is clamped with a Day pinchcock (point e) and the stopcock is shut. 

11. With one hand remove the Day pinchcock on Line 1 (point d) while 

simultaneously applying a Day pinchcock to the disk filter line (point g). 

This will channel the air into the reactor and the system is started up. 

Mark liquid level with a grease pencil. 

B. 3. Daily Reactor Operation and Sampling Procedure 

1. Read previous day's plates, put new plates in the incubator to warm 

up. Transfer S. aureus culture for a new penicillin assay (see Appendix 

C). 

2. If humidification of the air as it passes th rough the liquid has 

lowered the liquid level--open stopcock, open Day pinchcock (point e) to 

allow water flow until the liquid level in the reactor is back to normal, 

close Day pinchcock and stopcock. 

3. Three to five hours after the S. aureus transfer, fill 10 ml syringe 

(green needle) with air from under the hood. 

feed line at the top of the feed tube (point c). 

Insert needle into liquid 

Flush tube by injecting 

the air in the syringe. Withdraw 0. 5 - 1 ml sample of the reactor liquid. 

Perform penicillin assay (see Appendix A) . 

4. Starting gas samples: Remove the septum and its housing nut from 

the collection vessel and open the valve 7596. Use the nut and ferrel at 

the top of the exit air line (Line 3) to get the vessel on line. Apply a Day 
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pinchcock to Line 3 above the tee (point g). Allow off-gas to pass 

through the vessel for 20 - 30 min before sealing . 

WARNING: Back pressure in the reactor builds up very quickly. 

Completely shutting down the exit air line for 10 - 15 seconds builds up 

enough pressure to blow the bottom stopper out of the reactor. 

5. Ending gas samples: Quickly screw on the nut/septa end of the 

collection vessel until it is just finger tight. Within 10 sec of starting to 

screw the end on, open the Day pinchcock at point g. A small "woosh" 

sound as the Day pinchcock is opened is to be expected. Quickly screw 

the valve shut and firmly tighten the nut/ septa end. Unscrew the vessel 

from the reactor system . 

B.4. 

1 . 

Reactor Shut-down 

Find the dry weight of three weighing boats; 

Sparger and Slab. 

label them Wall, 

2. Remove the top stopper from the reactor and scrape all the growth on 

it and that which is on the reactor walls above the liquid line into the 

"Wall" boat. 

3. With long tweezers, touching only the metal support, remove the slab 

from the reactor and place it into a 250 ml graduated cylinder containing 

exactly 100 ml of water. Record the volume displaced. The action of the 

tweezers will pull the mycellia apart, so try to only touch metal parts. 

4. With long tweezers, againg touching only the metal support, remove 

the slab, record the slab thickness (use calipers) and place it into the 

"Slab" boat. 
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5. Open Line 2 (point a) and collect the liquid in a 150 ml graduated 

cylinder. Record liquid amount. 

6. Remove the bottom stopper from the reactor and scrape all the 

growth on in and that which is on the surrounding reactor walls into the 

"Sparger" boat . 

7 . Turn off gas flow. 

8. After 24 hours, determine dry cell weight of each boat and compute 

weight fractions. 
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Appendix C. Penicillin Assay 

Materials: Difeo Nutrient Broth, 8 g/I 
McFarland Standard #5 
Mueller-Hinton Agar, 38 g/I 
150x15mm Standard Disposable Petri Dishes 
1/4" absorbant cotton pads 
Cotton Swabs 
2 ml disposable pipettes 
Sterile Syringe 
Tweezers 
Staphy!coccus aureus ATTC 12600 

1. The S. aureus culture was maintained on Nutrient Agar slants 

incubated at 35-37 C. Slants 48 hours old were stored at 4 C as a back-

up culture. 

2. Maintain S. aureus assay culture in sterile test tube with 20 ml 

Nutrient Broth. Prepare Mueller-Hinton plates, store in refrigerator agar 

side on top. 

3 . Transfer 1 . 5-2 ml of S. aureus culture into a new sterile broth tube . 

Place agar assay plates in incubator to bring to room temperature. Wait 

3-5 hrs before preceeding so that the culture is in the exponential growth 

phase (turbidity equivalent to McFarland Standard #5). 

4. Withdraw .5-1 ml of reactor broth with a sterile syringe. For each 

sample, place 3 assay pads in the center of a watch glass and cover with 

sample broth. 

5 . Flame end of S. aureus tube, dip swap into culture, squeeze off 

excess liquid, reflame tube. Cover agar surface with culture: streak 

from top to bottom, turn 60 , repeat , turn 60 , repeat, run swab around 

outside rim. 
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6. Flame end of tweezers, allow to cool, pick up pads and move to outer 

edge of watch glass, squeeze out excess liquid. Place pad on agar plate, 

tap once to set. Put all 3 pads from one sample onto the same plate, use a 

new plate for each sample. Spread pads out so that there will be 3 

distinct zones. 

7. Incubate inoculated plate, agar layer on top (upside down), at 37 C 

for 24 hrs. After the incubation period, bacterial growth covers the agar 

surface except for circular inhibition zones around each disc. Since zone 
I 

diameter is a function of antibiotic strength, each assay is interpreted by 

comparison to the standard curve--a linear plot of the log of penicillin 

concentration versus zone size (Figure 3. 2). 

8. Autoclave plates before disposal. 
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Appendix D. Determination of the First Order Rate Constant 

This appendix describes the application of the kinetic model (see 

Chapter 4) to determine possible rate constants for use in the 

concentration profile model. As previously discussed, the rate of cell 

mass formation is given by 

dX Cs Co 
Rx = = µ(max) . x ( 1 ) 

dt Kx X + Cs Kox X + Co 

While the rate of oxygen utilization, Ro, in penicillin producing cultures 

is given by 

dCo µ \) l 
Ro = x + ! 

dt y y I 
L X/O P/OJ 

( 2) 

The growth equation (1) takes the form of a double Monod model 

when the biofilm is assumed to have a constant cell mass density. At both 

constant substrate concentration and cell density, the second term of the 

expression is constant and can be renamed f!>, thus , 

1 dX Co 
µ = = µ(max) f!> ( 3 ) 

x dt Kox X + Co 

The nature of the above equation is such that the reaction rate is 

first order in concentration at relatively low values of dissolved oxygen. 

As the dissolved oxygen content increases, the reaction order in 
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substrate diminishes continuously from one to zero. The term µ(max) is 

the maximum growth rate acheivable when Co » ( Kox X) and all other 

nutrient concentrations are held constant . 

When the dissolved oxygen concentration is equal to ( Kox X), the 

specific growth rate is equal to 0 . 5µ(max) e. This oxygen concentration 

is the breakover point between the lower range, where µ is strongly 

(linearly) dependent on Co, and the higher range, where µ becomes 

independent of dissolved oxygen concentration (Bailey, 1980). Thus, for 

a highly dense biofilm (X = 200 mg/cm 3 ), Co= 0.22 Co*, and for a porous 

biofilm (X = 54 mg/cm 3 ), Co = 0.06 Co* (data for this manipulation is 

given in Table D. 1). These values of Co can now be utilized to calculate 

possible first order rate constants for oxygen uptake for use in the 

simplified model described in section 4. B. 

D. 1 . Case 1, No Product5.on 

Due to catabolite regulation, when glucose is in adequate supply to 

promote maximum growth rates, penicillin production is negligable. The 

specific growth rate described by equation (3) is related to the oxygen 

uptake rate by the equation 

µ x 
r = 

y 
X/ O 

(4) 

From the model developed in section 4 . B, the rate of oxygen uti I ization 

by the biofilm is described by 

r = k Co ( 5) 
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Table D. 1. Data set for the evaluation of the first 
order rate constant 

Kinetic Parameters of Bajpai and Ruess (1980): 

Symbol Value Units 

µ(max) 0.1 hr- 1 

Cs 10 mg substrate/cm3 

Co* 1.26 µmole o2;cm3 

Kox 1.11 x 10- 3 Co* µmole 0 ymg DCM 

Kop 3 x 10- 5 µmole o2/mg DCM 

Kx 0.006 mg substrate/cm3 

y 0.2 mg penicillin/µmole 
P/O 

y 0.04 mg DCM/µmole o2 
X/O 

Kinetic Parameters of Pirt and Righelato (1967) : 

02 

\/ 2.0 units penicillin/ mg DCM/hr 

x 200 mg DCM/cm 3 of biofilm 

Experimentally Determined Parameters : 

x 54 mg DCM/ cm 3 of biofilm 
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Therefore, by combining equations (3), (4) and (5), the expression for 

k, the first order kinetic rate constant, is given by 

k = 
µ(max) X 

y 
X/O 

Cs Co 

Kx X + Cs Kox X + Co 
( 6 ) 

Evaluation of equation (4) with the data in Table D.1 yields k values of 

800 and 860 hr- 1 for a dense and a porous biofilm, respectively. 

D. 2. Case 2, Product Production 

When glucose supply is sufficiently restricted such that the specific 

growth rate is between 0.014 and 0.086 hr- 1 , penicillin production will be 

at its maximum rate (i.e. v = 2.0 units of penicillin/mg DCW/hr) (Pirt & 

Rigellato, 1967). By equating equations (2) and (5) and solving for k, 

x 
k = + ( 7) 

Co 

Since the rate constant varies with µ, k was calculated at several growth 

rates. In particular, each extreme of the production range and one 

middle rate was tested. Evaluation of equation (6) with the data in Table 

D.1, yields k's ranging between 250 and 1500 hr- 1 for both dense and 

porous biofilms over the range of specific growth rates examined. 

D. 3 . Summary 

In conclusion, when the first order rate constant is computed 

according to the kinetic equations given above (Table D. 2), its value is 

independent of the cell concentration. For this reason, at a constant 
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Table D.2. Calculation of the first order rate constant 

X = 200 mg DCW/cm 3 

Co = 0.22 Co* 

µ k 

(hr-I ) (hr·') 

Case 1 .044 800 

Case 2 .014 2SO 

.OS 900 

.086 lSSO 

X = S4 mg DCW/cm 3 

Co = 0.06 Co* 

µ k 

(hr·I) (hr-I) 

.048 860 

.014 2SO 

.OS 890 

.083 1S30 
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growth rate, one set of k values can describe the situation at Co = (Kox 

X). However, when the biofilm is producing penicillin, it is experiencing 

many growth rates and therefore, multiple concentration profiles must be 

generated. The values selected for use in the model, 250 and 1500 hr- 1 , 

represent the range of possibile k values for the biofilm as described 

above. 



111 

Appencix E. Penicillin production profiles 

The pencillin production profiles given in the body of the report 

were often averages of multiple experiments. The purpose of this 

appendix is to give all of the pertinent experimental profiles, so that 

direct comparisons between runs can be made. 

Figure E.1 shows the 5 runs that yielded data for the lx-Prod curve. 

Figure E . 2 shows the l .5x-Prod experimental results. 

Figure E.3 shows the 4 runs that make up the 5x-Prod curve. 

Figure E.5 shows the 7.5x-Prod experiment. 

Figure E.6 through E.8 show the results of the 1.5x-10 g/I Defn, 

1. 5x-20 g/I Defn, and the 7. 5x-40 g/I Defn experiments, 

respectively. 

Figure E.9 shows the production profile for the 1.5x-2xCSL(f) Prod 

experiment. 
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