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ABSTRACT

The gasification of carbonaceous fuel materials offers significant potential for the production of
both energy and chemical products. Advancement of gasification technologies may be expedited
through the use of computational fluid dynamics, as virtual reactor design offers a low cost
method for system prototyping. To that end, a series of numerical studies were conducted to
identify a computational modeling strategy for the simulation of coal gasification in fluidized
bed reactors.
The efforts set forth by this work first involved the development of a validatable
hydrodynamic modeling strategy for the simulation of sand and coal fluidization. Those
fluidization models were then applied to systems at elevated temperatures and polydisperse
systems that featured a complex material injection geometry, for which no experimental data
exists. A method for establishing similitude between 2-D and 3-D multiphase systems that
feature non-symmetric material injection were then delineated and numerically tested.
Following the development of the hydrodynamic modeling strategy, simulations of coal
gasification were conducted using three different chemistry models. Simulated results were
compared to experimental outcomes in an effort to assess the validity of each gasification
chemistry model. The chemistry model that exhibited the highest degree of agreement with the
experimental findings was then further analyzed identify areas of potential improvement.
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Ryan Michael Soncini
GENERAL AUDIENCE ABSTRACT

Efficient utilization of coal is critical to ensuring stable domestic energy supplies while
mitigating human impact on climate change. This idea may be realized through the use of
gasification systems technologies. The design and planning of next-generation coal gasification
reactors can benefit from the use of computational simulations to reduce both development time
and cost. This treatise presents several studies where computational fluid dynamics was applied
to the problem of coal gasification in a bubbling fluidized bed reactor with focuses on accurate
tracking of solid material locations and modeling of chemical reactions.
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Chapter 1.

Introduction

“Education is what remains after one has forgotten everything he learned in school.”
– Albert Einstein

Advancement of gasification systems technologies offers significant potential for improved
efficiency and sustainability in the utilization of solid carbonaceous fuel materials such as coal,
petroleum coke, and renewable biomass feedstocks. The application of simulation-based, virtual
reactor design strategies may expedite the achievement of realizable enhancements to
gasification processes. The efforts presented in this treatise seek to progress the area of
computational reactor design as it pertains to the advancement of gasification systems.

1.1

Motivation

It is obligatory to begin any extensive work of this variety by addressing the exigent demand for
the efforts presented. In making a case for the study of gasification systems modeling, it is
necessary to provide arguments in favor of gasification as a general technology, and to establish
the need for accurate computational simulation strategies. To that end, this section addresses the
role carbonaceous fuel gasification can play in the continuously evolving markets of energy and
chemical production, while also demonstrating that computational fluid dynamics modeling is
invaluable to the design of successful gasification systems.
1

1.1.1 A Market for Gasification Technologies

Gasification is an attractive option for carbonaceous fuel utilization due to its many advantages
over traditional combustion systems; including improved emissions control, affinity toward
carbon capture, flexibility of compatible feedstocks, and enhanced process efficiency [1, 2]. The
U.S. Department of Energy (DOE) has acknowledged that gasification technologies show
promise in addressing the energy and chemical production needs of the future and have set fourth
research efforts toward the advancement of gasification systems [3].
The production of gas from coal has been studied since the early 1600s, leading to many
chemical and energy production technologies [4]. Presently, the world-wide production of
syngas by gasification is approximately 100 MW, with an additional 100 MW of production
capacity currently under construction [5]. Global production capacity is projected to exceed 250
MW by 2019. The majority of the production capacity, as well as the planned operations, reside
in Asia and Australia. Greater than half of the current global syngas production capacity is
derived from coal, with the majority of planned facilities intending to utilize coal as well.
Coal gasification shows potential to supplement chemical and energy production
demands; however, similar to all fossil fuels, coal utilization results in carbon dioxide pollution.
Co-feeding coal and biomass may off-set the carbon footprint of a gasification process.
Furthermore, the addition of biomass may help enhance the H2 content of the produced syngas.
The concept of synthesis gas tailoring has led to a current, DOE funded, investigation of
coal/biomass co-feeding in a catalytic fluidized bed for the production of optimal syngas,
undertaken collaboratively by Dr. Francine Battaglia at Virginia Tech, Dr. Michael T. Klein at
the University of Delaware, and Dr. Foster A. Agblevor at Utah State University. The present
work shown here is a contribution to that ongoing investigation.
2

1.1.2 Utilizing CFD for Chemical Reactor Design

Computational fluid dynamics (CFD) is a multidisciplinary field of study encompassing fluid
mechanics, numerical mathematics, and computer science. CFD involves the use of high
performance computing hardware to numerically approximate solutions to the equations believed
to govern fluid motion. The CFD design strategy has allowed scientists and engineers alike to
improve experimental planning and reduce development cost in the areas of aviation and
aeronautics. The fundamental utility of numerical simulation is to provide high fidelity,
quantitative results concerning the dynamics of a system whose complexity is such that the
postulated governing theories do not lend themselves to closed-form analytic solutions. This in
mind, it is the goal of CFD to reduce both development time and expense by replacing costly
iterative prototyping design strategies with equivalent numerical experiments that accurately
convey the dynamics of the physical system of interest.
Inherent to the CFD design strategy is the development of the mathematical models
believed to govern the physics of the system of interest. The postulates of mass, momentum, and
energy conservation provide the foundation on which an effective mathematical formulation can
be built. In the case of employing CFD for the design of chemical reactors, the model requires
the addition of species balance equations and kinetic rate expressions to convey the chemical
composition of the matter within the reactor and the rate at which the chemical reactions occur.
The use of accurate rate expressions is critical in the design of chemical processes as the
chemistry of the system can have significant impact on the performance and safety of the reactor.
Chemical production operations must be able to accurately predict a proposed facility’s yield of
the desired marketable product in order to assess the economic viability of the venture, and the
potential dangers of a process must be well understood to prevent accidental losses.
3

1.2

Review of Gasification Technologies

The study of gasification is multidisciplinary by nature, requiring a diverse background in
chemistry, heat transport, and fluid dynamics. The following section provides a basic overview
of gasification technologies.

1.2.1 Thermochemical Conversion of Carbonaceous Fuels

Thermochemical conversion of carbonaceous fuel utilizes heat energy to decompose and reform
the virgin feed material into useful products of varying phases. The overall process may be
separated into several steps. Figure 1 shows a schematic describing the basic process of
thermochemical conversion.

Upgrading
Liquids
Gasification

Carbonaceous Pyrolysis
Fuel

Solids

Useful
Products

Gases
Reforming
Figure 1: Roadmap of Thermochemical Conversion

The depiction given in Figure 1 is undoubtedly an oversimplification of the
thermochemical process as some steps may occur simultaneously depending on temperature,
heating rate, and atmospheric composition; however, the figure does provide an adequate
roadmap of the process which must be understood to investigate the process of gasification.
4

1.2.1.1 Pyrolysis
During the initial thermal treatment of a carbonaceous material, the virgin feed will
undergo a devolatilization, or destructive distillation, process yielding solid, liquid, and gaseous
products. The term pyrolysis may be used to describe the initial devolatilization process in an
oxidizing atmosphere or the entirety of a thermal treatment regimen if conducted in an inert
atmosphere [6-8].
The composition and distribution of macroscopic pyrolysis products vary with the
severity and duration of the thermal treatment. The solid product, referred to from here onward
as char, is comprised primarily of carbon with varying small amounts of other elemental, e.g.
oxygen, and inorganic, e.g. alkali metal, inclusions [9, 10]. Liquid and gaseous product
compositions depend heavily on the temperature and vapor residence times of the pyrolysis
process, as potentially condensable compounds may decompose to form permanent gases under
prolonged thermal exposure. This results in a liquid and gaseous composition spectrum of
various aliphatic, cyclic, and aromatic hydrocarbons, alongside phenols and alcohols [11-13].
The phasic product distribution is dependent upon temperature and heating rate with slow, low
temperature treatment favoring the production of char, rapid treatment at moderate temperatures
favoring liquids, and high temperature systems favoring the production of gases [9, 13].
As with the phasic product distributions and compositions, the structural characteristics
of the resulting char are dependent upon the pyrolysis conditions. Char porosity, internal surface
area, and pore size generally increase with increasing pyrolysis pressure [14, 15]. Similar trends
have been observed with increasing particle heating rate [16, 17]. Such characteristics and trends
are important as the morphology of the char material is known have an impact on its gasification
kinetics [18, 19].

5

1.2.1.2 Gasification
Gasification is the process of converting the organic fraction of a solid fuel material to
gases. Gasification conceptually differs from combustion in that the intent of gasification is for
the produced gas to maintain, to the highest extent possible, the enthalpy of combustion of the
solid fuel material [20]. Gasification may refer to the entire gas-producing process, including
pyrolysis, or simply the conversion of the pyrolytic solid, depending on the designation of the
fuel material. Because this work focuses on the utilization of a fuel material that has not
undergone prior thermal treatment, i.e. raw coal, gasification will refer to the reaction of char
with oxidizing agents other than diatomic oxygen. Reactions where diatomic oxygen is the
oxidant are referred to as combustion reactions. Equations (1.1) through (1.3) convey the
gasification reactions along with their corresponding enthalpies of reaction, ∆𝐻𝑟° . Equation (1.4)
shows the complete char combustion reaction.
𝐶 + 𝐻2 𝑂 → 𝐶𝑂 + 𝐻2

∆𝐻𝑟° = +131

𝑘𝐽⁄
𝑚𝑜𝑙

(1.1)

𝐶 + 𝐶𝑂2 → 2𝐶𝑂

∆𝐻𝑟° = +173

𝑘𝐽⁄
𝑚𝑜𝑙

(1.2)

𝐶 + 2𝐻2 → 𝐶𝐻4

∆𝐻𝑟° = −75

𝑘𝐽⁄
𝑚𝑜𝑙

(1.3)

∆𝐻𝑟° = −394

𝑘𝐽⁄
𝑚𝑜𝑙

(1.4)

𝐶 + 𝑂2 → 𝐶𝑂2

Equations (1.1), (1.2), and (1.3) are the steam, carbon dioxide, and methanation
gasification reactions respectively. Note that the steam and carbon dioxide gasification reactions
are fairly endothermic, with methanation being mildly exothermic. This highlights the necessity
of continuous thermal input to the system for gasification to occur. Diatomic oxygen may be fed
in addition to the gasifying agent to provide heat, or heat may be introduced by another source.

6

1.2.2 Multiphase Flow and Fluidization

The process of thermochemical conversion of solids fuels inherently involves the interaction of
solid particles and a gaseous fluid. Rudimentary distinction of gasifier design lies in the different
ways the solid fuel and gaseous oxidant may mechanically interact. To introduce the mechanics
of gas-particle flows, a thought experiment is borrowed from Dimitri Gidaspow’s book
Multiphase Flow and Fluidization [21]. Consider a tube whose axial coordinate is coincident to
the direction of gravity. The tube is partially filled with a granular solid, collectively referred to
as the bed. The bed is supported from beneath by a porous distributor plate, through which a
gaseous fluid flows. The described system is depicted in Figure 2.

Freeboard

Particle
Bed

Gas Flow
Figure 2: Fluid Bed System
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The impinging fluid imposes a force on the particles within the bed that is proportional to
the gas velocity, resulting in a pressure drop across the bed. There are effectively three distinct
states of such a system, each of which is characterized by the gas velocity. The first of these
states arises when the gas velocity is too low to generate a pressure drop capable of supporting
the weight of the bed. In this instance, the granular material will remain stationary, and the fluid
will flow through the bed as though it were a porous solid, referred to as a fixed bed.
If the gas velocity is increased to the point where the pressure drop is capable of
supporting the weight of the granular solid, the bed will begin to expand in height as the particles
exhibit motion induced by the force of the fluid. The bed will then have achieved what is referred
to as the fluidized state, where the particles are visibly under the influence of the gravity and
aerodynamic drag. The fluidized state is characterized by vigorous mixing of the solid material
and the particle bed, exhibiting behavior similar to that of a fluid. The gas velocity that initiates
the onset of fluidization is called the minimum fluidization velocity. Once the bed has achieved

Pressure Drop

bubbling fluidization, the pressure drop remains constant. This behavior is shown in Figure 3.

Minimum
Fluidization
Velocity

Gas Velocity
Figure 3: Fluidization Pressure Drop
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The last possible state of the system occurs when the gas velocity is large enough to
generate aerodynamic drag much greater than the force of gravity. This results in the particles
being pneumatically transported with the fluid and is referred to as entrained flow.
These three states of the gas-particle system typify the three basic categories of
gasification reactors: fixed bed, fluidized bed, and entrained flow [22]. While many of the
modeling techniques presented in this work are applicable to all of the reactor configurations,
they are only computationally applied to fluidized bed systems. Therefore, this treatise will only
include a detailed discussion of fluidized bed gasifiers. For a comprehensive dialogue of fixed
bed and entrained flow gasifiers, the reader is referred elsewhere [20, 22].

1.2.3 Fluidized Bed Gasifiers

Fluidized bed reactors are renowned for their ability to thoroughly mix solids, achieve high rates
of heat transfer, and maintain a stable bed temperature [21]. These qualities are desirable in a
gasification system as the thermal condition of the reactor affects the composition of the gaseous
products. Fluidized bed gasifiers can accommodate a variety of pressures to cater to downstream
processes or gaseous compositions and are typically operated at moderate temperatures (800 –
1000 °C) [10, 22, 23]. This temperature range is utilized to provide adequate carbon conversion
rates while remaining below the ash softening point [20]. Softened or molten ash is referred to as
slag. While some slagging fluidized bed configurations have shown success, ash softening is
typically avoided as it may lead to particle agglomeration followed by defluidization.
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1.3

Investigation Objectives

The goal of this effort is to provide a comprehensive review and characterization of coal
gasification modeling strategies to enable informed reactor design decisions. This study seeks to
quantitatively assess the suitability of several hydrodynamic and chemistry modeling strategies
at various operating conditions with an eye toward development of an experimentally validatable
computational model. Specific contributions to the field of gasification systems include methods
for establishing similitude between 2-D and 3-D simulations for both system hydrodynamics and
chemical kinetics. Furthermore, recommendations for improved accuracy of reduced-order
kinetic modeling strategies are presented.

1.4

Structure of this Dissertation

The previous sections have provided justification for advanced study in gasification
technologies, as well as the necessary material to understand thermochemical conversion
processes. Chapter 2 presents a review of fluidized bed gasification computational studies with
specific focus on their choice of solids phase handling and chemistry modeling techniques. The
simulations presented in this work are conducted using an Eulerian-Eulerian approach, the theory
and numerical formulation for which is shown in Chapter 3. Hydrodynamic validation of the
computational model with experimental results, followed by extension of the model to realistic
gasification operating conditions is discussed in Chapter 4. Chapter 5 contains an assessment and
comparison of chemical kinetic models with experimental results. Lastly, Chapter 6 presents a
brief summation of Chapters 4 and 5 along with recommendations for future research.
10

Chapter 2.

Literature Review

“If I have seen further than others, it is by standing upon the shoulders of giants”
– Isaac Newton

Inspection of the literature with regard to computational simulation of fluidized bed gasification
reveals a lack of diverse operating conditions due, in part, to the limited number of CFD studies
available. While a significant number of studies concerning the simulation of fluidization
hydrodynamics have been published, not much has been accomplished in the area of fluidized
bed gasification simulation. This chapter presents a review of contemporary academic literature
concerning the use of CFD for the simulation of fluidized bed gasification systems.

2.1

Mathematical Modeling of Fluidized Beds

2.1.1 Fluidization Theory

As delineated in the previous chapter, the fluidized state is characterized by the ability of the
impinging fluid to support the weight of the bed such that the solid granular material behaves
like a fluid. The pressure drop generated across the particle bed is an important feature of
fluidization, as profiles of pressure drop against inlet velocity serve as the primary indicator of
the transition from a fixed bed to a fluid bed. In the fixed bed regime, the pressure drop will
11

increase as the velocity is increased. Once the system has achieved bubbling fluidization, the
pressure drop will remain constant. This constant pressure drop is proportional to the mass of the
bed material as indicated by Equation (1.5), where ∆𝑃 is the post-fluidization pressure drop, 𝑚 is
the mass of the bed, 𝐴 is the cross-sectional area of the fluidization vessel normal to the direction
of flow, and 𝑔 is the gravitational acceleration.
∆𝑃 =

𝑚𝑔
𝐴

(1.5)

Theoretical prediction of the minimum fluidization velocity is frequently accomplished
using the Ergun equation [24], shown by Equation (1.6). Here, 𝑈𝑚𝑓 denotes the minimum
fluidization velocity, 𝜓 is the particle sphericity, 𝑑̅𝑝 is the mean particle diameter, 𝜌𝑠 is the
particle density, 𝜌𝑔 is the gas density, 𝜀 ∗ is the packed bed void fraction, and 𝜇𝑔 is the gas
viscosity.
𝑈𝑚𝑓

2
(𝜓𝑑̅𝑝 ) (𝜌𝑠 − 𝜌𝑔 )𝑔(𝜀 ∗ )3
=
150𝜇𝑔 (1 − 𝜀 ∗ )

(1.6)

Particle characteristics can significantly impact fluidization behavior. This observation is
best described by Geldart’s classification of granular solids [25], which delineates the effect
particle size and density have on the fluidization characteristics of gas-solids systems and
proceeds to group particles by behavior. Group A particles are referred to as aeratable, as they
exhibit significant bed expansion prior to the formation of bubbles. They are typified by low
particle densities (< 1.4 g/ml) and small particles diameters. Group B particles are characterized
as having moderate particle densities (1.4-4.0 g/ml) and diameters (40-500μm) and exhibit
bubble formation immediately upon fluidization. Group C particles are referred to as cohesive, as
they tend to display plug-flow behavior rather than fluidization. Finally, Group D particles are
typified by large particle diameters and manifest spouting and channeling fluidization behavior.
12

2.1.2 Modeling Approaches and Methods

2.1.2.1 Formulation and Phase Coupling
The two prevailing approaches toward the mathematical modeling of multiphase flow
systems are the Eulerian-Eulerian, or multi-fluid, model [26, 27] and the Eulerian-Lagrangian, or
discrete element, model [28]. Fundamental distinction between these two approaches involves
the handling of phase coupling. The multi-fluid model treats the fluid and solids phases as
interpenetrating continua, whereas the discrete element method utilizes a continuum formulation
for the gas phase while applying a Lagrangain framework toward the tracking of discrete solids
particles.

2.1.2.2 Modeling of Aerodynamic Drag
The prediction of aerodynamic drag is critical to the accuracy of any gas-solids modeling
strategy. Several studies providing comparative assessments of existing drag models were
identified by this review [29-31]. Estejab and Battaglia [29] performed 2-dimensional, multifluid simulations of coal-biomass mixtures with Geldart A particles and validated their results for
pressure drop and bed expansion with experimental findings. Estejab and Battaglia found the
Huilin-Gidaspow drag model provided the best validation among the tested models. Du et al.
[30] performed multi-fluid simulations of Geldart D particles in a spouted fluid bed. They
reported that the Gidaspow drag model provided the best validation when compared to
experimental voidage profiles and particle velocity profiles. Taghipour et al. [31] applied the
Syamlal-O’Brian, Gidaspow, and Wen-Yu drag models to simulations of bubbling Geldart B
particles and compared the results to experimental findings. They demonstrated that all three
models were capable of accurately predicting pressure drop and bed expansion.
13

2.1.2.3 Adjustment for Non-Uniform Inlet Conditions
Fluidization vessels contain a device called a distributor plate which is designed to
distribute the gas across the vessel inlet [32]. These devices are typically plates perforated with
holes that allow the flowing gas to enter the fluidization region. In some systems, granular
material may rest between the perforated holes, causing small amounts of the granular media to
not fluidize. These regions of non-fluidized material are referred to as dead-zones. Reconciliation
of the discrete nature of real-world distributor plates with the uniform inlet boundary conditions
typically applied to fluidization simulations is crucial to achieving accurate results for bed
expansion and pressure drop.
Kanholy et al. [33] demonstrated the need for a parameter adjustment strategy to account
for the non-uniform inlet condition of experimental fluidization apparatuses and derived a
procedure that reconciles experiments and simulations. In Kanholy et al., the authors delineate a
procedure where the bed mass is adjusted using the experimental post-fluidization pressure drop
and Equation (1.5), and the packed bed void fraction is adjusted using the experimental
minimum fluidization velocity and solving Equation (1.6) for 𝜀 ∗ .

2.2

Numerical Studies of Fluidized Bed Gasification

The literature concerning CFD simulation fluidized bed gasification may be sub-divided
according to the hydrodynamic modeling technique, i.e. Eulerian-Eulerian or EulerianLagrangian, the fluidization regime, and the nature of the fuel. In this review, studies utilizing
biomass and coal as feed material are considered. Both bubbling fluidized bed and circulating
fluidized bed investigations are included.
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2.2.1 Eulerian-Eulerian Bubbling Fluidized Bed Studies

The contemporary Eulerian-Eulerian CFD studies of bubbling fluidized bed coal gasification
located for this review [34-39] all share the same basic operating conditions and validation data
[40]. Ocampo et al. [40] conducted gasification experiments of a Colombian coal at 812-872 °C
under a steam and air atmosphere of varying composition. The reactor was initially filled with a
small bed of limestone. During the experiment, coal and limestone were fed into the reactor
through a side injection inlet. The study reports gaseous effluent compositions for several
differing atmospheres and feed rates.
The study by Armstrong et al. [34] attempted to capture the effect of limestone
calcination on the coal gasification process. Simulations were conducted at 812 and 855 °C in an
air and steam atmosphere. A kinetic-diffusion type model was used for the reaction of char with
oxygen, while first-order Arrhenius rate equations were employed for the gasification reactions.
The inclusion of calcination did little to improve the agreement in effluent gas mole fractions
between the simulations and experiments. Relative errors in gas mole fraction range from 4-97%,
with the highest errors being attributed to small CH4 concentrations in the experimental effluent.
If methane is excluded from consideration, then the relative errors range from 4-52%. The
simulations consistently under-predict CO2 and H2 production while over-predicting CO
production, leading to 38-40% relative error in the prediction of the H2/CO ratio, an important
metric in the consideration of downstream processes. The author attributes discrepancies in gas
mole fraction to the use of char and limestone as an initial bed material and the occurrence of
water-gas shift (WGS) in the freeboard.
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These same authors then conducted a parametric study [35] that included WGS in the
homogeneous gas reaction model while utilizing the same heterogeneous reaction model from
their previous investigation [34]. In this study four simulations were conducted under various
operating conditions consistent with the Ocampo experiments. The resulting gas effluent values
showed consistent under-prediction in CO, CO2, H2, and CH4 concentrations. Relative errors
ranged from 20-99%, with the highest again being attributed to small amounts of CH4 in the
effluent gas. If methane is excluded from consideration, the relative errors range from 20-56%.
Cornejo and Farias [36] developed a mathematical model to describe coal gasification.
They utilized the Kinetic Diffusion Surface Reaction Model [41, 42] for the rates of combustion,
CO2 gasification, and H2O gasification. The methanation reaction was not included in their
model. The reported gas compositions show prediction accuracy varying with reactor operating
condition. Effluent compositions are reported as figures.
Esmaili et al. [37] conducted six simulations at temperatures ranging from 812-866 °C
under varying air/steam feed rates. They employed nth order Arrhenius kinetics for all
gasification reactions. The CO2 gasification rate equation was 0.31 order, and the steam
gasification reaction was 0.73 order. Average relative errors for relevant gas mole fractions
ranging from 9-14% were reported.
The study by Wang et al. [38] conducted 3-D computational simulations of the Ocampo
reactor. This study used kinetic-diffusion type models with Arrhenius intrinsic kinetic rates for
all oxidizing agents. The rate expressions were first order in oxidant partial pressure. The study
consistently under-predicted CO and CH4 production while over-predicting CO2 and H2. This
type of prediction error drastically affects the H2/CO ratio as the predictions show a ratio greater
than one while the experiments show a ratio less than one.
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The last Eulerian-Eulerian coal study reviewed is that of Yu et al. [39]. Six simulations
were conducted at various operating conditions consistent to those used in the Ocampo
experiments. This study employed a kinetic-diffusion type rate equation for all of the char-gas
reactions and utilized Arrhenius-type expressions for intrinsic chemical kinetics rates. While it is
difficult to see from the figures reported, it appears that the simulations consistently over-predict
H2 production while under-predicting CO.
Three Eulerian-Eulerian CFD studies of biomass gasification in bubbling fluidized beds
were identified for this review [43-45]. Gerber et al. [43] performed 2-D simulations of a
laboratory scale, air-fed wood gasifier using char as a bed material. The combustion reaction was
modeled using a kinetic-diffusion type expression, while the gasification reactions were modeled
by 1st order Arrhenius power law rate equations. Validation data came from in-house
experiments. Relative errors in effluent gas composition varied from 7-80% with the high
associated with methane. If methane were excluded, the range reduces to 7-30%.
The study by Silva et al. [44] investigated gasification of three Portuguese biomasses in
an air fed bubbling fluidized bed reactor at 790 and 815 °C. Experimental and simulated gas
effluent values were reported for one of these fuels at three operating conditions. The resulting
figures showed little consistency in the quality of gas effluent prediction across operating
conditions. The low temperature simulations under-predicted H2 production by approximately 3
mole percent while the high temperature simulation over-predicted H2 production by about 3
mole percent, as well. CO production was consistently under-predicted by about 3 mole percent.
The study by Xue and Fox [45] presented a biomass gasification modeling strategy
utilizing a variable fuel density. This study employed a modified Arrhenius for all heterogeneous
reaction rates. The investigation presented no validation.
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2.2.2 Eulerian-Eulerian Circulating Fluidized Bed Studies

Two Eulerian-Eulerian circulating fluidized bed (CFB) studies were identified for this review
[46, 47]. The study by Liu et al. [46] simulated the gasification of biomass in an air atmosphere.
This study employed a kinetic-diffusion type model in all heterogeneous char reactions. The
peak reactor temperature is approximately 1000 °C. The results were validated against the
experimental findings of Garcia-Ibanez et al. [48]. Comparisons of the gaseous effluent were
reported as a figure, making it difficult to assess the quality of the simulation result. Furthermore,
the choice to use only air as the oxidant makes combustion the primary mode of char conversion,
thus limiting the applicability of such a model to actual gasification systems.
The study by Zhang et al. [47] simulated coal gasification in a CFB reactor at 1100 to
1200 K under an air/steam atmosphere. This investigation utilized the MGAS model [49] in all
reactions. Gas compositions were validated against in-house experimental data. The reported
comparison figure showed over-prediction of CO and CO2 and CH4. The concentration of H2 is
under-predicted.

2.2.3 Eulerian-Lagrangian Studies

Five Eulerian-Lagrangian CFD studies are considered in this review [50-54]. The study by
Gräbner et al. [50] computationally investigated the gasification of coal in a High-Temperature
Winkler gasifier under a steam and oxygen atmosphere at 33 bar. The study employed a kineticdiffusion type model with an Arrhenius chemical term for char consumption, though the
considered oxidizing species were not reported. This study provided no validation of its results.
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The computational investigation of Ku et al. [51] studied the gasification behavior of
biomass in a steam atmosphere at 820, 870 and 920 °C. This effort used a kinetic-diffusion type
model with a modified Arrhenius chemical term. Effluent gas compositions were validated
against the experimental findings of Song et al. [55] The validation was reported as a set of
figures. Absolute deviations in relevant gas mole percent appear to not exceed 10%.
Loha et al. [52] simulated the air/steam gasification of rice husk in a bubbling fluidized
bed at 800 °C. This study employed first-order Arrhenius kinetics in combustion and LangmuirHinshelwood type expressions for steam and CO2 gasification. Gaseous effluent compositions
were validated against an experimental study by the same research group [56]. Graphical
comparisons were presented for all tested operating conditions. The figures showed good
agreement between the simulations and experiments. Numerical comparison was reported for
one of the tested operating conditions. The numerical results showed relative errors of 12, 0, 13,
and 34% in H2, CO, CO2, and CH4 production, respectively.
The study by Oevermann [53] investigated bubbling fluidized bed gasification of wood in
air at approximately 700 °C. This study used Arrhenius rate equations in combustion and CO2
gasification while employing a Langmuir-Hinshelwood expression for steam gasification. The
resulting gas compositions were validated against in-house experimental data. Agreement is
difficult to assess, as the simulated fuel feed rates were one twentieth to one-tenth of that used in
the experimental measurement. Effluent results from the feed rate that matched the fuel to air
ratio exhibited 9-46% relative error in relevant gas concentrations.
Lastly, Xie et al. [54] simulated bubbling fluidized bed gasification of coal in air and
steam at 822, 841, and 866 °C. First-order modified Arrhenius expressions were used for all
heterogeneous char reaction rate equations. Gaseous effluent was validated against the
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experimental data of Ocampo [40]. Comparisons are presented as figures. The figures showed
consistent under-prediction of CO2 and H2 with over-prediction of CO and CH4.

2.3

Summary

A review of fluidized bed modeling strategies revealed important considerations regarding
aerodynamic drag models and modeling considerations for non-uniform inlet conditions. The
Huilin-Gidaspow drag model was shown effective for both systems of Geldart A and B particles.
Also, a procedure to reconcile uniform inlet simulation boundaries and non-uniform
experimental distributor plates was identified for use in this work.
Review of the scientific literature concerning CFD simulation of fluidized bed
gasification has revealed a multitude of chemistry rate equation permutations. The bulk of these
investigations were conducted at temperatures of 700 to 900 °C using air as the sole oxidant or a
mixture of air and steam. All of the reviewed studies attempted to model gasification of a virgin
feed material. Some authors utilized kinetic-diffusion type models for all of the char-gas
reactions, while others only applied diffusional models to char combustion. Intrinsic chemical
rates are typically modeled using Arrhenius-type expressions with a small minority choosing to
employ Langmuir-Hinshelwood relations. Studies that do not apply diffusion theories to the
gasification reactions typically assume a power law rate equation of first-order with only one
investigation utilizing effective fractional orders. This level of variability in the chemical kinetic
models, considering the narrow range of operating conditions used, warrants investigation of the
efficacy of various chemical modeling techniques.
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Chapter 3.

Multiphysics Modeling of Fluidized Bed Chemical Reactors

“Young man in mathematics you don’t understand things, you just get used to them”
– John von Neumann

The simulations presented in this work were performed using the Multiphase Flow with
Interphase eXchanges (MFiX) software package, which is developed and maintained by the U.S.
Department of Energy at the National Energy Technology Laboratory (NETL). This chapter
introduces the theoretical formulation of the multiphase governing equations, as well as the
numerical methods invoked by MFiX for their approximate solution [57, 58].

3.1

Governing Equations

The Eulerian-Eulerian framework, on which the MFiX multi-fluid model is based, treats
individual phases as interpenetrating continua. Point variables are volume-averaged over a region
that is sufficiently large compared to the spacing of the disperse phases, yet small when
contrasted to the totality of the flow domain. The development of the multiphase governing
equations requires the definition of phasic volume fractions to represent the proportion of the
averaging volume occupied by each phase. Because this work is concerned solely with gas-solids
flows, 𝜀𝑔 is used to denote the fraction of the volume occupied by the gas phase and 𝜀𝑠,𝑚 is used
to represent the fraction of the volume occupied by the 𝑚𝑡ℎ solids phase.
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Definition of the phasic volume fractions facilitates the development of mathematical
formulations pertaining to the various conservation postulates with regard to chemically reacting,
multiphase systems, i.e. mass, momentum, energy, granular energy, and species conservation.
General formulae of these postulates are presented in this section. Constitutive relations
necessary for closure of the resulting system are presented in the following section.
Equations (3.1) and (3.2) convey the postulate of mass conservation with regard to the
̅ is the
gas and solids phases, respectively. Here, 𝜌 denotes the microscopic material density, 𝒖
velocity vector, 𝑁 is the number of chemical species comprising the phase of interest, and 𝑅𝑛
represents the rate of creation or destruction of chemical species 𝑛 within the phase of interest.
𝑁𝑔

𝜕
̅𝑔 ) = ∑ 𝑅𝑔,𝑛
(𝜀 𝜌 ) + ∇ ∙ (𝜀𝑔 𝜌𝑔 𝒖
𝜕𝑡 𝑔 𝑔

(3.1)

𝑛=1

𝑁𝑠,𝑚

𝜕
̅ 𝑠,𝑚 ) = ∑ 𝑅𝑠,𝑚,𝑛
(𝜀 𝜌 ) + ∇ ∙ (𝜀𝑠,𝑚 𝜌𝑠,𝑚 𝒖
𝜕𝑡 𝑠,𝑚 𝑠,𝑚

(3.2)

𝑛=1

Equations (3.3) and (3.4) communicate linear momentum conservation with regard to the
̅ is
gas and solids phases respectively. Here, 𝝈
̿ denotes the stress tensor of the phase of interest, 𝒈
the gravitational force, and 𝑰̅ denotes the interphase interaction forces. Gas-particle interactions,
denoted by 𝑰̅𝑔,𝑚 , account for aerodynamic drag, buoyancy, and momentum transfer by means of
mass transfer.
𝑀

𝜕
̅ ) + ∇ ∙ (𝜀𝑔 𝜌𝑔 𝒖
̅𝑔 𝒖
̅𝑔 ) = ∇ ∙ 𝝈
̅ − ∑ 𝑰̅𝑔,𝑚
(𝜀 𝜌 𝒖
̿𝑔 + 𝜀𝑔 𝜌𝑔 𝒈
𝜕𝑡 𝑔 𝑔 𝑔

(3.3)

𝑚=1

𝜕
̅ ) + ∇ ∙ (𝜀𝑠,𝑚 𝜌𝑠,𝑚 𝒖
̅ 𝑠,𝑚 𝒖
̅ 𝑠,𝑚 )
(𝜀 𝜌 𝒖
𝜕𝑡 𝑠,𝑚 𝑠,𝑚 𝑠,𝑚
̅ + 𝑰̅𝑔,𝑚
=∇∙𝝈
̿ 𝑠,𝑚 + 𝜀𝑠,𝑚 𝜌𝑠,𝑚 𝒈

𝑀

∑
𝑚=1,𝑚≠𝑙
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𝑰̅𝑚,𝑙

(3.4)

Equations (3.5) and (3.6) present the postulate of energy conservation in terms of
enthalpy. Here, 𝑇 denotes the thermodynamic temperature, 𝑐 is the constant-pressure heat
̅ denotes the flux vector, 𝐻𝑔,𝑚 represents gas-solids interphase
capacity of the phase of interest, 𝒒
enthalpy transfer, and ∆𝐻 denotes the enthalpy of reaction. These formulations of energy
conservation assume that changes in internal energy resulting from viscous dissipation or
compression are negligible, and that solid-solids interphase enthalpy transport is also negligible.
𝑀

𝜕𝑇𝑔
̅𝑔 ∙ ∇𝑇𝑔 ) = −∇ ∙ 𝒒
̅𝑔 − ∑ 𝐻𝑔,𝑚 − ∆𝐻𝑔
𝜀𝑔 𝜌𝑔 𝑐𝑔 (
+𝒖
𝜕𝑡

(3.5)

𝑚=1

𝑀

𝜕𝑇𝑠,𝑚
̅ 𝑠,𝑚 ∙ ∇𝑇𝑠,𝑚 ) = −∇ ∙ 𝒒
̅𝑠,𝑚 + ∑ 𝐻𝑔,𝑚 − ∆𝐻𝑠,𝑚
𝜀𝑠,𝑚 𝜌𝑠,𝑚 𝑐𝑠,𝑚 (
+𝒖
𝜕𝑡

(3.6)

𝑚=1

Equation (3.7) conveys the postulate of granular energy conservation in terms of the
granular temperature where 𝛩 denotes the granular temperature, 𝛾𝛩 represents the dissipation of
̅𝛩 is the granular energy flux, and 𝜑 represents interphase
granular energy by particle collisions, 𝒒
granular energy transfer.
3 𝜕
̅ 𝑠,𝑚 )]
[ (𝜀 𝜌 𝛩 ) + ∇ ∙ (𝜀𝑠,𝑚 𝜌𝑠,𝑚 𝛩𝑠,𝑚 𝒖
2 𝜕𝑡 𝑠,𝑚 𝑠,𝑚 𝑠,𝑚
̅ 𝑠,𝑚 − ∇𝒒
̅𝛩,𝑚 − 𝛾𝛩,𝑚 + 𝜑𝑔,𝑚 +
= [𝝈
̿ 𝑠,𝑚 : ∇𝒖

𝑀

∑

(3.7)
𝜑𝑚,𝑙 ]

𝑚=1,𝑚≠𝑙

Finally, Equations (3.8) and (3.9) express the postulate of chemical species conservation
in terms of the phasic species mass fractions, denoted by 𝑌.
𝜕
̅𝑔 ) = 𝑅𝑔,𝑛
(𝜀 𝜌 𝑌 ) + ∇ ∙ (𝜀𝑔 𝜌𝑔 𝑌𝑔,𝑛 𝒖
𝜕𝑡 𝑔 𝑔 𝑔,𝑛

(3.8)

𝜕
̅𝑔 ) = 𝑅𝑠,𝑚,𝑛
(𝜀 𝜌 𝑌
) + ∇ ∙ (𝜀𝑠,𝑚 𝜌𝑠,𝑚 𝑌𝑠,𝑚,𝑛 𝒖
𝜕𝑡 𝑠,𝑚 𝑠,𝑚 𝑠,𝑚,𝑛

(3.9)
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3.2

Constitutive Relations

3.2.1 Equation of State

The gas phase is assumed to behave as a Maxwell-Boltzmann gas, justifying the use of the ideal
gas equation of state toward the determination of the gas microscopic material density. This
relation is shown in Equation (3.10) where 𝑃𝑔 denotes the gas pressure, 𝑀𝑊𝑔 is the average
molecular weight of the gas, and 𝑅𝑢 is the universal gas constant.
𝜌𝑔 =

𝑃𝑔 𝑀𝑊𝑔
𝑅𝑢 𝑇𝑔

(3.10)

3.2.2 Formulation of Phasic Stress Tensors

It is assumed that the fluid phase obeys Newton’s law of viscosity, allowing the fluid stress
tensor to be written as Equation (3.11). In this equation, 𝑃𝑔 denotes the gas pressure, 𝑰̿ is the
identity tensor, and 𝝉̿𝑔 denotes the gas phase viscous stress tensor.
𝝈
̿𝑔 = 𝑃𝑔 𝑰̿ + 𝝉̿𝑔

(3.11)

̿ 𝑔 , the fluid
The viscous stress tensor is defined in terms of the strain rate tensor, 𝑫
viscosity, 𝜇𝑔 , and the second coefficient of viscosity, 𝜆𝑔 . Equations (3.12) and (3.13) describe
the viscous stress tensor and the strain rate tensor, respectively.
̿ 𝑔 + 𝜀𝑔 𝜆𝑔 𝑡𝑟(𝑫
̿ 𝑔 )𝑰̿
𝝉̿𝑔 = 2𝜀𝑔 𝜇𝑔 𝑫
̿𝑔 =
𝑫

1
𝑇
̅𝑔 + (∇𝒖
̅𝑔 ) ]
[∇𝒖
2
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(3.12)
(3.13)

Definition of the solids stress tensor requires understanding of the nature of granular
flows, which demonstrate differing physics depending on the particle dispersion. If the particles
are densely packed, they will exhibit slow shearing and the dominant mode of momentum
transfer will be contact friction. This type of slow shearing flow regime is referred to as plastic
granular flow. On the contrary, if the particles are more dispersedly distributed, they will
manifest rapid shearing, and the dominant mode of momentum transfer will be particle-particle
collisions. Collision dominated particle flows are referred to as viscous granular flows. MFiX
employs a technique attempting to capture both behaviors by utilizing applicable plastic flow
theory when the gas volume fraction is below a specified threshold, i.e. the bed is densely
packed, and applying viscous flow theory when the gas volume fraction is above that same
threshold. Equation (3.14) demonstrates the method. Here, 𝑃𝑠,𝑚 is the solids pressure, 𝝉̿𝑠,𝑚 is the
solids viscous stress tensor, and 𝜀𝑔∗ is the gas volume fraction at minimum fluidization.
𝝈
̿ 𝑠,𝑚

𝑝 ̿
−𝑃𝑠,𝑚
𝑰 + 𝝉̿𝑝𝑠,𝑚 𝑖𝑓 𝜀𝑔 ≤ 𝜀𝑔∗
={ 𝑣
−𝑃𝑠,𝑚 𝑰̿ + 𝝉̿𝑣𝑠,𝑚 𝑖𝑓 𝜀𝑔 > 𝜀𝑔∗

(3.14)

Inspection of Equation (3.14) reveals its susceptibility to solids stress discontinuity for
systems that undergo transitions in granular flow regime, such as bubbling fluidized beds. This
discontinuous behavior in frictional stress modeling may hinder numerical convergence and
reduce model accuracy. MFiX seeks to rectify the solids stress discontinuity issue through use of
a dispersion weighted blending function that melds plastic and viscous theories for regions where
the void fraction is near critical packing. The blending domain is defined as [0.99𝜀𝑔∗ , 1.01𝜀𝑔∗ ] and
the blending function is given by Equation (3.15).
𝜙𝑏𝑙𝑒𝑛𝑑 (𝜀𝑔 ) =

2𝜋(𝜀𝑔 − 𝜀𝑔∗ )
1
[𝑡𝑎𝑛ℎ (
) + 1]
2
0.02𝜀𝑔∗
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(3.15)

Equation (3.15) is applied to calculations of solids shear viscosity and solids pressure in
accordance with Equation (3.16), where 𝛼 denotes the quantity of interest.
𝛼 = 𝛼 𝑣 𝜙𝑏𝑙𝑒𝑛𝑑 + 𝛼 𝑝 (1 − 𝜙𝑏𝑙𝑒𝑛𝑑 ) 𝑓𝑜𝑟 𝜀𝑔 < 1.01𝜀𝑔∗

(3.16)

The viscous theory utilized by MFiX is an extension of that proposed by Lun et al [59].
Definitions for the viscous solids pressure and viscous stress tensor are given in Equations (3.17)
𝑣
̿ 𝑠,𝑚
and (3.18). Here, 𝜇𝑠,𝑚
is the shear viscosity, 𝜆𝑣𝑠,𝑚 is the second coefficient of viscosity, and 𝑫

is the strain rate tensor. Equations (3.19) through (3.21) show formulae for these quantities.
𝑣
2
𝑃𝑠,𝑚
= 𝐾1,𝑚 𝜀𝑠,𝑚
𝛩𝑚

(3.17)

𝑣 ̿
̿ 𝑠,𝑚 )𝑰̿
𝝉̿𝑣𝑠,𝑚 = 2𝜇𝑠,𝑚
𝑫𝑠,𝑚 + 𝜆𝑣𝑠,𝑚 𝑡𝑟(𝑫

(3.18)

𝜆𝑣𝑠,𝑚 = 𝐾2,𝑚 𝜀𝑠,𝑚 √𝛩𝑚

(3.19)

𝑣
𝜇𝑠,𝑚
= 𝐾3,𝑚 𝜀𝑠,𝑚 √𝛩𝑚

(3.20)

̿ 𝑠,𝑚 =
𝑫

1
𝑇
̅ 𝑠,𝑚 + (∇𝒖
̅ 𝑠,𝑚 ) ]
[∇𝒖
2

(3.21)

The constants 𝐾1,𝑚 through 𝐾3,𝑚 are defined in Equations (3.22) through (3.24). These
are functions of the coefficient of restitution for particle-particle collisions, 𝑒𝑚,𝑚 , the particle
density, 𝜌𝑠,𝑚 , the radial distribution function, 𝑔0,𝑚,𝑚 , and the particle diameter, 𝑑𝑝,𝑚 . The form
of the radial distribution function is described later in this section.
𝐾1,𝑚 = 2(1 + 𝑒𝑚,𝑚 )𝜌𝑠,𝑚 𝑔0,𝑚,𝑚
𝐾2,𝑚 =

𝐾3,𝑚 =

4𝑑𝑝,𝑚 𝜌𝑠,𝑚 (1 + 𝑒𝑚,𝑚 )𝜀𝑠,𝑚 𝑔0,𝑚,𝑚
3 √𝜋

(3.22)
2
− 𝐾3,𝑚
3

𝑑𝑝,𝑚 𝜌𝑠,𝑚
√𝜋
{
[1 + 0.4(1 + 𝑒𝑚,𝑚 )(3𝑒𝑚,𝑚 − 1)𝜀𝑠,𝑚 𝑔0,𝑚,𝑚 ]
2
3(3 − 𝑒𝑚,𝑚 )
8𝜀𝑠,𝑚 𝑔0,𝑚,𝑚 (1 + 𝑒𝑚,𝑚 )
+
}
5√𝜋

26

(3.23)

(3.24)

In the case of plastic granular flow, MFiX employs a solids pressure function that allows
limited solids compressibility, which is typical for plastic granular flows [60]. The definition of
plastic solids pressure is given by Equation (3.25), with the form of 𝑃∗ shown in Equation (3.26).
𝑝
𝑃𝑠,𝑚
= 𝜀𝑠,𝑚 𝑃∗

(3.25)
10

𝑃∗ = 1025 (𝜀𝑔∗ − 𝜀𝑔 )

(3.26)

The definition of the viscous stress tensor for the plastic regime is that of Schaeffer [61],
which is shown in Equation (3.27). Equation (3.28) defines the plastic shear viscosity, where 𝜙
denotes the angle of internal friction and 𝐼2𝐷 is the second invariant of the deviator of the strain
rate tensor.
𝑝 ̿
𝝉̿𝑝𝑠,𝑚 = 2𝜇𝑠,𝑚
𝑫𝑠,𝑚
𝑝
𝜇𝑠,𝑚

=

𝑃∗ 𝑠𝑖𝑛(𝜙)
2√𝐼2𝐷

(3.27)
(3.28)

3.2.3 Interphase Momentum Transfer

Gas-solids interaction forces, 𝑰̅𝑔,𝑚 , are calculated using the model shown by Equation (3.29),
which accounts for aerodynamic drag, buoyancy, and momentum transfer by means of
interphase mass transfer. Here, 𝐹𝑔,𝑚 is the coefficient of drag and 𝑅𝑔,𝑚 is the rate of gas-solids
interphase mass transfer. Sign conventions are enforced by 𝜉𝑔,𝑚 and 𝜉′𝑔,𝑚 , which are defined by
Equation (3.30).
̅ 𝑠,𝑚 − 𝒖
̅𝑔 ) + 𝑅𝑔,𝑚 (𝜉𝑔,𝑚 𝒖
̅ 𝑠,𝑚 + 𝜉′𝑔,𝑚 𝒖
̅𝑔 )
𝑰̅𝑔,𝑚 = −𝜀𝑠,𝑚 ∇𝑃𝑔 − 𝐹𝑔,𝑚 (𝒖
𝜉𝑔,𝑚 = {

1 𝑓𝑜𝑟 𝑅𝑔,𝑚 < 0
; 𝜉′𝑔,𝑚 = 1 − 𝜉𝑔,𝑚
0 𝑓𝑜𝑟 𝑅𝑔,𝑚 ≥ 0
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(3.29)
(3.30)

While MFiX allows for the use of a wide variety of gas-solids drag models, the relation
employed by this work is the Gidaspow-Huilin model [62]. This model is an extension of the
Gidaspow model [63], a potentially discontinuous piecewise combination of the Ergun model,
Equation (3.31), and the Wen-Yu model [64], Equations (3.32) and (3.33). Here, 𝑅𝑒 is the
Reynolds number. The Gidaspow-Huilin model seeks to make the Gidaspow model continuous
through the introduction of a blending function, shown in Equation (3.34). Equation (3.35)
shows the final formulation of the Gidaspow-Huilin drag model.
(𝐸𝑟𝑔𝑢𝑛)

𝐹𝑔,𝑚

= 150

(𝑊𝑒𝑛−𝑌𝑢)

𝐹𝑔,𝑚

2
𝜀𝑠,𝑚
𝜇𝑔
𝜌𝑔 𝜀𝑠,𝑚
̅ 𝑠,𝑚 − 𝒖
̅𝑔 |
+ 1.75
|𝒖
2
𝜀𝑔 𝑑𝑝
𝑑𝑝,𝑚

3 𝜌𝑔 𝜀𝑔 𝜀𝑠,𝑚
̅ 𝑠,𝑚 − 𝒖
̅𝑔 |𝜀𝑔−2.65
= 𝐶𝐷
|𝒖
4
𝑑𝑝,𝑚

24 [1 + 0.15(𝜀𝑔 𝑅𝑒)
𝐶𝐷 = {
0.43

𝐺−𝐻
𝜙𝑔,𝑚
=

0.687

]⁄(𝜀𝑔 𝑅𝑒) 𝑓𝑜𝑟 𝑅𝑒 < 1000
𝑓𝑜𝑟 𝑅𝑒 ≥ 1000

𝑎𝑟𝑐𝑡𝑎𝑛[150 × 1.75(0.2 − 𝜀𝑠,𝑚 )] 1
+
𝜋
2
(𝐸𝑟𝑔𝑢𝑛)

𝐺−𝐻
𝐹𝑔,𝑚 = (1 − 𝜙𝑔,𝑚
)𝐹𝑔,𝑚

(𝑊𝑒𝑛−𝑌𝑢)

𝐺−𝐻
+ 𝜙𝑔,𝑚
𝐹𝑔,𝑚

(3.31)

(3.32)

(3.33)

(3.34)
(3.35)

Solids-solids interaction forces, 𝑰̅𝑚,𝑙 , are determined in accordance with Equation (3.36),
which considers contributions from particle-particle drag and momentum transfer by solidssolids mass transfer. Here, 𝐹𝑚,𝑙 is the coefficient of drag and 𝑅𝑚,𝑙 is the rate of solids-solids mass
transfer. Sign conventions are enforced by 𝜉𝑔,𝑚 and 𝜉′𝑔,𝑚 , which are defined by Equation (3.37).
̅ 𝑠,𝑙 − 𝒖
̅ 𝑠,𝑚 ) + 𝑅𝑚𝑙 (𝜉𝑚,𝑙 𝒖
̅ 𝑠,𝑙 + 𝜉′𝑚,𝑙 𝒖
̅𝑔 )
𝑰̅𝑚,𝑙 = −𝐹𝑚,𝑙 (𝒖
𝜉𝑚,𝑙 = {

1 𝑓𝑜𝑟 𝑅𝑚,𝑙 < 0
; 𝜉′𝑚,𝑙 = 1 − 𝜉𝑚,𝑙
0 𝑓𝑜𝑟 𝑅𝑚,𝑙 ≥ 0
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(3.36)
(3.37)

The coefficient of drag is found using the Syamlal model [65] shown in Equation (3.38).
Here, 𝐶𝑓,𝑚,𝑙 denotes the coefficient of friction between the solids phases. The form of the radial
distribution function implemented in MFiX is that of Lebowitz [66], shown in Equation (3.39).

𝐹𝑚,𝑙 =

2
𝜋
𝜋2
̅ 𝑠,𝑙 − 𝒖
̅ 𝑠,𝑚 |
3(1 + 𝑒𝑚,𝑙 ) (2 + 𝐶𝑓,𝑚,𝑙 8 ) 𝜀𝑠,𝑙 𝜌𝑠,𝑙 𝜀𝑠,𝑚 𝜌𝑠,𝑚 (𝑑𝑝,𝑙 𝑑𝑝,𝑚 ) 𝑔0,𝑚,𝑙 |𝒖
3
2𝜋(𝜌𝑠,𝑙 𝑑𝑝,𝑙

+

3
𝜌𝑠,𝑚 𝑑𝑝,𝑚
)

(3.38)

𝑀

𝑔0,𝑚,𝑙

3𝑑𝑝,𝑙 𝑑𝑝,𝑚
1
𝜀𝑠,𝑘
= + 2
∑
𝜀𝑔 𝜀𝑔 (𝑑𝑝,𝑙 + 𝑑𝑝,𝑚 )
𝑑𝑝,𝑘

(3.39)

𝑘=1

3.2.4 Interphase Enthalpy Transport and Conductive Fluxes

Fourier’s law of conduction is applied to all phases for the definition of conductive heat fluxes.
Equations (3.40) and (3.41) show Fourier’s model for the gas and solids phases, respectively.
̅𝑔 = −𝜀𝑔 𝑘𝑔 ∇𝑇𝑔
𝒒

(3.40)

̅𝑠,𝑚 = −𝜀𝑠,𝑚 𝑘𝑠,𝑚 ∇𝑇𝑠,𝑚
𝒒

(3.41)

Interphase convective enthalpy transfer between the gas and solids phases is modeled
using Equation (3.42), which is an extension of Newton’s law of cooling. Here, 𝛾𝑔,𝑚 denotes the
gas-solids enthalpy transfer coefficient. The gas-solids enthalpy transfer coefficient is described
in terms of the gas heat capacity, the rate of interphase mass transfer, and the heat transfer
0
coefficient in the absence of mass transfer, 𝛾𝑔,𝑚
. Equation (3.43) provides the definition of 𝛾𝑔,𝑚 .

𝐻𝑔,𝑚 = −𝛾𝑔,𝑚 (𝑇𝑠,𝑚 − 𝑇𝑔 )
𝛾𝑔,𝑚 =

(3.42)

𝑐𝑔 𝑅𝑔,𝑚
𝑐 𝑅
𝑒𝑥𝑝 ( 𝑔 𝑔,𝑚⁄ 0 )
𝛾𝑔,𝑚
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(3.43)

0
The quantity 𝛾𝑔,𝑚
is determined by Equation (3.44), where 𝑁𝑢𝑚 is the particle Nusselt

number, given by Equation (3.45). The Nusselt number is a function of the particle Reynolds
number, 𝑅𝑒𝑚 , and the Prandtl number, 𝑃𝑟, defined in Equations(3.46) and (3.47), respectively.
0
𝛾𝑔,𝑚
=

6𝑘𝑔 𝜀𝑠,𝑚 𝑁𝑢𝑚
2
𝑑𝑝,𝑚

(3.44)

0.2
𝑁𝑢𝑚 = (7 − 10𝜀𝑔 + 5𝜀𝑔2 )(1 + 0.7𝑅𝑒𝑚
𝑃𝑟 1/3 )
0.7
+ (1.33 − 2.4𝜀𝑔 + 𝜀𝑔2 )𝑅𝑒𝑚
𝑃𝑟 1/3

𝑅𝑒𝑚 =

̅ 𝑠,𝑚 − 𝒖
̅𝑔 |𝜌𝑔
𝑑𝑝,𝑚 |𝒖
𝜇𝑔
𝑃𝑟 =

(3.45)

(3.46)

𝑐𝑔 𝜇𝑔
𝑘𝑔

(3.47)

3.2.5 Granular Energy Transport and Dissipation

Conduction of granular energy is modeled using Fourier’s law, allowing for the diffusive flux
vector to be written as shown in Equation (3.48). The coefficient of granular energy diffusion is
given by Equation (3.49). The dissipation of granular energy and the interphase granular energy
transfer are described by Equations (3.50) and (3.51), respectively.
̅𝛩,𝑚 = −𝑘𝛩,𝑚 ∇𝛩𝑚
𝒒
𝑘𝛩,𝑚 =

(3.48)

15𝑑𝑝,𝑚 𝜌𝑠,𝑚 𝜀𝑠,𝑚 √𝜋𝛩𝑚
12
[1 + 𝜂2 (41 − 33𝜂)𝜀𝑠,𝑚 𝑔0,𝑚,𝑚
4(41 − 33𝜂)
5
16
1
(41 − 33𝜂)𝜂𝜀𝑠,𝑚 𝑔0,𝑚,𝑚 ] ; 𝜂 = (1 + 𝑒𝑚,𝑚 )
+
15𝜋
2
𝛾𝛩,𝑚 =

2
12(1 − 𝑒𝑚,𝑚
)𝜌𝑠,𝑚 𝑔0,𝑚,𝑚

𝑑𝑝,𝑚 √𝜋
𝜑𝛩,𝑚 = −3𝐹𝑔,𝑚 𝛩𝑚
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3/2

2
𝜀𝑠,𝑚
𝛩𝑚

(3.49)

(3.50)
(3.51)

3.3

Numerical Methods

The aforementioned governing and constitutive equations were numerically solved using the
MFiX suite of multiphase flow algorithms. This section presents the relevant numerical methods
invoked within MFiX to generate the simulations presented in this work.

3.3.1 Discretization and Deferred Correction

The hydrodynamics of fluidized bed systems are dominated by convective transport. This
observation is most simply demonstrated in the work by Madhava Syamlal [67], where several
spatial discretization schemes were applied to the solids continuity equation for a moving plug
problem. It was shown by Syamlal that while the first-order upwind discretization scheme
produces a stable set of finite-volume differencing equations, the strategy suffers from
significant numerical diffusion. The concept of numerical diffusion and discretization sensitivity
in gas-solids flows was further delineated in a later work by Guenther and Syamlal [68], where
the authors demonstrated the effect of spatial discretization schemes on simulations of isolated
gas bubbles in a granular media. The discussion of discretization presented here borrows largely
from their work, as Guenther and Syamlal [68] present the topic in adequate yet concise detail.
MFiX employs a finite volume approach toward the derivation of differencing equations
to ensure property conservation. A staggered grid arrangement is used such that scalar field
variables such as pressure and volume fraction are defined at grid cell centers, while vector
quantities like velocity are designated at cell edges. This choice of a staggered assignment
scheme assists in numerical convergence and mitigates unphysical oscillations in the
determination of the pressure field arising from the momentum equations [69].
31

Equation (3.52) shows the general 1-D property balance equation for a multiphase
system. Here, 𝑚 denotes the phasic index where 𝑚 = 0 implies the gas phase and 𝑚 > 0 implies
a solids phase. The scalar of interest is denoted by 𝜙, the diffusion coefficient is given by 𝛤𝜙 , and
𝑅𝜙 is a source term. Equation (3.52) contains most of the relevant features of the governing
equations and serves as an excellent template equation for discussion of discretization methods.
𝜕
𝜕
𝜕
𝜕𝜙
(𝜀𝑚 𝜌𝑚 𝜙) +
(𝜀𝑚 𝜌𝑚 𝑢𝑚,𝑖 𝜙) =
(𝛤𝜙 ) + 𝑅𝜙
𝜕𝑡
𝜕𝑥
𝜕𝑥
𝜕𝑥

(3.52)

Derivation of the finite volume differencing equations begins with integration of
Equation (3.52) over an arbitrary control volume, depicted using standard compass point notation
in Figure 4. Equation (3.53) shows the integral form of Equation (3.52) over the control volume.
𝜕
𝜕
𝜕
𝜕𝜙
(𝜀𝑚 𝜌𝑚 𝜙)𝑑𝑉 + ∫
(𝜀𝑚 𝜌𝑚 𝑢𝑚 𝜙)𝑑𝑉 = ∫
(𝛤𝜙 ) 𝐷𝑉 + ∫ 𝑅𝜙 𝑑𝑉 (3.53)
𝜕𝑥
𝐶𝑉 𝜕𝑡
𝐶𝑉 𝜕𝑥
𝐶𝑉 𝜕𝑥
𝑐𝑉

∫

The discussion presented here will be limited to discretization of the convective term in
Equation (3.53) as this term is most sensitive to scheme selection. For detailed information
regarding discretization of the transient and diffusion terms, the reader is referred elsewhere [58].
Equation (3.54) shows the differencing equation for the convection term.
𝜕
(𝜀𝑚 𝜌𝑚 𝑢𝑚,𝑖 𝜙) 𝑑𝑉 ≈ (𝜀𝑚 𝜌𝑚 𝜙)𝑒 (𝑢𝑚 )𝑒 𝐴𝑒 − (𝜀𝑚 𝜌𝑚 𝜙)𝑤 (𝑢𝑚 )𝑤 𝐴𝑤
𝐶𝑉 𝜕𝑥

∫

W

P

w

e

E

CV

Figure 4: Control Volume with 1-D Compass Point Notation
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(3.54)

As discussed earlier in this section, first-order upwind discretization of Equation (3.54)
results in a highly diffuse numerical formulation. However, higher-order schemes tend to
produce oscillations in their solutions resulting in diminished convergence performance. Total
variation diminishing (TVD) schemes seek to overcome this oscillatory short fall by employing a
flux limiter that bounds the solution value when the local distribution of the quantity of interest is
monotonic [70]. Leonard and Mokhtari [71] constructed a universal limiter that is implemented
through what they refer to as a Downwind Weighting Factor (DWF). Detailed formulation of the
Downwind Weighting Factor may be found elsewhere [68].The value of 𝜙 at the downwind cell
face, denoted as 𝜙𝑓 , may be expressed by Equation (3.55), where the nodal and edge locations
are described in Figure 5.
𝜙𝑓 = 𝐷𝑊𝐹𝜙𝐷 + (1 − 𝐷𝑊𝐹)𝜙𝐶

(3.55)

Equation (3.55) may be applied to the right-hand side of Equation (3.54) to produce a
linear system of equations. Convergence may be assisted through use of the Deferred Correction
method (DC) attributed to Rubin and Khosla [72] which modifies the linear system produced by
the DWF method via a source term that melds the lower and higher-order approximations. The
simulations presented here were performed using the Superbee discretization scheme [68]with
deferred correction.

Flow Direction
U

f

D

C
Figure 5: Downwind Weighting Factor Notation
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3.3.2 Solution Technique

MFiX employs a modified formulation of Spalding and Patankar’s Semi-Implicit Method
for Pressure-Linked Equations (SIMPLE) [69] in the numerical solution of the governing
equations. The SIMPLE algorithm utilizes a pressure-correction relation for the solution of flow
field variables in fluid phase systems. In the case of multiphase flow, there is no way to derive a
unique pressure correction factor that exactly satisfies all continuity relations [58]. To navigate
this issue, a solids volume fraction correction [58] is used in place of a pressure-correction.
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Chapter 4.

Simulation of Sand and Coal Fluidization Under Various Conditions

“A couple of months in the laboratory can frequently save a couple of hours in the library”
– Frank Westheimer

Computational simulations of gasification reactors must provide not only detailed data regarding
the chemistry of the system, but accurate information concerning the hydrodynamic behavior of
the solids and fluid phases as well. Prior to the inclusion of chemical reactions into the numerical
simulations, various hydrodynamic studies were performed to validate the CFD modeling
strategy with experimental results and to provide specific information of fluidization behavior at
gasification operating conditions. This chapter presents the results of those hydrodynamic
studies.

4.1

Cold-Flow Fluidization Behavior of Sand and Coal

Project collaborators at Utah State University have provided cold flow fluidization data in the
form of pressure drop and bed height measurements, presented as a function of the superficial
inlet velocity, Ug, [73]. These data constitute the sole source of hydrodynamic validation for the
CFD simulations. This section details development of a hydrodynamic modeling strategy that
provides strong agreement with the provided experimental data.
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4.1.1 Experimental Setup, Procedure, and Results

Cold flow fluidization experiments were performed in a cylindrical, borosilicate glass vessel
with a diameter of 5.08 cm and a height of 30.48 cm. Figure 6 shows a schematic of the
fluidization vessel, where ℎ0 denotes the initial height of the granular bed. Experiments were
conducted at room temperature and atmospheric pressure using nitrogen as the fluidizing agent.
Pressure measurements were recorded using a distilled water U-tube manometer. Full detail of
the experimental setup and procedure may be found elsewhere [73].

5.08 cm

30.48 cm

h0

Fluidizing Gas
Figure 6: Schematic of Cold Flow Fluidization Vessel
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Fluidization experiments were conducted on both silica sand and subbituminous, Powder
River Basin coal. Table 1 shows physical properties for both of these granular materials.
Fluidization trials were performed using either 100 grams of silica sand or 30 grams of the
subbituminous coal. In the case of sand, the volumetric flow rate of fluidizing nitrogen was
varied from 2 to 26 LPM in increments of 2 LPM. The smaller and less dense coal particles fall
under Group A in Geldart’s classification of granular materials [25], which are known to exhibit
hysteretic fluidization [74] and homogeneous bed expansion [75]. For the coal experiments, the
volumetric flow rate was varied from 2 to 14 to 2 LPM in increments/decrements of 2 LPM.
Each fluidization experiment was performed three times to assess repeatability.
Figures 7 and 8 show plots of pressure drop and bed expansion against superficial gas
velocity for the sand and coal experiments respectively. The markers shown in Figures 7 and 8
represent the mean value of the quantity of interest across the three trials, while the error bars
convey the 95% confidence interval. In Figure 7 (a), the diagonal line depicts the least-squares
determination of the slope of pressure drop assent to fluidization, while the horizontal line
represents the mean, post-fluidization pressure drop of 4578 Ba. The minimum fluidization
velocity (Umf) for the sand was determined from the intersection of these lines and was found to
be 6.6 cm/s. The lines in Figure 8 (a) depict cubic spline fits of the fluidization and defluidization
pressure drop data to demonstrate the aeration prior to bubbling fluidization exhibited by Group
A particles.

Table 1: Physical Properties of Sand and Coal

Material
Sand
Coal

Particle
Diameter
[μm]
251.39
61.62

Particle
Density
[g/ml]
2.62
1.38

Bulk
Density
[g/ml]
1.64
0.57
37

Min Void
Fraction

Sphericity

Geldart
Group

0.37
0.58

0.93
0.95

B
A

Figure 7: Sand Fluidization Results for (a) Pressure Drop and (b) Bed Expansion
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Figure 8: Coal Fluidization Results for (a) Pressure Drop and (b) Bed Expansion
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4.1.2 Computational Modeling Strategy and Parameter Adjustment

Simulations of cold flow fluidization of sand and coal were performed using the MFiX software
package. Figure 9 shows a schematic of the simulated reactor where the numbers 1, 2 and, 3
correspond to the gas inlet, outlet, and wall boundary conditions. The gas inlet boundary is
modeled as a mass inlet with prescribed velocity. The outlet is modeled as a pressure outlet at 1
atm. The wall of the reactor is modeled using the Johnson and Jackson partial slip boundary
condition for the solids phases, and the no-slip condition for the gas phase. The default
specularity coefficient of 0.6 was used for the Johnson and Jackson model. Details concerning
the Johnson and Jackson condition may be found in their paper introducing the condition [76].
The bed velocity was initialized using the ratio of the inlet velocity and the void fraction.

5.08 cm
②

③

30.48 cm

h0

①
Figure 9: Schematic of Simulated Reactor
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Preliminary 2-D sand simulations were first performed using the “as received” physical
properties. Then, the bed mass and packed bed void fraction were adjusted using the procedure
detailed in Kanholy et al. [33] to reconcile pressure drop and bed height over-prediction due to
the non-uniform inlet conditions of the experiments. Simulation results for pressure drop and bed
height for the sand simulations are shown in Figure 10. It can be seen in Figure 10 that the
Kanholy et al. procedure produced results that closely match with the experimental values. In the
case of coal, preliminary simulations were performed using “as received” properties and the
Kanholy et al. adjusted minimum void fraction and bed mass. Due to lack of confidence in the
experimental Umf, arising from the limited amount of data prior to fluidization and the high
spread of that data, a third series of simulations was also conducted using the “as received”
packed bed void fraction with the adjusted bed mass. Results for these simulations are shown in
Figure 11. It can be seen from Figure 11 that adjusting both the bed mass and minimum void
fraction result in over-prediction of the pressure drop for coal, while only adjusting the bed mass
yields results that validate well for both pressure drop and bed expansion. These preliminary
simulations were used to determine the set of parameters for both solids phases for further
computational analysis. For the sand, the procedure adjusting the bed mass and minimum void
fraction produced results that exhibited strong agreement with the experimental finding, while
for coal, only the bed mass needs adjusted to provide validatable results. Table 2 shows a
comparison of the experimental parameters and the adjusted parameters used in the simulations.

Table 2: Comparison of Experimental and Simulated Solids Properties

Material

Sand
Coal

Bulk Density
[g/ml]
Experiment Simulated
1.64
1.52
0.57
0.51

Min Void Fraction
Experiment
0.37
0.58
41

Simulated
0.42
0.58

Bed Mass
[g]
Experiment Simulated
100
95
30
16

Figure 10: Cold Flow Sand 2D Simulation Comparison for (a) Pressure Drop and (b) Bed Expansion
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Figure 11: Cold Flow Coal 2D Simulation Comparison for (a) Pressure Drop and (b) Bed Expansion
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4.1.3 Grid Resolution and Independence

The abovementioned simulations were performed using a 40×240 Cartesian discretization of the
domain. A grid resolution study was conducted to quantify uncertainty in the simulated results
attributed to grid selection. Here, the grid convergence index (GCI) procedure [77] is used in the
estimation of discretization uncertainty. Details of the GCI method may be found in Appendix A.
The grids used in this study were 10×60, 20×120, and 40×240. These meshes were
selected such that the medium grid agrees with a literature recommendation that the cell edge
length be specified at approximately 10 particle diameters [78]. This recommendation was
applied using the larger sand particles. Table 3 shows the results of the GCI analysis for both the
sand and coal phases using pressure drop and bed expansion as the relevant parameters. Figures
12 and 13 show comparisons of pressure drop and bed expansion across the tested grids for sand
and coal, respectively. Figures 14 and 15 show axial profiles of gas volume fraction at several
inlet velocities for each of the tested meshes for sand and coal, respectively. The aggregate of
these analyses shows that while the medium grid provides satisfactory results for the sand
simulations, the coal system is insufficiently resolved by the 20×120 mesh. Because the eventual
goal of this effort is to provide accurate simulations of polydisperse sand-coal systems, the
40×240 mesh was identified as the best choice for modeling both solids phases.

Table 3: Results of GCI Study

Variable
Num. of Cells
Refinement Fac.
Avg. Order
Rel. Error21
Rel. Error32
GCI21
GCI32

Sand ∆𝑃

2.52
0.47%
1.16%
0.13%
0.31%

Sand Bed Ex.
Coal ∆𝑃
9600, 2400, 600
2, 2
5.23
5.46
1.79%
0.50%
1.92%
19.04%
0.06%
0.01%
0.07%
0.55%
44

Coal Bed Ex.

2.00
11.64%
35.06%
4.87%
14.67%

Figure 12: Cold Flow Sand Grid Comparison for (a) Pressure Drop and (b) Bed Expansion
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Figure 13: Cold Flow Coal Grid Comparison for (a) Pressure Drop and (b) Bed Expansion
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Figure 14: Axial Profiles of Gas Volume Fraction for Cold Flow Sand GCI Analysis
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Figure 15: Axial Profiles of Gas Volume Fraction for Cold Flow Coal GCI Analysis
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4.1.4 Validation and Comparison of Numerical Simulations

Following the selection of an adequate grid resolution and adjusted solids phase properties, both
2-D and 3-D simulations were performed and their results were compared with those of the
experiments. 2-D simulations were performed using a 40×240 structured Cartesian discretization
of the domain, while 3-D simulations employed a cylindrical 20×240×16 orthogonal mesh.
Figures 16 and 17 show the final comparisons of simulated pressure drop and bed expansion
results with those of the experiments for sand and coal, respectively. Figures 17 and 18 show
comparative axial profiles of gas volume fraction at several inlet velocities for 2-D and 3-D
simulations for sand and coal, respectively.
In Figure 16, it can be seen that the results for both 2-D and 3-D sand simulations show
strong agreement with the experimental findings in both pressure drop and bed height. It may be
see in both Figure 16 and Figure 18 that bed expansion results for 2-D and 3-D sand simulations
begin to slightly diverge from one another at inlet velocities greater than 2Umf. This finding is
consistent with the results of other researchers, e.g. Xie et al. [78], and may be attributed to
increased azimuthal momentum loss at higher velocities [79].
While Figure 17 demonstrates that both 2-D and 3-D coal simulations are capable of
accurately predicting bed expansion, the same cannot be said for the pressure drop results. The
coal particles investigated here are classified as Geldart A [25]. Type A particles are referred to
as aeratable as they exhibit an interval of homogeneous, i.e. non-bubbling, fluidization between
the minimum fluidization velocity and the minimum bubbling velocity [75]. This interval is
demonstrated in Figure 17 (a) by the overshoot of post-fluidization pressure drop at the lower
velocities. The inability to accurately predict pressure drop in the homogeneous fluidization
region is a known shortfall of the multi-fluid approach [80].
49

Figure 16: Validation of 2-D and 3-D Cold Flow Sand Simulations for
(a) Pressure Drop and (b) Bed Expansion
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Figure 17: Validation of 2-D and 3-D Cold Flow Coal Simulations for
(a) Pressure Drop and (b) Bed Expansion
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Figure 18: Axial Profiles of Gas Volume Fraction for 2-D and 3-D Cold Flow Sand Simulations
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Figure 19: Axial Profiles of Gas Volume Fraction for 2-D and 3-D Cold Flow Coal Simulations
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Inspection of Figure 17 demonstrates that both pressure drop and bed expansion are
accurately predicted for the cold flow coal system at velocities greater than 1.0Umf,sand. Because
later research efforts utilizing the modeling strategy presented in this section are only concerned
with systems capable of fluidizing both the sand and coal materials, the aforementioned short fall
of the multi-fluid approach regarding Geldart A materials is deemed irrelevant to the overall
study. Inspection of Figures 17 and 19 reveals that the 2-D and 3-D cold flow coal simulations
produce nearly identical results in pressure drop and bed expansion.
Figures 20 and 21 show instantaneous contours of void fraction at several inlet velocities
for the 2-D and 3-D sand simulations, respectively. Comparison of Figures 20 and 21 reveals that
the 2-D and 3-D simulations result in similar bubble shape and size. It can also be seen from
Figures 20 and 21 that the expansion of the bed increases as the inlet velocity is increased.
Figures 22 and 23 show instantaneous contours of gas volume fraction at several inlet velocities
for the 2-D and 3-D coal simulations, respectively. Comparison of Figures 22 and 23 shows that
the 2-D and 3-D simulations produce very similar results with the 3-D simulations exhibiting
only slightly higher particulate dispersion than 2-D. Figures 24 and 25 show comparisons of
instantaneous gas volume fraction between the sand and coal for the 2-D and 3-D simulations
respectively at 1.75Umf,sand. Inspection of Figures 24 and 25 reveal that the coal system
experiences significantly greater particulate dispersion than the sand at the same operating
conditions. This observation is likely the result of significant differences in particle diameter and
material density, as well as the amount of granular material initially in the system.
The aggregate information contained within Figures 20 through 25 demonstrates both the
similarity exhibited between the 2-D and 3-D simulations, and the significantly differing
behavior displayed by the two granular materials investigated.
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Figure 20: Contours of Gas Volume Fraction for 2-D Cold Flow Sand Simulations

Figure 21: Contours of Gas Volume Fraction for 3-D Cold Flow Sand Simulations
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Figure 22: Contours of Gas Volume Fraction for 2-D Cold Flow Coal Simulations

Figure 23: Contours of Gas Volume Fraction for 3-D Cold Flow Coal Simulations
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Figure 24: Comparison of Gas Volume Fraction for 2-D Cold Flow Sand and Coal Simulations

Figure 25: Comparison of Gas Volume Fraction for 3-D Cold Flow Sand and Coal Simulations
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4.1.5 Principal Outcomes

In this section, a modeling strategy for the computational simulation of sand and coal fluidization
was identified and validated against experimental findings. The parameter adjustment method by
Kanholy et al. [33] was employed for the determination of adjusted solids properties to reconcile
the non-uniform inlet conditions of the experiments with the uniform inlet conditions used in the
simulations. A domain discretization was selected using the GCI procedure by Celik et al. [77]
and was shown to produce accurate results for both the sand and coal fluidization systems.
Finally, both 2-D and 3-D simulations for sand and coal were performed and validated against
the experimental findings. Both the 2-D and 3-D simulations exhibited strong agreement with the
experimental results, as well as with themselves.

4.2

Fluidization Characteristics of Sand at Elevated Temperatures

The process of gasification requires thermal input to the system in order for the endothermic
chemical reactions to occur. Reactor temperatures in excess of 700 °C are necessary to achieve
appreciable rates of the steam and carbon dioxide chemical reactions; however, it is difficult to
obtain in situ measurements of relevant hydrodynamic properties at such high temperatures. The
study presented in this section extends the validated hydrodynamic model from the cold flow
fluidization work to systems of sand at elevated temperatures and under several types of
gasification atmospheres, in an effort to assess the effect of temperature and working fluid on
fluidization characteristics. Here, the fluidization behavior of sand is investigated at temperatures
of 700, 800, and 900 °C, under atmospheres of nitrogen, carbon dioxide, and steam.
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4.2.1 Fluid Properties and Minimum Fluidization Velocity

Each of the working fluids investigated in this study experience a significant change in fluid
properties from 25 °C, the assumed room temperature, to the temperatures investigated here.
Table 4 provides values of density and viscosity for each of the fluidization gases [81-85].

Table 4: Fluid Properties of Nitrogen, Carbon Dioxide and Steam

25 °C
700 °C
800 °C
900 °C

Nitrogen
Density
Viscosity
[g/ml]
[P]
1.1458×10-3 1.7805×10-4
3.5074×10-4 4.0862×10-4
3.1806×10-4 4.3545×10-4
2.9095×10-4 4.6129×10-4

Carbon Dioxide
Density
Viscosity
[g/ml]
[P]
1.8089×10-3 1.4925×10-4
5.5110×10-4 4.0472×10-4
4.9973×10-4 4.3337×10-4
4.5723×10-4 4.6036×10-4

Steam
Density
Viscosity
[g/ml]
[P]
N/A*
N/A*
2.2571×10-4 3.6549×10-4
2.0465×10-4 4.0371×10-4
1.8719×10-4 4.4074×10-4

*Steam cannot exist at 25 °C and 1 atm

It may be seen from Table 4 that the viscosity of the gases nearly triples from 25 to 900
°C, while the density is reduced by approximately one quarter. Such changes in viscosity and
density will result in significant reduction in minimum fluidization velocity as evidenced by the
Ergun equation. In this study, 2-D fluidization simulations of sand were performed at inlet
velocities ranging from 0.5 to 6.5 cm/s at 700, 800, and 900 °C under atmospheres of nitrogen,
carbon dioxide, and steam. Figure 26 shows pressure drop plots of nitrogen, carbon dioxide, and
steam, respectively. The minimum fluidization velocity for each system was determined using
graphical intersection of the data presented in Figure 26. Table 5 shows the predicted minimum
fluidization velocities for the investigated systems in comparison to the theoretical Ergun
equation. Inspection of Table 5 reveals that the relative error between the Ergun equation and
predicted minimum fluidization values do not exceed 2% for any of the tested systems. Table 5
also shows Ergun values for nitrogen and carbon dioxide at 25 °C for reference.
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Figure 26: Pressure Drop for the Sand-Gas Systems at 700, 800, and 900 °C
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Table 5: Comparison of Predicted and Ergun Equation Umf Values for the Sand-Gas Systems

25 °C
700 °C
800 °C
900 °C

Nitrogen
Predicted
Ergun
[cm/s]
[cm/s]
—
6.61
2.85
2.88
2.67
2.70
2.53
2.55

Carbon Dioxide
Predicted
Ergun
[cm/s]
[cm/s]
—
7.88
2.85
2.91
2.67
2.72
2.52
2.56

Steam
Predicted
[cm/s]
—
3.18
2.88
2.65

Ergun
[cm/s]
N/A
3.22
2.92
2.67

Tables 4 and 5 demonstrate the non-trivial impact both temperature and the selected
working fluid have on the fluid properties, and thus the fluidization behavior of gas-solids flows.

4.2.2 Comparison of Fluidization Behaviors

Following the determination of the minimum fluidization velocities, simulations were conducted
to study and compare bed expansion and bubble attributes for each of the investigated
temperatures and gases. Simulations were conducted at 2Umf and 8 cm/s for each of the gassolids systems at 700, 800, and 900 °C and at 25 °C for nitrogen and carbon dioxide. Figures 27
and 28 show axial profiles of gas volume fraction, comparing the effect of gas species at each
temperature for the 2Umf and 8 cm/s simulations, respectively. Figures 29 and 30 show axial
profiles of gas volume fraction, comparing the effect of temperature for each gas species at 2Umf
and 8 cm/s simulations, respectively. It can be seen in Figure 27 that each fluid produces nearly
identical profiles at each temperature, indicating the bed undergoes approximately the same level
of expansion at 2Umf, regardless of the fluid composition. Figure 28 demonstrates that these three
fluids experience similar bed expansion at the same inlet velocity, with steam exhibiting slightly
less expansion than nitrogen and carbon dioxide. Inspection of Figure 29 reveals that while the
elevated temperatures demonstrate very similar expansion under the influence of a 2Umf stream,
the room temperature bed is noticeably more expanded at 2Umf.
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Figure 27: Axial Profiles of Void Fraction Comparing Gas Species for 2Umf Simulations

Figure 28: Axial Profiles of Void Fraction Comparing Gas Species for 8 cm/s Simulations
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Figure 29: Axial Profiles of Void Fraction Comparing Temperature for 2Umf Simulations

Figure 30: Axial Profiles of Void Fraction Comparing Temperature for 8 cm/s
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Figure 30 conveys the sensitivity of each fluidizing gas to changes in temperature. It can be seen
in Figure 30 that nitrogen is least sensitive in bed expansion to temperature fluctuation as the
elevated temperature profiles are nearly coincident. Steam appears to be the most sensitive to
changes in temperature as there is clear distinction between each of the three elevated
temperature levels. Finally, it can be seen in Figure 30 that the tested 8 cm/s inlet velocity is just
capable of fluidizing the nitrogen and carbon dioxide systems at 25 °C.
Figures 31, 32, and 33 show instantaneous contours of gas volume fraction at each
temperature level and 2Umf for nitrogen, carbon dioxide, and steam respectively. Inspection and
comparison of Figures 31 through 33 reveal that each system exhibits similar bubble dynamics at
2Umf, regardless of temperature or working fluid. Figures 34, 35, and 36 show instantaneous
contours of gas volume fraction at each temperature level and 8 cm/s for nitrogen, carbon
dioxide, and steam, respectively. It can be seen from Figures 34 through 36 that the bubble
characteristics are very similar across the elevated temperatures for all of the working fluids.
Furthermore, the 8 cm/s simulations produce very similar bubble attributes across the three tested
fluids as well. In Figures 34 and 35, it can be seen that the room temperature simulations are
barely capable of fluidizing the bed and exhibit very small bubble diameters.

4.2.3 Principal Outcomes

Simulations of sand fluidization at elevated temperatures under various gasification atmospheres
were performed and compared to one another. It was observed that nitrogen, carbon dioxide, and
steam exhibit very similar fluidization behaviors at elevated temperature when the systems are
subjected to similar gas velocities; however, as seen in Figure 29, the bed expansion at the same
Umf factor is not preserved between low and high temperatures.
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Figure 31: Instantaneous Contours of Void Fraction for Nitrogen Fluidization at 2Umf

Figure 32: Instantaneous Contours of Void Fraction for Carbon Dioxide Fluidization at 2Umf
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Figure 33: Instantaneous Contours of Void Fraction for Steam Fluidization at 2Umf

Figure 34: Instantaneous Contours of Void Fraction for Nitrogen Fluidization at 8 cm/s
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Figure 35: Instantaneous Contours of Void Fraction for Carbon Dioxide Fluidization at 8 cm/s

Figure 36: Instantaneous Contours of Void Fraction for Steam Fluidization at 8 cm/s
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4.3

Modeling Coal Injection into a Fluidized Bed of Sand

The gasification reactor used by the study collaborators at Utah State University introduces coal
into the unit through a discharge tube, which protrudes from the wall of the reactor into a bed of
silica sand [73]. Coal is delivered through the discharge tube under the influence of a gas carrier
stream. Figure 37 shows a schematic of the gasification unit with relevant dimensions. The inner
diameter of the discharge tube is 0.72 cm and enters the side of the reactor at an angle of 60°
with respect to the horizontal.

5.08 cm

36.83 cm
Coal Carrier
Stream

60°

Fluidization
Stream

1.27 cm

Figure 37: Schematic of Gasification Unit
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The non-symmetric characteristic of this coal injection setup complicates the process of
computational modeling as it is prohibitive to define formal boundaries for the discharge tube on
a structured grid. Furthermore, the presence of the tube itself results in unphysical trapping of
material on the left side of the reactor for 2-D simulations. To facilitate reasonable
approximation of the coal injection system, a point-source strategy was applied toward the
introduction of coal and carrier gas into the reactor. This section details the point-source strategy,
as well as other modeling considerations pertaining to the computational simulation of
polydisperse gas-solids flows. Those modeling strategies were applied to non-reacting, 3-D
cylindrical and 2-D Cartesian discretizations of the Figure 37 domain to demonstrate the impact
the carrier stream has on the system hydrodynamics. Discussion of establishing similitude
between 2-D and 3-D domain discretizations is also presented.

4.3.1 Experimental Setup and Procedure

Gasification experiments were conducted at 700, 800, and 900 °C under atmospheres of nitrogen
and carbon dioxide. Both the fluidization gas stream and the carrier gas stream enter the reactor
with volumetric flow rates of 2 SLPM, implying that their velocities increase with increasing
temperature. This standard flow rate produces superficial fluidization inlet velocities
approximately two times the Umf for each system [73]. The gasification unit is initially filled
with 100 g of silica sand, and the coal is introduced into the reactor with a mass flow rate of
200 g/h. The reactor unit is fitted with a 13.97 cm preheating zone packed with Berl saddles to
condition the fluidization stream flow prior to making contact with the distributor plate. Due to
the similarities observed between the hydrodynamic behavior of nitrogen and carbon dioxide
systems in the previous section, only nitrogen systems will be investigated here.
69

4.3.2 Point-Source Injection Modeling

MFiX allows for the placement of mass inlet zones within the computational domain for systems
where the specification of a formal boundary condition is prohibitive [86]. These mass inlets are
referred to as point-sources and facilitate the introduction of mass into the computational
domain. The task of point-source modeling is accomplished through the specification of a
volume of cells that approximate the injection site. A 3-D cylindrical discretization of
20×290×16 was applied to the Figure 37 domain. This discretization produces the same cell sizes
shown in the previously mentioned cold-flow fluidization study. The volume of cells used to
model the coal injection site was selected by minimizing the difference between the actual and
simulated outer face of the injection site, while also attempting to preserve the location of the
actual inlet. Figures 38 and 39 show the actual and simulated injection locations on the
computational mesh. Figure 38 depicts the radial-azimuthal plane through the center of the point
source. Here, the actual inlet surface is shown in blue and the simulated point-source volume is
shown in red. Figure 39 shows the radial-axial plane through the center of the point source.
Again, the actual inlet surface is shown in blue and the simulated point-source volume is shown
in red. Note that the point-source is located slightly outward from the center of the reactor to
avoid instabilities that can arise at the center of a cylindrical discretization. The outer area of the
point-source volume, through which the entering material would travel, is less than 0.5% larger
than the actual inlet area, implying that gas and solids velocities through the point-source will be
very similar to those experienced at the actual inlet. Table 6 shows a comparison of the actual
and simulated inlet velocities. The actual and simulated carrier stream velocities were
determined by assuming an isobaric expansion of the carrier gas from 25 °C to each of the
operating temperatures using the 2 SLPM volumetric flow rate.
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Figure 38: Radial-Azimuthal Plane Depicting Actual and Simulated Injection Sites

Figure 39: Radial-Axial Plane Depicting Actual and Simulated Injection Sites
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Table 6: Comparison of Carrier Stream Injection Velocities

Temperature
700 °C
800 °C
900 °C

Actual Velocity
[cm/s]
274.04
302.20
330.35

Simulated Velocity
[cm/s]
272.87
300.91
328.94

4.3.3 Modeling Considerations for Polydisperse Systems

In monodisperse gas-solids flows, the minimum void fraction of the granular material is
constant; however, this is not true for polydisperse systems containing particles of differing
sizes, which is the case for the sand-coal system presented here. As the smaller coal particles are
introduced into the reactor, the minimum void fraction of the binary sand-coal bed will begin to
increase in a manner proportional to the instantaneous volume fraction of the coal. This
occurrence must be accurately predicted, as the minimum void fraction is used in the
determination of solids stress formulation, as shown in Chapter 3. Here, the Fedors and Landel
[87] correlation is used to calculate the minimum void fraction. Details of the specific
formulation of the model employed by MFiX may be found in the code documentation [88].
The second consideration made in this study concerns segregation of particles of differing
sizes. In the computational study by Gera et al. [89], the authors present evidence that the
definition of the solids-solids drag coefficient by Syamlal [65], shown in Chapter 3, provides an
insufficient representation of the interaction between particles of differing sizes. They conclude
that a “hindrance effect” term must be added to the model given by Equation (3.38) to accurately
simulate a fluid bed of different sized particles. Their model, which may be found in their paper,
includes a term referred to as the segregation slope coefficient. Gera et al. suggest a value of 0.3
for the segregation slope coefficient, which is based on experimental validation of their work.
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4.3.4 3-D Simulations of the Point-Source Injected System

A parametric study was conducted using 3-D cylindrical simulations to determine the effect the
segregation slope coefficient (SSC) has on the hydrodynamic behavior of the coal particles
within the reactor. Simulations were performed for 10 seconds at each of the three operating
temperatures using SSC values of 0.0, 0.3, and 0.6. The resulting data was time-averaged from 8
to 10 seconds, an averaging duration approximately four times the bed space-time. Profiles were
then taken from the planes passing through the center of the point source to assess sensitivity of
the system hydrodynamics to changes in SSC.
Figures 40, 41, and 42 show axial profiles of the gas, sand, and coal volume fractions,
respectively, at each of the operating temperatures for each SSC value. Figures 43, 44, and 45
show radial profiles of the gas, sand, and coal volume fractions, respectively, at each of the
operating temperatures for each SSC value. Figures 40, 41, 43, and 44 demonstrate that there is
little observable difference in the gas and sand volume fractions brought about by changes in
SSC. This observation is likely because such little coal is fed to the reactor. However, inspection
of Figures 42 and 45 reveals that SSC does impact the distribution of coal particles within the
reactor. It can be seen in Figure 42 that the volume fraction of coal particles in the vicinity of the
injection site increases with increasing SSC. This observation is most pronounced at the 700 °C
temperature level. It can also be seen in Figure 42 that the degree to which coal particles are held
within the bed diminishes with increasing temperature, regardless of SSC value. This observation
may be attributed to changes in the system Umf factor as temperature increases. The 2 SLPM
standard flow rate used in the coal gasification experiments produces fluidization velocities of
1.9Umf, 2.2Umf, and 2.5Umf for the 700, 800, and 900 °C temperature levels, respectively, which
likely explains the aforementioned diminishing coal volume fractions.
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Figure 40: Axial Profiles of Gas Volume Fraction for SSC Parametric Study

Figure 41: Axial Profiles of Sand Volume Fraction for SSC Parametric Study
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Figure 42: Axial Profiles of Coal Volume Fraction for SSC Parametric Study

Similar behavior can be witnessed in Figure 45, as distinct differences in coal volume
fraction are observable, particularly at the 700 °C temperature. The distinction between SSC
values becomes less noticeable with increasing temperature, which again, is likely attributable to
changes in Umf factor with changing temperature.
It has been shown that changes in the value of the segregation slope coefficient resulted
in marked differences in the hydrodynamic behavior of the coal particles within the gasification
unit. While these observations are noteworthy for designing simulations for solids fuel injected
fluidized beds, without the validation of experimental findings, it is difficult to ascertain the best
SSC value for the system of interest. That said, the literature recommendation for SSC of 0.3
from Gera et al. [89] is obeyed throughout the remainder of this work.
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Figure 43: Radial Profiles of Gas Volume Fraction for SSC Parametric Study
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Figure 44: Radial Profiles of Sand Volume Fraction for SSC Parametric Study
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Figure 45: Radial Profiles of Coal Volume Fraction for SSC Parametric Study
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Following the conclusion of the parametric study, further analysis was conducted on the
3-D cylindrical, point-source injection simulations. Figures 46, 47, and 48 show time-averaged
contour plots of gas, sand, and coal volume fractions, respectively, on the radial-axial plane that
passes through the center of the point-source for each of the operating temperatures. It can be
seen from Figures 46 and 47 that, on average, the injection of the gas carrier stream produces an
apparent void within the sand bed that spans from the injection site to the top of the bed.
Inspection of Figure 48 reveals that while some of the coal is distributed within the bed, the bulk
of the fuel material resides at the bed-freeboard interface. The volume of coal particles deep
within the bed appears to diminish with increasing temperature, an occurrence likely caused by
the increasing of the Umf factor with increasing temperature.

Figure 46: Time-Averaged Contours of Gas Volume Fraction for Point-Source System
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Figure 47: Time-Averaged Contours of Sand Volume Fraction for Point-Source System

Figure 48: Time-Averaged Contours of Coal Volume Fraction for Point-Source System
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To further understand the gas void observed in Figure 46, animations of the point-source
simulations were generated and reviewed. Inspection of the animations revealed periodic
formation and breakup of a large bubble within the bed resulting from the gas carrier stream.
Figures 49, 50, and 51 show instantaneous contours of gas volume fraction for the 700, 800, and
900 °C simulations, respectively. It may be seen from Figures 49 through 51 that normal
bubbling behavior is experienced within the bed near the walls of the reactor, while the periodic
formation of a large bubble is observed in the vicinity of the point-source volume. Inspection of
Figures 49 through 51 coupled with review of the simulation animations reveals that the period
of point-source bubble formation and breakup is approximately 0.04 to 0.06 seconds for all
operating temperatures. Figures 49 through 51 also reveal a lack of carrier stream penetration in
the radial direction, considering the relatively high velocities of the injection gas given in Table
6. It can be seen here that the carrier stream only slightly perturbs the bed material in the radial
direction, with the most apparent effect of gas injection being observed in the axial direction.

Figure 49: Instantaneous Contours of Gas Volume Fraction at 700 °C
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Figure 50: Instantaneous Contours of Gas Volume Fraction at 800 °C

Figure 51: Instantaneous Contours of Gas Volume Fraction at 900 °C
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4.3.5 Similitude between 3-D and 2-D Fluidized Bed Simulations

Addressing similitude between 3-D and 2-D computational simulations of fluidized bed systems
is a potentially advantageous endeavor, as reducing the dimensionality of the modeling strategy
would most likely significantly lessen the computational cost. However, it is paramount to the
totality of the effort that adequate similitude of relevant field properties be established across the
models. To that end, a novel method for establishing similitude between 3-D cylindrical and 2-D
Cartesian computational simulations is derived, then applied to the abovementioned sand-coal,
point-source injection system.

4.3.5.1 The 2-D Methodology in Theory and Practice
The 2-D approximation of a transport system assumes a lack of realizable variation in
relevant field quantities in the un-modeled direction. Classic examples of the 2-D assumption
include Couette flow [90], boundary layer theory [91], and thin plate conduction [92]. When a
finite volume approach is taken toward the development of a computational model, the 2-D
approximation is applied by disallowing variation of field variables in the un-modeled direction
and taking the cell length in the un-modeled direction to be unity. Figure 52 provides schematics
of a 3-D cylindrical fluidization unit (left) and the 2-D Cartesian domain used for computational
simulation (right). It has been demonstrated by the efforts presented earlier in this chapter, and
by the work of other authors [78], that both 3-D cylindrical and 2-D Cartesian simulations
produce similar results for velocities below 3Umf for simulations of simple fluidization. For those
cases, the initial bed height, the fluidization velocity, and the minimum void fraction of the
materials are preserved; however, there are notable differences between the two representations.
Table 7 provides comparisons of the volumetric and mass properties between the 3-D and 2-D
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modeled systems for simple fluidization. It can be seen from Figure 52 and Table 7 that while the
3-D and 2-D representations of the simple fluidization system produce similar simulation results,
their computational implementations and extensive properties are very different.

Table 7: Comparison of Volumetric and Mass Inputs for 3-D and 2-D Simple Fluidizaiton

Property

3-D Cylindrical Representation
𝜋
𝑉𝑟 = 𝐷2 𝐻
4
𝜋
𝑉𝑔̇ = 𝑢𝑔 𝐷2
4
𝜋 2
𝑚𝑠 = 𝜌𝑏,𝑠 𝐷 ℎ0
4

Reactor Volume
Gas Volume Flow Rate
Bed Material Mass

3-D

2-D Cartesian Representation
𝑉𝑟 = 𝐷𝐻
𝑉𝑔̇ = 𝑢𝑔 𝐷
𝑚𝑠 = 𝜌𝑏,𝑠 𝐷ℎ0

2-D

H

H

h0

h0
1unit

D

D

Figure 52: Schematics of 3-D cylindrical (left) and 2-D Cartesian (right) domains
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4.3.5.2 A Method for Establishing Similitude in Material Injected Fluidized Beds
Similitude between 3-D cylindrical and 2-D Cartesian representations of simple
fluidization systems appears natural, with the details of property preservation seeming
superfluous, as geometric and kinematic similarity are easily observed. However, the addition of
non-symmetric mass inputs to the system significantly complicates the problem. Inspection of
the theory and governing equations for the multi-fluid approach to multiphase flows
demonstrates universal dependence on the phasic volume fractions. It follows that preservation
of the phasic volume fractions, both locally and globally within the domain of interest,
constitutes a necessary condition for trans-dimensional similitude. That basic concept provides
the foundation for the method set forth by this work. Comparison of the relations shown in Table
𝜋

7 reveal that the volume and mass inputs between 3-D and 2-D systems differ by a factor of 4 𝐷.
The significance of this factor is dualistic, as it constitutes both the ratio of the 3-D and 2-D
reactor cross-sectional area and the quotient of the 3-D and 2-D reactor volumes. Simple
calculation reveals that the preservation of mass flux from the 3-D to 2-D domains does not
ensure global similitude in the phasic volume fractions for radially injected systems. However,
𝜋

by scaling 2-D volumetric inputs by the quotient of the reactor volumes, 4 𝐷, global similitude of
phasic volume fractions with the 3-D domain is guaranteed. This assertion may be proven by
application of the definition of phasic volume fraction to the relations shown in Table 7. While
the approach presented here does guarantee global preservation of phasic volume fractions from
3-D to 2-D, local similitude of the phasic volume fractions cannot be demonstrated a priori due
the kinematic differences between 3-D and 2-D simulations. In an effort to assess the viability of
the method delineated by this work, several series of 3-D and 2-D simulations were executed and
compared.
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4.3.5.3 Comparison of 3-D and 2-D Point-Source Injection Simulations
Two sets of 2-D simulations were originally performed to assess the viability of the
aforementioned similarity strategy. The first set utilized the exact same parameters as the 3-D
simulations to demonstrate the necessity of an injection adjustment strategy. The second set
applied the strategy delineated earlier in this work to the mass flow rates of the gas carrier stream
and the coal. Then, the gas and coal injection velocities were scaled using the face area of the
point-source volume to ensure continuity balance. Table 8 shows the properties used in the two
sets of 2-D simulations. Similitude assessments were made in a manner similar to that of the
segregation slope coefficient parametric analysis, in that the resulting 2-D data was timeaveraged from 8 to 10 seconds and axial profiles were then taken from the planes passing
through the center of the point-source. Figures 53, 54, and 55 show axial profiles of gas, sand,
and coal volume fractions, respectively, for the 3-D, 2-D, and 2-D adjusted simulations at each
of the operating temperatures. It can be seen from Figures 53 and 54 that the volumetric input
adjustment strategy produces marked improvements in the prediction of the gas and sand volume
fractions compared to using the 3-D injection properties for each of the operating temperatures.
Inspection of Figures 53 through 55 reveals that while the adjustment strategy employed here
does improve agreement between the 3-D and 2-D simulations compared to the non-adjusted
cases, improvements are less significant in the case of coal volume fraction.

Table 8: 3-D, 2-D, and Adjusted 2-D Point-Source Injection Properties

700 °C
800 °C
900 °C

3-D and 2-D Injection Properties
Velocity
𝑚̇𝑔𝑎𝑠
𝑚̇𝑐𝑜𝑎𝑙
[cm/s]
[g/s]
[g/s]
-2
-2
3.82×10
5.56×10
272.87
-2
-2
3.82×10
5.56×10
300.91
3.82×10-2
5.56×10-2
328.94
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2-D Adjusted Injection Properties
Velocity
𝑚̇𝑔𝑎𝑠
𝑚̇𝑐𝑜𝑎𝑙
[cm/s]
[g/s]
[g/s]
-3
-2
9.57×10
1.39×10
30.70
-3
-2
9.57×10
1.39×10
33.85
9.57×10-3
1.39×10-2
37.00

Figure 53: Axial Profiles of Gas Volume Fraction for 3-D and 2-D Point-Source Simulations

Figure 54: Axial Profiles of Sand Volume Fraction for 3-D and 2-D Point-Source Simulations
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Figure 55: Axial Profiles of Coal Volume Fraction for 3-D and -2-D Point-Source Simulations

It can be observed in Figure 55 that while the adjusted 2-D cases produce results more
similar to the 3-D simulations in the prediction of coal volume fraction, there are still noteworthy
differences between the results. Both the adjusted and non-adjusted 2-D simulations over-predict
the entrainment of coal in the lower freeboard; however, the adjusted cases exhibit strong
agreement with the 3-D results at heights greater than 10 cm for all of the operating
temperatures. Figure 56 shows axial profiles of coal volume fraction for the 3-D, 2-D, and 2-D
adjusted simulations at each of the operating temperatures throughout the entire height of the
reactor. It can be seen in Figure 56 that the differences between the 2-D adjusted and the 3-D
simulations in coal volume fraction are localized to the lower third of the unit, while the nonadjusted 2-D simulations over-predict coal volume fraction throughout the whole reaction vessel.
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Figure 56: Axial Profiles of Coal Volume Fraction for 3-D and 2-D Simulations for Entire Reactor

Further simulations were conducted to ascertain the cause of the aforementioned
differences between the 3-D and 2-D adjusted simulations. These included executing cases for all
domains and parameter values where only coal was introduced into the unit. Figures 57, 58, and
59 show axial profiles of gas, sand, and coal volume fractions, respectively, for the 3-D, 2-D, and
2-D adjusted simulations, at each of the operating temperatures, for cases where only coal is
injected into the domain through the point-source. It can be seen from Figures 57 through 59 that
the 2-D adjusted simulations almost exactly replicate the 3-D simulations in all of the phasic
volume fractions, while the non-adjusted 2-D results drastically over-predict coal volume
fraction at the bed-freeboard interface. It should be noted for further discussion that in all of the
cases where only coal is injected through the point-source, the bulk of the coal material resides
on top of the sand bed.
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Figure 57: Axial Profiles of Gas Volume Fraction for 3-D and 2-D Coal Only Injection

Figure 58: Axial Profiles of Sand Volume Fraction for 3-D and 2-D Coal Only Injection
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Figure 59: Axial Profiles of Coal Volume Fraction for 3-D and 2-D Coal Only Injection

The aggregate information conveyed through Figures 55, 56, and 59 suggests that
volumetric magnitude of the gas carrier stream is the cause of imperfect similitude between the
2-D adjusted and 3-D simulations. The most noteworthy difference between the 2-D adjusted and
3-D simulations observed in Figures 55 and 56 is the quantity of coal particles entrained within
the lower region of the freeboard. This occurrence is likely caused by a lack of kinematic
similitude between the 2-D adjusted and 3-D simulations, arising from the increased significance
of azimuthal momentum losses. The 2 SLPM volumetric flowrate through the fluidization inlet
results in velocities between 1.9 and 2.5 Umf, which may be directly correlated to the minimum
fluidization volumetric flow rate, 𝑄𝑚𝑓 . By doubling the total gas phase volumetric inputs of the
reactor to 4 SLPM, total flow through the vessel increases to 2.8-5.0 𝑄𝑚𝑓 , resulting in some 2-D
modeling inaccuracies produced by out-of-plane momentum losses [79].
91

4.3.6 Principal Outcomes

A point-source injection modeling strategy was developed and implemented for use in modeling
the Utah State University bench-scale gasification unit [73]. This strategy was applied to both
3-D cylindrical and 2-D Cartesian computational simulations. A parametric study was conducted
to assess the sensitivity of the coal injection simulations to changes in the segregation slope
coefficient. It was observed that SSC does impact the distribution of coal particles within the
reactor; however, without experimental findings to validate the simulated results, the literature
suggested value of 0.3 was used for the remainder of the simulations. Inspection of point-source
simulation animations revealed periodic bubble formation and breakup in the vicinity of the
injection site, caused by the gas carrier stream. The periodicity of the point-source bubble was
observed to be approximately 0.04 to 0.06 seconds and exhibited similar characteristics for each
of the operating temperatures. Lastly, a novel method for establishing similitude between 3-D
cylindrical and 2-D Cartesian simulations of material injected fluidized beds was delineated and
then applied to computational simulations of the point-source injection system. It was shown that
the strategy presented here produced marked improvements in the prediction of phasic volume
fractions compared to directly applying the 3-D conditions to the 2-D domain. Imperfections in
the method were only observable in the lower third of the vessel and may be attributed to
increased significance of azimuthal momentum transfer at volumetric inputs greater than 2𝑄𝑚𝑓 .
This assertion was substantiated by comparative inspection of simulations where only coal was
introduced into the reactor through the point-source.
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Chapter 5.

Modeling Coal Gasification in a Bubbling Fluidized Bed Reactor

“The good thing about science is that it’s true whether or not you believe in it”
– Neil deGrasse Tyson

Up to this point, the efforts presented here have focused solely on hydrodynamic modeling of
coal and sand fluidization systems under a variety of operating conditions. As explained in
Chapter 1, effective computational modeling of coal gasification requires the inclusion of
accurate chemistry models to resolve the occurrence of relevant chemical reactions. This chapter
provides a detailed analysis of the gasification experiments performed by the study collaborators
at Utah State University, including thermodynamic and chemical equilibrium considerations.
Furthermore, chemically reacting gasification simulations were performed using several different
chemistry models. Simulated results were compared to the experimental findings to assess the
applicability of each model.

5.1

Analysis of Experiments

This section provides an in-depth analysis of the experimental findings for coal gasification
under atmospheres of nitrogen and carbon dioxide collected by collaborators at Utah State
University. Equilibrium analyses were performed on the experimental findings to better
understand the thermodynamic state of the gas phase products.
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A discussion of the gasification unit pertaining to reactor setup and experimental
procedure was presented in Chapter 4 and is therefore not provided in this chapter. The reader is
directed to Section 4.3 of this dissertation for a discussion regarding experimental setup and
procedure.

5.1.1 Chemical Composition of Subbituminous Coal

The coal used by the investigation collaborators at Utah State University is a subbituminous coal
from the North Antelope Rochelle Mine located in the Powder River Basin of Wyoming, USA.
The results of ASTM proximate analysis testing performed on the coal are shown in Table 9,
while the data from the ultimate analysis is shown in Table 10. It may be seen in Table 10 that
the investigated subbituminous coal has a relatively low sulfur content compared to that of other
coals. This attribute makes Powder River Basin coals an attractive option for synthesis gas
production, as sulfur-containing compounds present many challenges for downstream processes.

Table 9: Proximate Analysis of North Antelope Subbituminous Coal

Proximate
Moisture
Volatile Matter
Fixed Carbon
Ash

Composition (wt.%)
23.69
33.36
38.01
4.94

Table 10: Ultimate Analysis of North Antelope Subbituminous Coal

Species
C
H
N
O
S

Composition (wt.%)
53.72
6.22
0.78
34.11
0.23
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5.1.2 Product Distributions

Following gasification, the reactor effluent first passes through a high-temperature filter to
separate entrained solids from the gas phase products [73]. The mass of the solids elutriated from
the reactor is recorded as produced char. The gaseous effluent then passes through two ethyleneglycol-cooled condensers to remove condensable vapors from the gas stream. Non-condensable
gases are then introduced to an electrostatic precipitator to sequester any remaining aerosols
from the gas stream. Finally, the permanent gas product composition is analyzed using gas
chromatography. Solids and condensable yields were determined by massing the hot gas filter
and the condensing units, respectively, while total gas yield was determined by chromatographic
analysis and by mass difference.

5.1.2.1 Total Product Distributions
Table 11 contains the product distributions reported by Utah State University for coal
gasification under nitrogen and carbon dioxide. Figure 60 shows a graphical representation of the
Table 11 data, normalized such that the weight fractions sum to one.

Table 11: Total Product Yields (wt.%) for N2 and CO2 Gasification

Product
Char
Water
Tar
Gas

Atmosphere
N2
CO2
N2
CO2
N2
CO2
N2
CO2

700 °C
53.98
57.30
26.10
30.29
5.54
5.86
14.25
6.30
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Temperature
800 °C
52.38
48.20
23.09
29.03
3.64
2.70
20.72
18.80

900 °C
45.14
41.56
13.96
26.46
1.04
1.05
38.96
29.62

Figure 60: Total Product Distribution for (left) N2 and (right) CO2 Gasification

Inspection of Table 11 and Figure 60 reveals that both the nitrogen and carbon dioxide
atmospheres result in very similar trends in macroscopic product formation. It can be seen from
Figure 60 that char, water, and tar exhibit near linear decreases in product formation with
increasing temperature for both of the investigated atmospheres while gas is observed to increase
linearly with increasing temperature. Furthermore, tar production is nearly identical at all
temperatures for both the nitrogen and carbon dioxide systems.
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5.1.2.2 Gas Phase Composition
Gas phase product yields were provided in the form of gas chromatography data. The
species reported were CO, CO2, H2, CH4, and N2. C2 to C4 hydrocarbons were reported as a
lumped group due to their relatively small individual contribution to the overall permanent gas
composition. Table 12 shows the average gas compositions in mole percent across several
gasification trials under both nitrogen and carbon dioxide atmospheres. Figure 61 shows
graphical representations of the Table 12 data. It can be seen in Figure 61 that overall trends in
gas composition between nitrogen and carbon dioxide gasification are very similar, with the
obvious exceptions being the fed gas species. Comparative analysis of the data shown in Table
12 and Figure 61 between the nitrogen and carbon dioxide atmospheres reveals significantly
elevated production of carbon monoxide, likely brought about through the carbon dioxide
gasification reaction. Another noteworthy feature of the systems conveyed in the gas
chromatography data is a decreased output of dihydrogen from the nitrogen atmosphere to the
carbon dioxide atmosphere.

Table 12: Gas Phase Product Distributions (mole %) for N2 and CO2 Gasification

Species
CO
CO2
H2
CH4
C2-C4
N2

Atmosphere
N2
CO2
N2
CO2
N2
CO2
N2
CO2
N2
CO2
N2
CO2

700 °C
1.57
5.34
3.55
88.74
4.25
3.26
1.26
2.31
0.36
0.34
89.01
0.00
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Temperature
800 °C
3.50
13.88
4.09
79.23
7.34
5.19
1.66
1.65
0.35
0.04
83.06
0.00

900 °C
8.16
24.35
3.46
65.31
12.20
8.49
1.78
1.85
0.35
0.00
74.05
0.00

Figure 61: Gas Phase Product Distributions for (left) N2 and (right) CO2 Gasification

To better understand the overall chemistry of the system, the data given in Table 11 were
combined with that in Table 12 to facilitate the incorporation of steam production into the gas
composition data. Those results are quantitatively given in Table 13 and graphically depicted in
Figure 62. Aggregate information contained within Table 13 and Figure 62 demonstrates that
under carbon dioxide the production of steam is significantly higher than that experienced under
nitrogen. Possible causes of this finding are increased moisture content in the coal sample used
for the carbon dioxide, trials or increased activity of the reverse water-gas shift reaction,
introduced later in this chapter, due to the high concentration of carbon dioxide. The latter
explanation is substantiated by the reduction in dihydrogen present in the effluent gas.
98

Table 13: Combined Gas Phase Product Distributions (mole %) for N 2 and CO2 Gasification

Species
CO
CO2
H2
CH4
C2-C4
N2
H2O

Atmosphere
N2
CO2
N2
CO2
N2
CO2
N2
CO2
N2
CO2
N2
CO2
N2
CO2

700 °C
0.42
0.45
0.94
7.42
1.12
0.27
0.33
0.19
0.10
0.03
23.56
0.00
73.53
91.64

Temperature
800 °C
1.33
3.19
1.55
18.19
2.78
1.19
0.63
0.38
0.13
0.01
31.43
0.00
62.16
77.04

900 °C
5.44
8.74
2.31
23.44
8.13
3.05
1.18
0.66
0.23
0.00
49.34
0.00
33.37
64.11

Figure 62: Combined Gas Phase Product Distributions for (left) N 2 and (right) CO2 Gasification
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5.1.3 Thermodynamic Considerations

Understanding the limits that thermodynamics places on chemically reacting systems is
paramount to the interpretation of experimental data and the development of chemistry models.
This section presents a brief thermodynamic assessment of four reactive processes of potential
importance to gasification systems.
The thermodynamic analysis presented here begins with an examination of the Gibbs free
energies for the steam and carbon dioxide gasification reactions. The Gibbs free energy of a
reaction provides information with regard to the thermodynamic favorability of a reactive
process. A reactive process may only occur at temperatures and pressures where the Gibbs free
energy of reaction, ∆𝐺𝑟𝑥𝑛 , is strictly less than zero. Figure 63 shows plots of the Gibbs free
energy of reaction for both steam and carbon dioxide gasification around the temperature region
of interest at 1 atm of pressure. The data shown in Figure 63 were adapted from equilibrium
constant data provided in the work by Walker, Rusinko, and Austin [93].

Figure 63: Gibbs Free Energy of Reaction for CO2 and H2O Gasification
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It can be seen from Figure 63 that thermodynamics limits the occurrence of the
gasification reactions to systems where the temperature exceeds 700 °C in the case of carbon
dioxide gasification and 675 °C for steam gasification. Application of this observation to the
experimental system reveals that oxidation of char by carbon dioxide gasification within the
reactor will not occur to an appreciable degree at the 700 °C operating temperature.
The remaining two reactive processes of potential importance to gasification systems are
the water-gas shift reaction (WGS) and the steam reformation of methane reaction (SRM).
Equations (5.1) and (5.2) show the water-gas shift and steam reformation of methane reactions,
respectively.
𝐶𝑂 + 𝐻2 𝑂 ⇌ 𝐶𝑂2 + 𝐻2

(5.1)

𝐶𝐻4 + 𝐻2 𝑂 ⇌ 𝐶𝑂 + 3𝐻2

(5.2)

Here, an assessment of chemical equilibrium with regard to these reactions is presented.
This analysis is facilitated by inspection of the equilibrium constant, 𝐾𝑝 , whose definition is
given by Equation (5.3). The equilibrium constant provides information concerning the
directional favorability of a reversible chemical process. If 𝐾𝑝 > 1, the forward reaction is
favored, while 𝐾𝑝 < 1 indicates that the reverse reaction is thermodynamically favorable.
−∆𝐺𝑟𝑥𝑛
𝐾𝑃 (𝑇) = 𝑒𝑥𝑝 (
)
𝑅𝑇

(5.3)

Figure 64 shows plots of equilibrium constant for the water-gas shift and steam
reformation of methane reactions. It can be seen from Figure 64 that thermodynamics heavily
favors the forward reaction for the SRM reaction for all of the experimental operating
temperatures, indicating that the reaction of steam and methane would likely be kinetically, not
thermodynamically, limited.
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Figure 64: Equilibrium Constant for (top) WGS and (bottom) SRM
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In the case of the WGS reaction, Figure 64 shows that the equilibrium constant shifts
from favoring the forward to the reverse reaction within the range of operating temperatures.

5.1.4 Equilibrium Analysis

Due to the potential for the water-gas shift reaction to be limited by thermodynamics, an
equilibrium analysis was conducted to determine if the gas effluent produced in the experiments
had achieved chemical equilibrium in water-gas shift and, if not, how far from equilibrium were
the combined gas compositions. This analysis begins with the formulation of species mole
balance equations given by Equations (5.4) through (5.7). Here, 𝑛̇ 𝑖 is the molar flow rate of
species 𝑖 leaving the reactor at equilibrium, 𝑛°̇𝑖 is the actual molar flow rate of species 𝑖 leaving
the reactor, and 𝜉 is the extent of reaction.
𝑛̇ 𝐶𝑂 = 𝑛°̇𝐶𝑂 − 𝜉

(5.4)

𝑛̇ 𝑐𝑜2 = 𝑛°̇𝑐𝑜2 + 𝜉

(5.5)

𝑛̇ 𝐻2 = 𝑛°̇𝐻2 + 𝜉

(5.6)

𝑛̇ 𝐻2 𝑂 = 𝑛°̇𝐻2 𝑂 − 𝜉

(5.7)

Because the water-gas shift reaction is equimolar, there is no need to account for molar
expansion toward defining the total number of moles, thus allowing the mole fractions of each
species to be written as shown in Equation (5.8). Here, 𝜒𝑖 denotes the mole fraction of species 𝑖
at equilibrium, 𝜒°𝑖 denotes the actual mole fraction of species 𝑖, 𝜂 is the normalized extent of
reaction, and 𝜈𝑖 is the stoichiometric coefficient of species 𝑖.
𝜒𝑖 = 𝜒°𝑖 + 𝜂𝜈𝑖
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(5.8)

The WGS equilibrium composition of the effluent constituents must satisfy the relation
shown in Equation (5.9), which may be derived from the definition of Gibbs free energy.
Equation (5.9) was solved for 𝜂 using the combined gas product distribution data for each
atmosphere at each operating temperature. Solutions were generated using a MATLAB computer
program developed by the author using thermodynamic data from the NIST webbook [94].
𝐾𝑝 (𝑇) =

(𝜒°𝑐𝑜2 + 𝜂)(𝜒°𝐻2 + 𝜂)

(5.9)

(𝜒°𝐻2 𝑂 − 𝜂)(𝜒°𝐶𝑂 − 𝜂)

Table 13 shows a comparison of the equilibrium and experimental gas compositions for
the water-gas shift reaction-participating species, along with the normalized reaction extents.
Inspection of the data shown in Table 14 reveals that at the 700 °C operating temperature, the
effluent gas composition is very near the equilibrium composition for water-gas shift, while at
800 °C and 900 °C, the system exhibits limited ability for further forward WGS.

Table 14: Comparison of Experiential and WGS Equilibrated Gas Compositions

Species

Atmosphere
700 °

CO
CO2
H2
H2O
𝜂

N2
CO2
N2
CO2
N2
CO2
N2
CO2
N2
CO2

Exp.
0.42
0.45
0.94
7.42
1.12
0.27
73.53
91.64

Equ.
0.02
0.04
1.34
7.83
1.52
0.68
73.13
91.23
0.004
0.004
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Temperature
800 °C
Exp.
Equ.
1.33
0.16
3.19
0.88
1.55
2.71
18.19
20.50
2.78
3.94
1.19
3.50
62.16
61.00
77.04
74.73v
0.012
0.023

900 °C
Exp.
Equ.
5.44
2.46
8.74
4.38
2.31
5.29
23.44
27.80
8.13
11.11
3.05
7.41
33.37
30.39
64.11
59.76
0.030
0.044

5.2

Chemistry Modeling

Three chemistry models of coal gasification were investigated in this study. These included the
METC Gasifier Advanced Simulation (MGAS) model [49], a variant of the MGAS model that
employs experimental data from in-house NETL experiments, and a model developed by project
collaborators at the University of Delaware. This section introduces each of these models.

5.2.1 METC Gasifier Advanced Simulation Model

The MGAS chemistry model separates chemical reactions into three categories: initial stage,
gasification, and water-gas shift. Initial stage reactions include drying of the coal resulting in the
release of interstitially bound moisture, pyrolysis of the coal volatile matter for the production of
tar and gases, and tar-cracking. Equations (5.10), (5.11), and (5.12) show the reaction equations
for the drying, pyrolysis, and tar-cracking reactions, respectively, where 𝑉𝑀 denotes volatile
matter, 𝑀𝑆𝑇 denotes moisture, and 𝐹𝐶 denotes fixed carbon. Stoichiometric coefficients for the
pyrolysis and tar cracking reactions used in this study, shown in Table 15, were taken from the
Carbonaceous Chemistry for Computational Modeling (C3M) software package, which is
developed and maintained by NETL. C3M contains a database of MGAS coefficients for several
coal types. For this study, the Powder River Basin subbituminous coal (PRB) type was selected
due to its similarity in proximate analysis to the investigated coal.
𝑀𝑆𝑇 → 𝐻2 𝑂

(5.10)

𝑉𝑀 → 𝜈1 𝐶𝑂 + 𝜈2 𝐶𝑂2 + 𝜈3 𝐻2 + 𝜈4 𝐻2 𝑂 + 𝜈5 𝐶𝐻4 + 𝜈6 𝑇𝑎𝑟

(5.11)

𝑇𝑎𝑟 → 𝜈7 𝐹𝐶 + 𝜈9 𝐶𝑂 + 𝜈9 𝐶𝐻4

(5.12)
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Table 15: Stoichiometric Coefficients for MGAS Pyrolysis and Tar Cracking Reactions

Coefficient
𝜈1
𝜈2
𝜈3
𝜈4
𝜈5
𝜈6
𝜈7
𝜈8
𝜈9

Value
0.216348
0.100447
0.413453
1.128101
0.242679
0.142150
7.752829
0.180008
2.857328

Rate equations for the drying, pyrolysis, and tar cracking reactions are given by
Equations (5.13), (5.14), and (5.15). Here, 𝑌𝑖 denotes the mass fraction of species 𝑖 within the
phase of interest. Definition of the parameter 𝑌 ∗ in Equation (5.14) can be found in the MGAS
documentation [49].
𝑟𝑎𝑡𝑒𝑑𝑟𝑦 = 5.1 × 104 𝑒𝑥𝑝 (

−18.7
𝑌𝑀𝑆𝑇
) 𝜀𝑐𝑜𝑎𝑙 𝜌𝑐𝑜𝑎𝑙
𝑅𝑇𝑐𝑜𝑎𝑙
𝑀𝑊𝑀𝑆𝑇

(5.13)

(𝑌𝑉𝑀 − 𝑌 ∗ )
−18.7
𝑟𝑎𝑡𝑒𝑝𝑦𝑟𝑜𝑙𝑦𝑠𝑖𝑠 = 5.1 × 104 𝑒𝑥𝑝 (
) 𝜀𝑐𝑜𝑎𝑙 𝜌𝑐𝑜𝑎𝑙
𝑅𝑇𝑐𝑜𝑎𝑙
𝑀𝑊𝑉𝑀

(5.14)

−22.75
𝑌𝑇𝑎𝑟
𝑟𝑎𝑡𝑒𝑡𝑎𝑟−𝑐𝑟𝑎𝑐𝑘𝑖𝑛𝑔 = 9.0 × 107 𝑒𝑥𝑝 (
) 𝜀𝑔 𝜌𝑔
𝑅𝑇𝑔
𝑀𝑊𝑇𝑎𝑟

(5.15)

Gasification reactions used in the MGAS model are given by Equations (5.16), (5.17),
and (5.18) and include the steam, carbon dioxide, and hydrogen gasification reaction,
respectively. Note that Equations (5.16) through (5.18) are written as reversible.
𝐹𝐶 + 𝐻2 𝑂 ⇌ 𝐶𝑂 + 𝐻2

(5.16)

𝐹𝐶 + 𝐶𝑂2 ⇌ 2 𝐶𝑂

(5.17)

𝐹𝐶 + 2 𝐻2 ⇌ 𝐶𝐻4

(5.18)
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This reversibility is used by the MGAS model to apply adsorption considerations toward
the formulation of the kinetic rate expressions instead of implementing formal LangmuirHinshelwood relations [95]. Rate expressions for the steam, carbon dioxide, and hydrogen
gasification reactions are given in Equations (5.19), (5.20), and (5.21), respectively.

𝑓𝑜𝑟𝑤𝑎𝑟𝑑

𝑟𝑎𝑡𝑒𝐻2 𝑂−𝐺𝑎𝑠 = 70 𝑒𝑥𝑝 (
𝑟𝑎𝑡𝑒𝐻𝑟𝑒𝑣𝑒𝑟𝑠𝑒
2 𝑂−𝐺𝑎𝑠

−30.0
𝑌𝐹𝐶
) 𝜀𝑐𝑜𝑎𝑙 𝜌𝑐𝑜𝑎𝑙
𝑃
𝑅𝑇𝑓𝑖𝑙𝑚
𝑀𝑊𝐹𝐶 𝐻2 𝑂

−22.25
𝑌𝐹𝐶
= 70 𝑒𝑥𝑝 (
− 17.29) 𝜀𝑐𝑜𝑎𝑙 𝜌𝑐𝑜𝑎𝑙
𝑃 𝑃
𝑅𝑇𝑓𝑖𝑙𝑚
𝑀𝑊𝐹𝐶 𝐻2 𝐶𝑂

(5.19)

−30.0
𝑌𝐹𝐶
𝑓𝑜𝑟𝑤𝑎𝑟𝑑
𝑟𝑎𝑡𝑒𝐶𝑂2 −𝐺𝑎𝑠 = 70 𝑒𝑥𝑝 (
) 𝜀𝑐𝑜𝑎𝑙 𝜌𝑐𝑜𝑎𝑙
𝑃
𝑅𝑇𝑓𝑖𝑙𝑚
𝑀𝑊𝐹𝐶 𝐶𝑂2
𝑟𝑒𝑣𝑒𝑟𝑠𝑒
𝑟𝑎𝑡𝑒𝐶𝑂
2 −𝐺𝑎𝑠

−20.37
𝑌𝐹𝐶 2
= 70 𝑒𝑥𝑝 (
− 20.92) 𝜀𝑐𝑜𝑎𝑙 𝜌𝑐𝑜𝑎𝑙
𝑃
𝑅𝑇𝑓𝑖𝑙𝑚
𝑀𝑊𝐹𝐶 𝐶𝑂

𝑓𝑜𝑟𝑤𝑎𝑟𝑑

𝑟𝑎𝑡𝑒𝐻2 −𝐺𝑎𝑠 = 𝑒𝑥𝑝 (
𝑟𝑎𝑡𝑒𝐻𝑟𝑒𝑣𝑒𝑟𝑠𝑒
2 −𝐺𝑎𝑠

(5.20)

−8078
𝑌𝐹𝐶
− 7.087) 𝜀𝑐𝑜𝑎𝑙 𝜌𝑐𝑜𝑎𝑙
𝑃
𝑇𝑓𝑖𝑙𝑚
𝑀𝑊𝐹𝐶 𝐻2

−13577.5
𝑌𝐹𝐶 0.5
= 𝑒𝑥𝑝 (
− −0.372) 𝜀𝑐𝑜𝑎𝑙 𝜌𝑐𝑜𝑎𝑙
𝑃
𝑇𝑓𝑖𝑙𝑚
𝑀𝑊𝐹𝐶 𝐶𝐻4

(5.21)

The final reaction considered in the MGAS chemistry model is the water-gas shift
reaction. The MGAS model assumes that water-gas shift only happens when catalyzed by coal
ash, implying that coal particles must be present for WGS to occur. Equation (5.22) shows the
rate expression for the WGS reaction. Formulae for the WGS equilibrium constant, 𝐾𝑊𝐺𝑆 , and
the catalytic activity parameter, 𝑓 ∗, may be found in the MGAS documentation [49].

𝑟𝑎𝑡𝑒𝑊𝐺𝑆 = 2.877 × 105 𝑒𝑥𝑝 (

𝑌𝐻 𝑌𝐶𝑂
−27.76 (0.5−𝑃)⁄250
)𝑃
(𝑌𝐶𝑂 𝑌𝐻2 𝑂 − 2 2 ) 𝑓 ∗
𝑅𝑇𝑔
𝐾𝑊𝐺𝑆
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(5.22)

5.2.2 HPTR Pyrolysis Model

In addition to the MGAS model, the C3M software also includes an empirical pyrolysis model
developed using in-house NETL experiments from their High-Pressure Tubular Reactor (HPTR)
using a Powder River Basin subbituminous coal [11]. The HPTR pyrolysis model features
variable stoichiometric coefficients that change with reactor operating temperature to more
accurately capture the devolatilization process. Equations (5.23) and (5.24) show the reaction
equation and kinetic rate equation for the HPTR pyrolysis model, respectively. Note that the sole
difference between Equation (5.11) and (5.23) is that the production of ethylene by pyrolysis is
considered. The coefficients for Equation (5.23) at each operating temperature are given in Table
16. In this work, the HPTR pyrolysis model was substituted into the MGAS model in place of
the MGAS pyrolysis and tar-cracking reactions to form a full gasification chemistry model.

𝑉𝑀 → 𝜈1 𝐶𝑂 + 𝜈2 𝐶𝑂2 + 𝜈3 𝐻2 + 𝜈4 𝐻2 𝑂 + 𝜈5 𝐶𝐻4 + 𝜈6 𝐶2 𝐻4 + 𝜈7 𝑇𝑎𝑟

(5.23)

−4.69
𝑌𝑉𝑀
𝑟𝑎𝑡𝑒𝑝𝑦𝑟𝑜𝑙𝑦𝑠𝑖𝑠 = 5.607𝑒𝑥𝑝 (
) 𝜀𝑐𝑜𝑎𝑙 𝜌𝑐𝑜𝑎𝑙
𝑅𝑇𝑐𝑜𝑎𝑙
𝑀𝑊𝑉𝑀

(5.24)

Table 16: Stoichiometric Coefficients for HPTR Pyrolysis Model

Coefficient
𝜈1
𝜈2
𝜈3
𝜈4
𝜈5
𝜈6
𝜈7

Temperature
800 °C
0.394458
0.218673
0.530682
0.540423
0.129196
0.057891
0.144618

700 °C
0.291472
0.215467
0.296903
0.622551
0.097537
0.039283
0.165780
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900 °C
0.491957
0.221709
0.752006
0.462671
0.159168
0.075508
0.124583

5.2.3 University of Delaware Model

Project collaborators at the University of Delaware employed an ideal reactor approach toward
the development of a chemistry model specific to the system of interest. Their kinetic modeling
strategy utilized the plug-flow reactor model [96] in tandem with the experimental findings to
formulate a lumped kinetics model of the gasification system. Their reaction network is
delineated by Equations (5.25) through (5.32) where Equations (5.25), (5.26), and (5.27) are
parallel pyrolysis processes, Equation (5.28) represents tar-cracking, Equations (5.29) through
(5.31) are the char gasification reactions, and Equation (5.32) is the water-gas shift reaction.
Here, 𝐹𝐶𝐻 is a pseudo-species represented an intermediate char-hydrogen complex. Kinetic rate
equations corresponding to the reaction network are given by Equations (5.33) through (5.40).
Here, 𝐾𝑝 (𝑇) denotes the equilibrium constant of the water-gas shift reaction. Notice that all rate
constants for Equations (5.33) to (5.40) are of Arrhenius form [97]. The provided stoichiometric
coefficients for the reaction network are shown in Table 17, while Arrhenius kinetic parameters
are given in Table 18.
𝐶𝑜𝑎𝑙 → 𝜈1 𝐹𝐶𝐻 + 𝜈2 𝐶𝐻4 + 𝜈3 𝐶𝑂 + 𝜈4 𝐶𝑂2 + 𝜈5 𝐻2 + 𝜈6 𝐻2 𝑂

(5.25)

𝐶𝑜𝑎𝑙 → 𝜈7 𝑇𝑎𝑟 + 𝜈8 𝐶𝑂2 + 𝜈9 𝐻2 𝑂

(5.26)

𝐹𝐶𝐻 → 2 𝐹𝐶 + 0.5𝐻2

(5.27)

𝑇𝑎𝑟 → 𝜈10 𝐹𝐶 + 𝜈11 𝐶𝐻4 + 𝜈12 𝐻2 + 𝜈13 𝐻2 𝑂

(5.28)

𝐹𝐶 + 𝐻2 𝑂 → 𝐶𝑂 + 𝐻2

(5.29)

𝐹𝐶 + 𝐶𝑂2 → 2 𝐶𝑂

(5.30)

𝐹𝐶 + 2𝐻2 → 𝐶𝐻4

(5.31)

𝐶𝑂 + 𝐻2 𝑂 ⇌ 𝐶𝑂2 + 𝐻2

(5.32)
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−𝐸1
𝑌𝐶𝑜𝑎𝑙
𝑟𝑎𝑡𝑒5.25 = 𝐴1 𝑒𝑥𝑝 (
) 𝜀𝑐𝑜𝑎𝑙 𝜌𝑐𝑜𝑎𝑙
𝑅𝑇𝑐𝑜𝑎𝑙
𝑀𝑊𝐶𝑜𝑎𝑙

(5.33)

−𝐸2
𝑌𝐶𝑜𝑎𝑙
) 𝜀𝑐𝑜𝑎𝑙 𝜌𝑐𝑜𝑎𝑙
𝑅𝑇𝑐𝑜𝑎𝑙
𝑀𝑊𝐶𝑜𝑎𝑙

(5.34)

−𝐸3
𝑌𝐹𝐶𝐻
) 𝜀𝑐𝑜𝑎𝑙 𝜌𝑐𝑜𝑎𝑙
𝑅𝑇𝑐𝑜𝑎𝑙
𝑀𝑊𝐹𝐶𝐻

(5.35)

−𝐸4
𝑌𝑇𝑎𝑟
) 𝜀𝑔 𝜌𝑔
𝑅𝑇𝑔
𝑀𝑊𝑇𝑎𝑟

(5.36)

𝑟𝑎𝑡𝑒5.26 = 𝐴2 𝑒𝑥𝑝 (

𝑟𝑎𝑡𝑒5.27 = 𝐴3 𝑒𝑥𝑝 (

𝑟𝑎𝑡𝑒5.28 = 𝐴4 𝑒𝑥𝑝 (

𝑌𝐻2 𝑂
−𝐸5
𝑌𝐹𝐶
𝑟𝑎𝑡𝑒5.29 = 𝐴5 𝑒𝑥𝑝 (
) 𝜀𝑐𝑜𝑎𝑙 𝜌𝑐𝑜𝑎𝑙
𝜀𝑔 𝜌𝑔
𝑅𝑇𝑐𝑜𝑎𝑙
𝑀𝑊𝐹𝐶
𝑀𝑊𝐻2 𝑂

(5.37)

𝑌𝐶𝑂2
−𝐸6
𝑌𝐹𝐶
𝑟𝑎𝑡𝑒5.30 = 𝐴6 𝑒𝑥𝑝 (
) 𝜀𝑐𝑜𝑎𝑙 𝜌𝑐𝑜𝑎𝑙
𝜀𝑔 𝜌𝑔
𝑅𝑇𝑐𝑜𝑎𝑙
𝑀𝑊𝐹𝐶
𝑀𝑊𝐶𝑂2

(5.38)

𝑟𝑎𝑡𝑒5.31

𝑌𝐻2
−𝐸7
𝑌𝐹𝐶
= 𝐴7 𝑒𝑥𝑝 (
) 𝜀𝑐𝑜𝑎𝑙 𝜌𝑐𝑜𝑎𝑙
(𝜀𝑔 𝜌𝑔
)
𝑅𝑇𝑐𝑜𝑎𝑙
𝑀𝑊𝐹𝐶
𝑀𝑊𝐻2

2

(5.39)

𝑌𝐶𝑂2 𝑌𝐻2
−𝐸8
𝑌𝐶𝑂 𝑌𝐻2 𝑂
1
2
𝑟𝑎𝑡𝑒5.32 = 𝐴8 𝑒𝑥𝑝 (
) (𝜀𝑔 𝜌𝑔 ) (
−
)
𝑅𝑇𝑔
𝑀𝑊𝐶𝑂 𝑀𝑊𝐻2 𝑂 𝑀𝑊𝐶𝑂2 𝑀𝑊𝐻2 𝐾𝑝 (𝑇)

Table 17: Stoichiometric Coefficients for University of Delaware Model

Stoichiometric Coefficients
𝜈1 = 25.9
𝜈4 = 1.9
𝜈2 = 1.0
𝜈5 = 10.8
𝜈3 = 8.2
𝜈6 = 0.11

𝜈7 = 4.7
𝜈8 = 1.3
𝜈9 = 4.4
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𝜈10 = 11.5
𝜈11 = 1.5
𝜈12 = 0.45

𝜈13 = 1.1

(5.40)

Table 18: Kinetic Parameters for University of Delaware Kinetics Model

Rate Equation
(5.33)
(5.34)
(5.35)
(5.36)
(5.37)
(5.38)
(5.39)
(5.40)

5.3

Pre-exponential Factor (𝐴)
[log10(A)]
4.789604
0.6029808
10.37853
0.9535778
5.359755
3.909284
-2.825928
3.083035

Activation Energy (𝐸)
[kcal/mol]
26.29597
5.90791
58.77551
5.84195
15.62203
12.329
3.218664
2.965164

Numerical Simulations of Coal Gasification

Each of the three aforementioned chemistry models was implemented into 2-D Cartesian
simulations of the point-source coal injection system presented in Chapter 4, using the similitude
adjustment procedure described therein. Simulations were performed using each chemistry
model at each operating temperature for a duration of ten seconds. Coal injection into the
computational domain was initiated after two seconds to allow a realistic hydrodynamic
condition to develop in the bed. Thermochemical properties of gas phase species were taken
from the database of Burcat and Ruscic [98], which is built into the MFiX source code.
Thermochemical properties of requisite pseudo-species, such as coal, ash, volatile matter, and
char, were taken from the C3M database.
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5.3.1 Assessment of Chemistry Models

The gas chromatography data collected by the experimental collaborators constitutes the most
robust source of validation data. Therefore, assessment of the applicability of each chemistry
model to the system of interest was established by comparing the experimental and simulated
effluent gas compositions. To make the results comparable across both experimentally
investigated atmospheres and all three computational models, only reactive, permanent gas
species were used for validation. The effluent composition of the simulations was determined by
space-averaging gas mole fractions near the exit of the reactor and time averaging those data for
two seconds after a steady effluent composition had been achieved by the system.
Figures 65 and 66 show plots of the effluent gas composition versus time from the
MGAS model simulations under nitrogen and carbon dioxide, respectively. It may be observed
from Figures 65 and 66 that the 800 and 900 °C systems achieve a steady gas composition after
approximately eight seconds of simulation time, while the gas compositions at 700 °C are still
developing. Likely causes for this difference in steady effluent composition time are changes in
reactor space-time with temperature and reduced kinetic rates at lower temperatures. The 700 °C
simulations were extended for an additional two seconds to allow a steady effluent gas
composition to develop prior to time averaging. Tables 19 and 20 show comparisons of MGAS
simulated gas mole fractions on a N2/H2O/Tar-free basis with those observed in the experiments,
along with the relative errors of the simulated results. It may be observed from Figure 65 and
Table 19 that the MGAS-simulated nitrogen gasification cases all produce the same steady-state
effluent composition, regardless of temperature. This result is likely caused by a combination of
the static pyrolysis stoichiometry and prevalent occurrence of the pyrolysis and tar-cracking
reactions due to high gas phase dilution by nitrogen.
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Figure 65: Plots of Effluent Species Mole Fraction with Time for the MGAS Model under N2
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Figure 66: Plots of Effluent Species Mole Fraction with Time for the MGAS Model under CO2

114

Table 19: Experimental and Simulated Gas Mole Fractions for MGAS under N2
700 °C
800 °C
Spec.
Exp.
Sim.
Rel. Err.
Exp.
Sim.
Rel. Err.
Exp.
H2
39.97
29.44
26.34 %
44.24
29.44
33.46 %
47.65
CO
14.77
17.23
16.63 %
21.10
17.23
18.34 %
31.87
CH4
11.88
46.18 288.76 %
10.01
46.18
361.57 %
6.95
CO2
33.38
7.15
78.58 %
24.65
7.15
71.00 %
13.53

900 °C
Sim.
29.44
17.24
46.17
7.15

Rel. Err.
38.21 %
45.93 %
564.83 %
47.18 %

Table 20: Experimental and Simulated Gas Mole Fraction for MGAS under CO2
700 °C
800 °C
Spec.
Exp.
Sim.
Rel. Err.
Exp.
Sim.
Rel. Err.
Exp.
H2
3.28
4.04
23.41 %
5.19
4.07
21.50 %
8.49
CO
5.36
2.37
55.79 %
13.89
2.39
82.76 %
24.35
CH4
2.32
6.34 173.08 %
1.65
6.39
286.09 %
1.85
CO2
89.04
87.24
2.02 %
79.27
87.14
9.94 %
65.31

900 °C
Sim.
4.03
2.38
6.32
87.27

Rel. Err.
52.55 %
90.23 %
241.37 %
33.63 %

Inspection of Tables 19 and 20 shows that use of the MGAS chemistry model produces
significant over-prediction of methane when compared to the experiments. Examination of the
model equations reveals that the tar-cracking reaction stoichiometry heavily favors production of
methane. This information, coupled with that given by the tar mole fraction plots shown in
Figures 65 and 66, which show tar to be almost entirely consumed by the cracking reaction,
indicate that methane over-prediction is prospectively the result of over-activity of the tarcracking reaction. However, it is unlikely that MGAS-simulated results would become more
physical by removing the tar-cracking reaction from the model, as static effluent compositions
with changing temperature would likely persist.
Figures 67 and 68 show plots of the effluent gas composition versus time from the HPTR
model simulations under nitrogen and carbon dioxide, respectively. As was the case for the
MGAS model, 800 and 900 °C systems achieve a steady gas composition after approximately
eight seconds of simulation time, while the gas compositions at 700 °C are still developing.
Again, the 700 °C simulations were extended for an additional two seconds.
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Figure 67: Plots of Effluent Species Mole Fraction with Time for the HPTR Model under N 2
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Figure 68: Plots of Effluent Species Mole Fraction with Time for the HPTR Model under CO 2
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Tables 21 and 22 show comparisons of the experimental and HPTR-simulated gas mole
fraction on a N2/H2O/Tar free basis. It can be seen from Tables 21 and 22 that use of the HPTR
pyrolysis model in place of the MGAS pyrolysis and tar-cracking models produces marked
improvement in quantitative agreement between the simulations and the experiments. Inspection
of Table 21 reveals that the HPTR model nearly exactly recovers the experimental gas
composition for nitrogen gasification at 900 °C; however, agreement diminishes with decreasing
temperature, as the carbon monoxide and carbon dioxide production trends diverge at the lower
temperatures. The information contained in Table 22 shows that, under carbon dioxide, the
HPTR model exhibits progressively worsening agreement in carbon dioxide and carbon
monoxide prediction as temperature increases. This observation may be attributed to insufficient
activity of the CO2-char gasification reaction predicted by the model, an assertion that is
substantiated by consistent, monatomic over-prediction of carbon dioxide production and underprediction of carbon monoxide production.

Table 21: Experimental and Simulated Gas Mole Fractions for HPTR under N 2
700 °C
800 °C
Spec.
Exp.
Sim.
Rel. Err.
Exp.
Sim.
Rel. Err.
H2
39.97
32.94
17.58 %
44.24
41.69
5.76 %
CO
14.77
32.34 118.94 %
21.10
30.99
46.89 %
CH4
11.88
10.82
8.93 %
10.01
10.14
1.39 %
CO2
33.38
23.90
28.40 %
24.65
17.17
30.35 %

Exp.
47.65
31.87
6.95
13.53

900 °C
Sim.
46.29
30.30
9.78
13.63

Rel. Err.
2.86 %
4.94 %
40.88 %
0.72 %

Table 22: Experimental and Simulated Gas Mole Fractions for HPTR under CO 2
700 °C
800 °C
Spec.
Exp.
Sim.
Rel. Err.
Exp.
Sim.
Rel. Err.
Exp.
H2
3.28
2.87
12.55 %
5.19
4.80
7.47 %
8.49
CO
5.36
2.82
47.44 %
13.89
3.58
74.19 %
24.35
CH4
2.32
0.94
59.49 %
1.65
1.17
29.40 %
1.85
CO2
89.04
93.38
4.87 %
79.27
90.45
14.10 %
65.31

900 °C
Sim.
6.38
4.22
1.35
88.04

Rel. Err.
24.84 %
82.65 %
27.10 %
34.81 %
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Figures 69 and 70 show plots of the effluent gas composition versus time from the
simulations under nitrogen and carbon dioxide, respectively, where the model provided by
collaborators at the University of Delaware (UD) was used. As was the case with the MGAS and
HPTR chemistry models, the UD model simulations of the 800 and 900 °C systems achieve a
steady gas composition after approximately eight seconds of simulation time, while the gas
compositions at 700 °C are still developing. The 700 °C simulations were extended for an
additional two seconds to allow for sufficient time averaging of the effluent composition data.
Tables 23 and 24 show comparisons of the experimental and UD model simulated gas
mole fraction on a N2/H2O/Tar free basis. Inspection of Table 23 reveals good agreement
between the experiments and simulations in the case of hydrogen production; however, methane
formation is consistently over-predicted. Table 24 shows that carbon monoxide production is
consistently under-predicted for UD model simulations of the carbon dioxide gasification
systems. Again, this observation may be attributed to insufficient activity of the CO2-char
gasification reaction predicted by the model.

Table 23: Experimental and Simulated Gas Mole Fractions for UD under N 2
700 °C
800 °C
Spec.
Exp.
Sim.
Rel. Err.
Exp.
Sim.
Rel. Err.
H2
39.97
37.87
5.23 %
44.24
45.72
3.35 %
CO
14.77
22.46
52.02 %
21.10
27.60
30.81 %
CH4
11.88
27.11 128.23 %
10.01
16.53
65.18 %
CO2
33.38
12.56
62.39 %
24.65
10.15
58.83 %

Exp.
47.65
31.87
6.95
13.53

900 °C
Sim.
56.68
26.01
9.54
7.77

Rel. Err.
18.96 %
18.41 %
37.42 %
42.60 %

Table 24: Experimental and Simulated Gas Mole Fractions for UD under CO 2
700 °C
800 °C
Spec.
Exp.
Sim.
Rel. Err.
Exp.
Sim.
Rel. Err.
Exp.
H2
3.28
6.07
85.42 %
5.19
10.02
93.03 %
8.49
CO
5.36
3.68
31.27 %
13.89
6.09
56.13 %
24.35
CH4
2.32
4.35
87.26 %
1.65
3.60
117.52 %
1.85
CO2
89.04
85.89
3.54 %
79.27
80.29
1.29 %
65.31

900 °C
Sim.
16.22
7.47
2.71
73.60

Rel. Err.
90.97 %
69.30 %
46.22 %
12.70 %
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Figure 69: Plots of Effluent Species Mole Fraction with Time for the UD Model under N2
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Figure 70: Plots of Effluent Species Mole Fraction with Time for the UD Model under CO 2
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Quantitative comparison of the validity of the investigated chemistry models was
addressed by comparing the average relative error of each model for each system. Table 25
shows the mean relative error for each model at each of the operating conditions. It can be seen
from Table 25 that the HPTR model provides the most accurate results of all of the investigated
models for each operating condition. This occurrence can most likely be attributed to the
specialized method used in the determination of the pyrolysis reaction stoichiometric
coefficients. Detailed inspection of Tables 22 and 24 reveals that the UD model does provide
more accurate results in the determination of carbon monoxide production for systems under
carbon dioxide. This observation indicates that the kinetic rate expression and parameters
employed by the UD model for the determination of CO2-char gasification rate are more accurate
than those used by the HPTR, i.e. MGAS, models. The aggregate of these results suggest that
while the HPTR model does outperform the UD model for each investigated case, this finding is
likely the result of the HPTR pyrolysis model accuracy propagating through the simulated
solution. It follows that the UD model may experience improved accuracy through tuning the
pyrolysis stoichiometry, using the HPTR pyrolysis coefficients as a starting point.

Table 25: Mean Relative Errors for each Chemistry Model at each Operating Condition

Model
MGAS
HPTR
UD

Atmosphere
N2
CO2
N2
CO2
N2
CO2

700 °C
102.58 %
63.57 %
43.46 %
31.09 %
61.97 %
51.87 %
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Temperature
800 °C
121.09 %
100.07 %
21.10 %
31.29 %
39.54 %
66.99 %

900 °C
174.04 %
104.45 %
12.35 %
42.35 %
29.35 %
54.80 %

5.3.2 Analysis of the HPTR Model Results

Following the identification of the HPTR chemistry model as the most suitable for computational
simulation of the system of interest, the results of HPTR cases were further analyzed to better
understand the modeling strategy.
Figures 71 and 72 show time-averaged axial profiles of gas species mole fractions for the
HPTR model simulations under nitrogen and carbon dioxide, respectively. Inspection of Figures
71 and 72 reveals that both the nitrogen and carbon dioxide atmospheres produce very similar
results at all temperatures, with the obvious exception of the fluidizing gas species. It can be seen
in these figures that each system experiences surge in gas evolution in the immediate vicinity of
the coal injection site, followed by slight dilution by the gas carrier stream. This behavior
becomes increasingly pronounced as temperature increases, which is likely caused by the
increased permanent gas production of the HPTR pyrolysis stoichiometry with increasing
temperature.
Figures 73 and 74 show time-averaged contour plots of gas volume fraction for the HPTR
simulations under nitrogen and carbon dioxide, respectively. Figures 75 and 76 depict timeaveraged contour plots of sand volume fraction for the HPTR simulations under nitrogen and
carbon dioxide, respectively. Figures 77 and 78 show time-averaged contour plots of coal
volume fraction for the HPTR simulations under nitrogen and carbon dioxide, respectively. The
aggregate information conveyed by these figures is that both the nitrogen and carbon dioxide
systems exhibit nearly identical hydrodynamic behavior at each operating temperature.
Inspection of Figures 73 and 74 reveals the presence of a gas void in the vicinity of the injection
site. This behavior is similar to that observed in the 3-D cylindrical point-source cases shown in
Chapter 4; however, the 2-D cases appear slightly more diffuse near the bed-freeboard interface.
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Figure 71: Axial Profiles of Gas Mole Fractions for HPTR Simulations under N 2
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Figure 72: Axial Profiles of Gas Mole Fractions for HPTR Simulations under CO 2
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Figure 73: Contours of Gas Volume Fraction for HPTR Model Simulations under N 2

Figure 74: Contours of Gas Volume Fraction for HPTR Model Simulations under CO 2
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Figure 75: Contours of Sand Volume Fraction for HPTR Model Simulations under N 2

Figure 76: Contours of Sand Volume Fraction for HPTR Model Simulations under CO 2
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Figure 77: Contours of Coal Volume Fraction for HPTR Model Simulations under N 2

Figure 78: Contours of Coal Volume Fraction for HPTR Model Simulations under CO 2
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Inspection of Figures 77 and 78 reveals diminishing in the quantity of coal particles
present within the bed region with increasing temperature; however, this observation is likely
exacerbated at the 700 °C operating temperature by the time-averaging region being 10-12
seconds, to allow for a steady effluent composition to develop, instead of the 8-10 seconds used
for the 800 and 900 °C operating temperatures. Comparison of the 800 and 900 °C operating
temperatures for each atmosphere reveals slightly less coal material in the bed region at the
higher temperature, which is likely caused by increased entrainment brought about by the higher
Umf factor experimented by the 900 °C systems.
Figures 79 and 80 depict time-averaged contour plots of drying reaction rate for the
HPTR simulations under nitrogen and carbon dioxide, respectively. Inspection of Figures 79 and
80 reveals that similar drying behavior is experienced under both investigated atmospheres. It
can be observed from these figures that moisture release is most prevalent in the immediate
vicinity of the injection site and that the maximal rate of the drying process increases with
increasing temperature. Figures 79 and 80 also show increased activity of the drying reaction at
the top of the bed for the lower two operating temperatures. A likely cause for this behavior is
that the moisture content of the coal material is more quickly depleted at the 900 °C temperature.
Figures 81 and 82 show time-averaged contour plots of pyrolysis reaction rate for the
HPTR simulations under nitrogen and carbon dioxide, respectively. Inspection of these figures
shows that the bulk of the pyrolysis process is confined to the bed with diminishing activity
along the axial length of the vessel. Furthermore, the pyrolysis reaction of the HPTR model
appears to be largely temperature independent, which is likely the result of the low activation
energy of 4.69 kcal/mol used in the kinetic rate expression. Comparison of Figures 81 and 82
reveals very similar pyrolysis behavior is experienced under both atmospheres.
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Figure 79: Contours of Drying Reaction Rate for HPTR Model Simulations under N 2

Figure 80: Contours of Drying Reaction Rate for HPTR Model Simulations under CO 2
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Figure 81: Contours of Pyrolysis Reaction Rate for HPTR Model Simulations under N 2

Figure 82: Contours of Pyrolysis Reaction Rate for HPTR Model Simulations under CO 2
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Figures 83 and 84 depict time-averaged contour plots of the steam gasification reaction
rate for the HPTR simulations under nitrogen and carbon dioxide, respectively. Inspection of
Figures 81 and 82 reveals similar activity in steam gasification is experienced under both of the
investigated atmospheres. It can be seen in these figures that very little steam gasification
activity is apparent at the 700 and 800 °C temperatures. While the 900 °C operating temperature
does exhibit some activity in steam gasification comparison, of the reaction rates in shown in
Figures 83 and 84 to those of the drying and pyrolysis reactions shows that initial stage reactions
are dominant.
Figures 85 and 86 show time-averaged contour plots of the carbon dioxide gasification
reaction rate for the HPTR simulations under nitrogen and carbon dioxide, respectively. The
behavior exhibited by the carbon dioxide gasification reaction is similar to that of the steam
gasification reaction in that very little reaction activity is apparent at the 700 and 800 °C
temperatures. At the 900 °C operating temperature, some activity of the carbon dioxide
gasification reaction is apparent under nitrogen; however, the highest rates are observed under
carbon dioxide. Again, while the 900 °C operating temperature under carbon dioxide does
exhibit activity in carbon dioxide gasification, comparison of the reaction rates shown in Figures
85 and 86 to those of the drying and pyrolysis reactions shows that initial stage reactions are
dominant over carbon dioxide gasification as well.
Figures 87 and 88 depict time-averaged contour plots of the water-gas shift reaction rate
for the HPTR simulations under nitrogen and carbon dioxide, respectively. It can be seen from
Figures 87 and 88 that some forward water-gas shift is experienced by the nitrogen systems;
while the direction of water-gas shift swings from forward to reverse as temperature increases for
the carbon dioxide systems.
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Figure 83: Contours of Steam Gasification Rate for HPTR Model Simulations under N 2

Figure 84: Contours of Steam Gasification Rate for HPTR Model Simulations under CO2
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Figure 85: Contours of Carbon Dioxide Gasification Rate for HPTR Model Simulations under N 2

Figure 86: Contours of Carbon Dioxide Gasification Rate for HPTR Model Simulations under CO 2
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Figure 87: Contours of Water-Gas Shift Reaction Rate for HPTR Model Simulations under N 2

Figure 88: Contours of Water-Gas Shift Reaction Rate for HPTR Model Simulations under CO 2
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5.3.3 Principal Outcomes

Numerical simulations of coal gasification in a bubbling fluidized bed reactor were conducted
using three different chemistry models. Permanent gas mole fractions calculated by the
simulations were then compared to values obtained from experiments using the average relative
error as the model quality metric. The HPTR model was observed to provide the highest level of
agreement with the experimental results. That finding is likely the result of improved modeling
of the pyrolysis reaction exhibited by the HPTR model.
Detailed analysis of the HPTR simulations revealed that the drying and pyrolysis
reactions were the dominant processes experienced by the systems, even when carbon dioxide
was used as the fluidizing agent. Comparison of the HPTR model results for systems under
carbon dioxide to those of the experiments demonstrated that carbon monoxide production is
under-predicted by the model, while the quantity of carbon dioxide in the reactor effluent is overpredicted. This observation, coupled with the information conveyed by the contours of carbon
dioxide gasification reaction rate, suggests that the HPTR model is under-predicting the activity
of the carbon dioxide gasification reaction.
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Chapter 6.

Conclusions, Recommendations, and Remarks

“The best way to have a good idea is to have a lot of ideas”
– Linus Pauling

6.1

Summary of Findings

The efforts presented in this treatise sought to advance understanding in the field of
computational fluid dynamics as it pertains to multiphase systems with chemical reactions. These
efforts began with the development of a hydrodynamic modeling strategy to accurately simulate
the fluidization behavior of sand and coal in a cold-flow, nitrogen-fed unit. The developed
strategy was computationally applied using the MFiX software package for both 2-D Cartesian
and 3-D cylindrical domain discretizations. The model was shown to accurately predict both
pressure drop and bed expansion in both domain discretizations for systems where the
fluidization velocity did not exceed 2.5Umf.
Following the successful validation of the hydrodynamic modeling strategy for cold-flow
systems, simulations of sand fluidization at elevated temperatures were conducted under
atmospheres of nitrogen, carbon dioxide, and steam in an effort to quantify the impact
temperature and gas species have on fluidized bed hydrodynamics. It was observed that changes
in fluid density and viscosity experienced at elevated temperatures significantly affected the
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minimum fluidization velocities of each gas-solids system when compared to those experienced
at room temperature. Furthermore, it was demonstrated that both nitrogen and carbon dioxide
exhibit very similar fluidization behaviors at all investigated temperatures.
The final hydrodynamic study involved the implementation of a point-source injection
technique to model the non-symmetric introduction of coal into the gasification unit. Simulations
employing a 3-D cylindrical discretization of the computational domain were conducted to assess
sensitivity of the system to the segregation slope coefficient. Those simulations revealed that the
system does exhibit sensitivity to changes in SCC, as coal particles experienced increased holdup
in the vicinity of the injection site. Then, analyses were performed to better understand the
interaction between the sand bed and the injection stream. Periodic bubble formation and
breakup were observed to occur in the vicinity of the injection site.
A method for establishing similitude between 2-D and 3-D multiphase systems was
developed and applied to the point-source injection system. The adjustment strategy delineated
in this work showed marked improvement in model agreement over direct application of 3-D
properties into the 2-D system. Further analyses revealed that differences between the 3-D and
2-D-adjusted systems vanish in the absence of the gas carrier stream, indicating that while the
method presented here does guarantee global similitude phasic volume fractions, local similitude
is difficult to replicate due to changes in system kinematics.
Simulations of coal gasification were then performed using three chemistry modeling
strategies to assess the applicability of each model to the system of interest. Model validity was
judged using the average relative error in permanent gas prediction. It was shown that the HPTR
model provided the most accurate results. Success of the HPTR model was attributed to its
improved accuracy in pyrolysis reaction modeling.
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6.2

Future Work and Recommendations

As is the case with any advanced research topic, the results provided in this work raise nearly as
many questions as there were answers provided. The validity of the point-source injection
strategy presented here is substantiated solely on the basis that the models used showed strong
agreement for simple fluidization at low temperatures. Experimental observations of nonsymmetric material injection are necessary to validate the strategy on the whole, as well as
provide information as to the correct value of the segregation slope coefficient.
The similitude establishment method provided here may be simplistic in its origin;
however, the improved agreement achieved between the 3-D and 2-D-adjusted systems
demonstrate that the method does assist in reconciling changes in model dimensionality for
multiphase systems. The inclusion of kinematic considerations into the strategy may further
enhance trans-dimensional reconciliation of phasic volume fractions for complicated systems.
The results of the gasification study showed that the HPTR model narrowly produced
stronger agreement with the experimental results than those of the model developed at the
University of Delaware. However, the success of the HPTR model appears to result from
improved pyrolysis modeling, not the accuracy of the overall reaction network. This assertion is
most clearly demonstrated by the clear under-prediction of carbon dioxide gasification activity. It
is therefore recommended here that the HPTR model serve as a starting point for improvement of
the UD pyrolysis model. Furthermore, while the UD model does appear to better represent the
activity of the carbon dioxide gasification reaction, as evidenced in Table 24, the PFR
idealization of the system may not be the best approach.
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Inspection of the coal volume fraction contours reveals that the bulk of the coal phase
resides within the lower third of the reactor, implying that gasification activity would be greatest
in that region. It is therefore suggested that an idealized network strategy be applied to the UD
kinetics model that utilizes the continuous stirred-tank (CSTR) model [96] to capture the
behavior of the solids within the bed in series with the PFR model to represent the freeboard.

6.3

Closing Remarks

The studies postulated, conducted, and elucidated for the development of this treatise constitute a
small, yet significant, contribution to the field of gasification virtual reactor design. Efforts
delineated in this work provide a solid foundation for the improvement of both hydrodynamics
modeling for systems with complex injection geometries and gasification chemistry modeling.
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Appendix A

Grid Convergence Method

The Grid Convergence Method (GCI) presented in Celik et al. [77] is the preferred method of
estimating discretization uncertainty for use in the American Society of Mechanical Engineers’
Journal of Fluids Engineering. The GCI method is delineated in this appendix with the procedure
taken directly from Celik et al.

Step 1: Define a characteristic cell size
The first part of the procedure involves defining a characteristic dimension of the domain
discretization. For a 2-D Cartesian domain, the characteristic cell size, ℎ, is found using Equation
(A.1) where 𝑁 denotes the total number of cells and ∆𝐴 denotes the cell area.

𝑁

1
ℎ = [ ∑ ∆𝐴𝑖 ]
𝑁

1⁄2

(A.1)

𝑖=1

In the case of structured grids where the cell edge lengths in the vertical and horizontal
coordinates are equal, Equation (A.1) simply returns the cell edge length
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Step 2: Select three distinctly different domain discretizations
The next step in the GCI method is to perform the simulation of interest on three
distinctly differed grids. Differences between the grids are quantified by the grid refinement
factor, 𝑟, whose definition is given by Equation (A.2). It is recommended in Celik et al. that the
refinement factors be strictly greater than 1.3.

𝑟=

ℎ𝑐𝑜𝑎𝑟𝑠𝑒
ℎ𝑓𝑖𝑛𝑒

(A.2)

Step 3: Determine the apparent order of the method
Let ℎ1 < ℎ2 < ℎ3 and 𝑟21 = ℎ2 ⁄ℎ1 , 𝑟32 = ℎ3 ⁄ℎ2 . The apparent order of the method, 𝑝, is
determined using Equations (A.3) through (A.5), where 𝜙𝑖 is the value of the quantity of interest
for the 𝑖 𝑡ℎ domain discretization.

𝑝=

1
𝜙3 − 𝜙2
|𝑙𝑛 |
| + 𝑞(𝑝)|
𝑙𝑛(𝑟21 )
𝜙2 − 𝜙1

(A.3)

𝑝
𝑟21
−𝑠
𝑞(𝑝) = 𝑙𝑛 ( 𝑝
)
𝑟32 − 𝑠

(A.4)

𝜙3 − 𝜙2
)
𝜙2 − 𝜙1

(A.5)

𝑠 = 𝑠𝑔𝑛 (

Note that if 𝑟21 = 𝑟32 , then 𝑞(𝑝) = 0 ∀ 𝑝, thus eliminating the need for an iterative
solution for the determination of 𝑝.
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Step 5: Determine and report error estimates
𝑖𝑗

The relative error between grids, 𝑒𝑎 , is determined using Equation (A.6). The grid
convergence index is then found using Equation (A.7)

𝑖𝑗

𝑒𝑎 = |

𝜙𝑗 − 𝜙𝑖
|;𝑖 > 𝑗
𝜙𝑗

(A.6)

𝑖𝑗

𝑖𝑗

𝐺𝐶𝐼 =

1.25𝑒𝑎

𝑟𝑖𝑗𝑝 − 1
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;𝑖 > 𝑗

(A.7)
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