Process Modeling of Next-Generation Liquid Fuel Production — Commercial

Hydrocracking Process and Biodiesel Manufacturing

Ai-Fu Chang

Dissertation submitted to the Faculty of
Virginia Polytechnic Institute and State University

in partial fulfillment of the requirements for the degree of

Doctor of Philosophy
in

Chemical Engineering

Y. A. Liu, Chair
Luke E. K. Achenie
Richey M. Davis
Preston L. Durrill

September 7, 2011
Blacksburg, VA

Keyword: model, hydrocracking, biodiesel, process optimization, product design



Process Modeling of Next-Generation Liquid Fuel Production — Commercial

Hydrocracking Process and Biodiesel Manufacturing

Ai-Fu Chang

Abstract

This dissertation includes two process modeling studies — (1) predictive modeling of large-scale
integrated refinery reaction and fractionation systems from plant data — hydrocracking process;
and (2) integrated process modeling and product design of biodiesel manufacturing.

1. Predictive Modeling of Large-Scale Integrated Refinery Reaction and Fractionation
Systems from Plant Data — Hydrocracking Processes: This work represents a workflow to
develop, validate and apply a predictive model for rating and optimization of large-scale
integrated refinery reaction and fractionation systems from plant data. We demonstrate the
workflow with two commercial processes — medium-pressure hydrocracking unit with a feed
capacity of 1 million ton per year and high-pressure hydrocracking unit with a feed capacity of 2
million ton per year in the Asia Pacific. This work represents the detailed procedure for data
acquisition to ensure accurate mass balances, and for implementing the workflow using Excel
spreadsheets and a commercial software tool, Aspen HYSYS from Aspen Technology, Inc. The
workflow includes special tools to facilitate an accurate transition from lumped kinetic
components used in reactor modeling to the boiling point based pseudo-components required in
the rigorous tray-by-tray distillation simulation. Two to three months of plant data are used to
validate models’ predictability. The resulting models accurately predict unit performance,
product yields, and fuel properties from the corresponding operating conditions.

2. Integrated Process Modeling and Product Design of Biodiesel Manufacturing: This work



represents first a comprehensive review of published literature pertaining to developing an
integrated process modeling and product design of biodiesel manufacturing, and identifies those
deficient areas for further development. It also represents new modeling tools and a methodology
for the integrated process modeling and product design of an entire biodiesel manufacturing train.
We demonstrate the methodology by simulating an integrated process to predict reactor and

separator performance, stream conditions, and product qualities with different feedstocks. The
results show that the methodology is effective not only for the rating and optimization of an
existing biodiesel manufacturing, and but also for the design of a new process to produce

biodiesel with specified fuel properties.
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Format of Dissertation
This dissertation is written in journal format. Chapter 1 describes the motivations of this research
product. Chapters 2 and 3 are self-contained papers that separately describe the literature review,
modeling technology, results, and conclusions for commercial hydrocracking process and
biodiesel manufacturing, respectively. Chapter 4 summarizes the contributions of this research

product.
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Chapter 1 Introduction and Dissertation Scope.

Nowadays, the disparity between raising demand and decreasing discoveries of fossil fuel
sources is increasingly drawing global attention'. People are worried that the slow growth of
crude oil production will not meet global demand’s burst in the near future. Researchers and
scientists are seeking for solutions in three areas — (1) improve the exploration technology to
exploit more fossil fuel and gas; (2) maximize the usage of fossil fuel and gas; and (3) develop
new technology to produce energy from sustainable sources. Chemical engineers are more
interested in the second and third areas since they require good understanding of process system
engineering and relevant chemistry knowledge. The second area includes many different tasks on
improving existing process and/or developing new process to better utilize fossil fuel and gas,
such as recovering more gas oil from atmospheric residue (deep-cut operation in vacuum
distillation unit), improving the production scenario of hydrocracking process to produce better
product distribution and gasifying coal into syngas which can be converted into liquid fuel
through Fischer-Tropsch reaction. On the other hand, the third area is concerned with seeking for
different sustainable sources and transforming those sustainable sources into usable forms of
energy such as bio-ethanol from corns, biodiesel from crops and algae, solar electricity from
sunlight and wind power generation.

This dissertation includes two process modeling studies which improve existing simulation
technologies in both areas — (1) predictive model of large-scale integrated refinery reaction and
fractionation systems from plant data — hydrocracking processes; and (2) integrated process
modeling and product design of biodiesel manufacturing.

In Predictive Model of Large-Scale Integrated Refinery Reaction and Fractionation
Systems from Plant Data — Hydrocracking Processes, the following issues are investigated

and addressed:



1. Review of current modeling technologies on plant-wide simulation of hydrocracking process;

2. Identification of the deficiencies in current modeling technologies which are

a.

b.

Lack of plant-wide process model verified with long-term process and production data;
Unable to connect hydrocracking reactor model with the simulation of downstream
distillation column;

Most of the published models are either using complex kinetic lumping model or
simple boiling point lumping model. The former requires detailed molecular
information of feedstock which is not available in daily measurements in a refinery.
The latter is only able to provide good predictions of product yields and can not predict

unit performance and fuel quality.

In Integrated Process Modeling and Product Design of Biodiesel Manufacturing, the

following issues are investigated and addressed:

1. Review of current modeling technologies on biodiesel process;

2. Identification of the deficiencies in current modeling technologies which are

a.

Improper representation of feedstock — most models use pure triolein to represent
feedstock which is a complex mixture of various triglyceride molecules;

Poor estimation on required physical properties for modeling — none of the published
models discuss the estimation of required physical properties for modeling, particularly
the thermophysical properties of triglyceride molecules which are major components in
feedstock oil;

Simplified reaction kinetics in reactor model — most models utilize simplified reaction
kinetics assuming fix reaction conversion regardless of reactor condition;

Lack of biodiesel property prediction — none of the model is able to predict fuel

property of biodiesel for product design purpose.
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Chapter 2 Predictive Model of Large-Scale Integrated Refinery Reaction and
Fractionation Systems from Plant Data — Hydrocracking Processes.
Abstract
This paper presents a workflow to develop, validate and apply a predictive model for rating and
optimization of large-scale integrated refinery reaction and fractionation systems from plant data.
We demonstrate the workflow with two commercial processes — medium-pressure hydrocracking
(MP HCR) unit with a feed capacity of 1 million ton per year and high-pressure hydrocracking
(HP HCR) unit with a feed capacity of 2 million ton per year in the Asia Pacific. The units
include reactors, fractionators, and hydrogen recycle system. With catalyst and hydrogen, the
process converts heavy feedstocks, such as vacuum gas oil, into valuable low-boiling products,
such as gasoline and diesel. We present the detailed procedure for data acquisition to ensure
accurate mass balances, and for implementing the workflow using Excel spreadsheets and a
commercial software tool, Aspen HYSY S/Refining from Aspen Technology, Inc. Our procedure
is equally applicable to other commercial software tools, such as Petro-SIM from KBC Process
Technologies, Inc. The workflow includes special tools to facilitate an accurate transition from
lumped kinetic components used in reactor modeling to the pseudo-components based on boiling
point ranges required in the rigorous tray-by-tray simulation of fractionators. We validate the two
models with two to three months of plant data, and the resulting models accurately predicts unit
performance, product yields, and fuel properties from the corresponding operating conditions.
MP HCR model predicts the yields of heavy naphtha, diesel fuel and bottom products with
average absolute deviations (AADs) of 3.4 wt%, 2.4 wt% and 2.4 wt%, respectively; it predicts
the specific gravities of heavy naphtha, diesel fuel and bottom oil with AADs of 0.0184, 0.0148
and 0.008, respectively; it predicts the flash point and freezing point of diesel fuel with AADs of

3.6'C and 4.1°C, respectively; and it predicts the outlet temperatures of catalyst beds with AADs



of 1.9°C. HP HCR model predicts the yields of LPG, light naphtha, heavy naphtha, jet fuel, and
resid oil with AADs of 0.4 wt%, 0.2 wt%, 0.5 wt%, 0.4 wt%, and 1.7 wt% respectively; it
predicts the specific gravities of light naphtha, heavy naphtha, jet fuel, and resid oil with AADs
0f 0.0049, 0.0062, 0.134, and 0.0045, respectively; it predicts the flash point and freezing point
of jet fuel with AADs of 1.6°C and 2.3°C, respectively; and it predicts the outlet temperatures of
catalyst beds of the two hydrocracking reactors with AADs of 1.8 ‘C and 3.2 C.

We apply the validated plantwide model to quantify the effect of H,-to-oil ratio on product
distribution and catalyst life, and the effect of HCR reactor temperature and feed flow rate on
product distribution. The results agree well with experimental observations reported in the
literature. We also incorporate the model with linear programming production planning by
generating delta-base vector. Our resulting models only require typical operating conditions and
routine analysis of feedstock and products, and appears to be the only reported integrated HCR
models that can quantitatively simulate all key aspects of reactor operation, fractionator
performance, hydrogen consumption, product yield and fuel properties.

2.1 Introduction.

Hydrocracking (HCR) is one of the most important process units in modern refinery. It is widely
used to upgrade the heavy petroleum fraction such as vacuum gas oil. With catalyst and excess
hydrogen, HCR converts heavy oil fractions such as vacuum gas oil (VGO) from crude
distillation unit, into broad range of valuable low-boiling products, such as gasoline and diesel.
Figure 2.1 represents a typical process flow diagram of a single-stage HCR process with two
reactors. The first reactor is usually loaded with hydrotreating catalyst to removes most of the
nitrogen and sulfur compounds from feedstock. In addition, small extent of HCR also takes place
in the first reactor. The effluent from first reactor passes through the HCR catalyst loaded in the

second reactor where most of the HCR is reached.
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Figure 2.1 Flow diagram of a typical single-stage HCR process.

Petroleum fraction is a complex mixture which contains an enormous number of hydrocarbons.
Figure 2.2 illustrates the compositional complexity of petroleum oil, displaying that the number
of paraffin isomers rapidly increases with boiling point and carbon number'. Therefore, it is
difficult to identity the molecules involved in petroleum oil, and study reaction kinetics of HCR
process based on the “real compositions” of the feed oil. To overcome this difficulty, refiners
apply lumping technique to partition the hydrocarbons into multiple lumps (or model compounds)
based on molecular structure or/and boiling point, and assume the hydrocarbons of each lump to
have an identical reactivity to build the reaction kinetics of HCR. Since Qader and Hill*
presented first kinetic model of HCR process by using two lumps approach, kinetic lumping

model of HCR has been widely reported in the literature.
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Figure 2.2 Complexity of petroleum oil (redraw from ref. [1]).

Figure 2.3 illustrates the scopes of published HCR models classified according to a three-layer
onion. The core of the onion is kinetic model, focusing on the micro-kinetic analysis of reaction
mechanisms. It allows the study of catalyst selection, feedstock effect and the influence of
reaction conditions. Reactor model quantifies the reactor performance (e.g. product yield and
fuel properties) under different operating conditions, such as flow rate, temperature profile, and
hydrogen pressure. It helps the refiner determine the optimal unit operations. A Process model
aids in the optimization of plantwide operating conditions to maximize the profit, minimize the
cost and enhance the safety. However, there is few attention paid on developing a plantwide
HCR process model in modeling literature. On the other hand, lumping techniques of kinetic
model, as the core of HCR modeling work, have been widely reported in the literature. Most of
the modeling literature is concerned about developing detail kinetic lumping model to identify
the reaction chemistry of HCR process. There are two major classes of lumping techniques: (1)

lumping based on non-molecular composition, and (2) lumping based on molecular composition.
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Figure 2.3 A three-layer onion for modeling scope

Lumping based on molecular composition defines the kinetic lumps according to structural and
reactive characterizations of hydrocarbon species, and tracks interactions among a large number
of kinetic lumps and reactions. It selects lumped components to characterize the feed oil, build
the reaction network and represent the product composition. By contrast, lumping based on
non-molecular composition considers molecules of different homologous families. For example,
a kinetic lump of boiling point cut assumes the hydrocarbons within certain boiling point range
to have the same reactivity and cannot differentiate between the different hydrocarbon types in
the same boiling point range. When applying a lumping scheme based on molecular composition,
the feed oil composition has small or no effect on the resulting kinetic scheme, and it allows
predictions of fuel qualities from molecular composition. The most well-known lumping

3,4,5
*® 2 and

techniques based on molecular composition are the structure-oriented lumping (SOL)
the single-event model®. SOL technique has been applied to plant-wide process models such as
hydrodefsufurization’ and fluid catalytic cracking unit®. In addition, there is a report of

single-event model of HCR kinetics of oil fraction that includes as many as 1266 kinetic lumps’.

The lumping based on molecular composition usually requires more computation time and



makes it difficult to incorporate equipment simulation such as reactor hydrodynamics. It also
requires more data than what the routine chemical analysis in a refinery can provide. This limits
its application to kinetics and catalyst studies, and can rarely apply to a plantwide process model.
In addition to the SOL and single-event model, however, there are other non-complex lumping
techniques based on molecular composition, such as the approach of Aspen HYSYS/Refining
hydrocracker model (Aspen Technology, Inc. Burlington, Massachusetts) that we will discuss in
Section 2.2. Table 2.1 summarizes the key features of well-known published HCR models based
on non-molecular composition lumping. For a review and comparison on HCR reactor models,
please see Ancheyta et al.'’; and for a review of kinetic modeling of large-scale reaction systems
through lumping, please refer to Ho''.

The objective of this work is to develop, validate and apply a methodology for the predictive
process model of large-scale integrated refinery reaction and fractionation systems from plant
data. In particular, we model two commercial HCR units in the Asia Pacific, These include a
medium-pressure HCR (MP HCR) unit that processes 1 million ton feedstock per year with a
reactor pressure of 11.5 to 12.5 MPa, and a high-pressure HCR (HP HCR) unit that processes 2

million ton feedstock per year with a reactor pressure of 14.5 to 15.0 MPa.



Table 2.1 Key features of published HCR models built by lumping based on non-molecular composition

Nature of the Model Model Capability
Modelin Lumping Data Data Requirement Data Requirement** Reactor Operation Product Colum Fuel Quality
g Scope Technique Source (Feed) (Product) P Yield Simulation Estimation
Qader and Hill? Ilf/}ﬁfiilc 2 Lumps Laboratory None Yield N/A Yes N/A N/A
Valavarasu et al.' lli/llréztélc 4 Lumps Laboratory None Yield N/A Yes N/A N/A
Séanchez et al." ]13232;: 5 Lumps Pilot None Yield N/A Yes N/A N/A
TBP Curve / SARA Yield / TBP Curve / SARA
Verstracte et al." Kinetic 37 Lumps Laboratory Analysis / El.emental Analysis / El.emental N/A Yes N/A N/A
Model Analysis - Analysis -
C,H,S,N,O,Ni, V C,H,S,N,O,Nj, V
Stangeland"® Kinetic Discrete Pilot /. TBP Curve Yield / TBP Curve N/A Yes N/A TBP Curve
Model Lumps* Commercial
Temperature Profile /
Mohanty et al.'® Reactor Discrete Lumps Commercial T.BP (;ur\{e / . Yield / TBP Curve Hydrogen Yes N/A N/A
Model Density Distribution .
Consumption
Temperature Profile /
Pacheco .%?d Reactor Discrete Lumps Commercial T.BP C-ur\{e / . Yield / TBP Curve Hydrogen Yes N/A N/A
Dassori Model Density Distribution .
Consumption
Temperature Profile /
Bhutani et al."® Reactor Discrete Lumps Commercial T.BP (;ur\{e / . Yield / TBP Curve Hydrogen Yes N/A N/A
Model Density Distribution .
Consumption
Laxminarasimhan | - Kinctic Continuous Pilot TBP Curve Yield / TBP Curve N/A Yes N/A N/A
etal. Model Lumping*
Reactor Continuous TBP Curve / TBP Curve / Temperature Profile / PNA Composition
Basak et al.* Model Lumbin Commercial PNA Distribution along PNA Distribution along Hydrogen Yes N/A of Proguc "
ping with TBP Curve with TBP Curve Consumption
Fukuyama and Kinetic . . .
Terai® Model 7 Lumps Laboratory SARA Analysis Yield / SARA Analysis N/A Yes N/A N/A

*Discrete lump and continuous lump are defined by boiling points.

** TBP = true boiling point; SARA = saturates, aromatics, resins and asphaltenes; PNA = paraffins, naphthalene and aromatics.
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2.2 Aspen HYSYS/Refining HCR Modeling Tool.

Aspen HYSYS/Refining is an add-on program to Aspen HYSYS, a popular process simulation
software tool for refining and chemical businesses. HYSYS/Refining includes several built-in
modeling capabilities for refining process modeling, such as hydrocracker (HCR), catalytic
reformer (CatRef) and fluid catalytic cracking (FCC). In this work, we use Aspen
HYSYS/Refining HCR to model the HCR reactors, and Aspen HYSYS to develop the rigorous
plantwide simulation including fractionation units.

Figure 2.4 represents the built-in process flow diagram of Aspen HYSYS/Refining HCR for a
single-stage HCR process. It can simulate the feed heater, reactor, high-pressure separator,
hydrogen recycle system, amine treatment (optional) and distillation column (optional). To
ensure that the simulation agrees with the real process, users have to configure the process type
(single-stage or two-stage), number of reactors, number of reactor beds for each reactor, and the
operation of each unit. The model of amine treatment is a shortcut component splitter that
separates H,S from the vapor product of high-pressure separator, and the simulation of
distillation column is also based on shortcut calculations®. In addition, the ammonia (NHs)
produced by HDN reactions is split from reactor effluent before its entry into the high-pressure

separator that is modeled by rigorous thermodynamics.

11



Make Up H;

Recycle H;
Purge Gas

Optional amine treatment unit

Amine
Treatment

Optional distillation column
Light Ends

R

| Light Naphtha

__; Heavy Naphtha

HPS Lig

| Diesel

w
S
=1
=

Figure 2.4 Built-in process flow diagram of Aspen HYSY S/Refining HCR.

The reactor model of Aspen HYSYS/Refining HCR utilizes 97-lump reaction kinetics. The
selection of 97 model compounds is based on carbon number and structural characteristics and is
consistent with previous publications'* **?* 2% The 97 model compounds belong to 6 groups —
light gases, paraffin, naphthene, aromatics, sulfur compound and nitrogen compound.
Furthermore, the sulfur compounds are separated into 8 groups of 13 components — thiophene,
sulfide, benzothiophene, naphthabenzothiophene, dibenzothiophene, tetrahyhdro-
benzothiophene, tetrahyhdro-dibenzothiophene, and tetrahyhdro- naphthabenzothiophene®.

In the literature, there are two approaches to develop the kinetic lumping compositions of the
feedstock — forward and backward. The forward approach requires detailed compositional and
structural information by performing comprehensive analysis of the feedstock. However, the
refinery can seldom apply the forward approach, because the routine analysis in the refinery does

not include the required detailed structural analysis. This leads to the backward approach, which

12



requires a reference library and only limited analytical data from routine measurement such as
density and sulfur content to estimate kinetic lumping compositions. Brown et al.?’ report a
methodology estimating detailed compositional information for SOL-based model and
Gomez-Prado et al.”® develop a molecular-type homologous series (MTHS) representation to
characterize heavy petroleum fractions.

In Aspen HYSYS/Refining the forward approach requires detailed compositional and structural
information by performing comprehensive analysis of the feedstock, including API gravity,
ASTM D-2887 distillation, refractive index, viscosity, bromine number, total sulfur, total and
basic nitrogen, fluorescent indicator adsorption (FIA, total aromatics in vol%), NMR (carbon in
aromatic rings), UV method (wt% of mono-, di-, tri- and tetra- aromatics), HPLC and GC/MS.
With the detailed compositional and structural information, Aspen HYSYS/Refining quantifies
the so-called “fingerprint” (molecular representation) of the feedstock based on 97 kinetic
lumps®. On the other hand, the backward approach of Aspen HY SY S/Refining requires only the
bulk properties (density, ASTM D-2887 distillation curve, and sulfur and nitrogen contents) of
the feedstock. Aspen HYSY S/Refining contains a built-in fingerprint databank for various types
of feedstock, such as light VGO, heavy VGO, FCC cycle oil, etc. The backward approach
assumes that the petroleum feedstock with the same fingerprint type maintains the same generic
kinetic lump distribution as the initial composition. Aspen HYSY S/Refining uses a tool called
“Feed Adjust™ to skew the kinetic lump distribution of the selected fingerprint type in order to
minimize the difference between the measured and calculated bulk properties of the feedstock.
We use the resulting kinetic lump distribution as the feed condition for the HCR model. If there
is specific concern about compositional information, the user can customize the feed finger print
to match the measurement. For example, the user can change sulfur lump distribution of selected

feed fingerprint manually to ensure the distribution of hindered and non-hindered sulfur
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compounds match plant measurement.

The 97 lumps construct the reaction pathways of 177 reactions, including® : (1) paraffin HCR;

(2) ring opening; (3) dealkylation of aromatics, naphthenes, nitrogen lumps and sulfur lumps; (4)

saturation of aromatics, non-basic nitrogen lumps and hindered sulfur Iumps; (5)

hydrodesulfurization (HDS) of unhindered sulfur lumps; and (6) hydrodenitrogenation (HDN) of

nitrogen lumps. Figure 2.5 to Figure 2.7 illustrate the reaction network. Rate equation of each

reaction is based on Langmuir-Hinshelwood-Hougen-Watson (LHHW) mechanism with both

reversible and irreversible reactions. The mechanism includes”:

— Adsorption of reactants to the catalyst surface;

— Inhibition of adsorption;

— Reaction of adsorbed molecules;

— Desorption of products;

The kinetic scheme also includes the inhibition resulted from H,S, NH;3 and organic nitrogen

compounds™:

— Inhibition of HDS reactions by H,S;

— Inhibition of paraffin HCR, ring opening and dealkylation reactions by NH; and organic
nitrogen compounds;

Egs. (1) and (2) represent the LHHW based rate equations for reversible and irreversible

. . 22
reactions respectively””:

<k x (K 4ps,iC; % KADS,HZ (PH2 )" /Keq) B KADS,JCJ)

Rate =K, ADS

(1

K aps.iCi X K sps u, (PH2 )"
x k x

Rate =K, ADS

2
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where Ko is overall activity, k is intrinsic rate constant which is assigned by fundamental
researcheszz, Kaps, i and Kaps, j are the adsorption constants of hydrocarbon i and j which are
assigned by fundamental researches™, C; and C; are the concentrations of hydrocarbon i and j,
Py is the partial pressure of hydrogen, K4 is the equilibrium constant of the reaction which is
assigned by fundamental researches™, and ADS is the LHHW adsorption term which represents
competitive adsorption by different inhibitors including aromatic hydrocarbon, H,S, NH; and
organic nitrogen compound. Table 2.2 represents the inhibitors used for each reaction type in
Aspen HYSYS/Refining.

In the rate expressions shown in Eq. (1) and Eq. (2), Kt is the combination of a series of
activity factors to represent apparent reaction rates of different reaction groups. For example,
Kiotal 0f the hydrogenation reaction of a light aromatic hydrocarbon is the product of Kgjobal, Kndg,
overall ANd Kig tight- Kgiobal 1 the global activity factor assigned to the each catalyst bed, Knag, overall
represents the group activity factor of all hydrogenation reactions and Kpgg, 1ign indicates the
activity factor of the hydrogenation reactions for the compounds belonging to light boiling point
cut (below 430°F). Section 2.4.4 includes more details about the idea of reaction group and
activity factors. For reactor design and hydrodynamics, Aspen HYSYS/Refining HCR applies
the design equations of ideal trickle-bed and the hydrodynamics described by Satterfield’' and

each catalyst bed is modeled as a separate reactor.
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Table 2.2 Reaction types and the corresponding inhibitors

Reaction type Inhibitors

C-C scission* o ]
L ) NH3, organic nitrogen compound and aromatic hydrocarbon
(acid site reaction)

Aromatic saturation o )
. . organic nitrogen compound, H,S and aromatic hydrocarbon
(metal site reaction)
HDS
(metal site reaction)
HDN

(metal site reaction)

organic nitrogen compound, H,S and aromatic hydrocarbon

organic nitrogen compound, H,S and aromatic hydrocarbon

* C-C scission includes HCR, ring open and ring dealkylation reactions.

1: Ring dealkylation reaction

2: Ring open reaction

3: Aromatic saturation

4. Paraffin hydrocracking reaction

P: paraffins; N: naphthenes: A: aromatics
AN: ring compound which has naphthene

and aromatics
PA: aromatics with paraffinic side chain
PN: naphthene with paraffinic side chain
PAN: AN with paraffinic side chain
ps. 3 does not have “P” as product Y.

!
+ PANI
2, AN |
o

Soeee P |+ P |.--..

Figure 2.5 Reaction network of Aspen HYSYS/Refining HCR — paraffin HCR (HCR), ring open,

ring dealkylation and aromatic saturation.
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Figure 2.6 Reaction network of Aspen HYSYS/Refining HCR — HDS
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Figure 2.7 Reaction network of Aspen HYSY S/Refining HCR — HDN

2.3 Process Description.
2.3.1 MP HCR Process.

Figure 2.8 shows the process flow diagram of a MP HCR unit of a large-scale refinery in the
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Asia Pacific. The unit upgrades 1 million tons/yr of VGO from the crude distillation unit (CDU)
into valuable naphtha, diesel and bottom (the feedstock to ethylene plant) by HCR. The VGO
feed from the CDU is mixed with a hydrogen-rich gas and preheated before entering the first
reactor. The first reactor uses hydrotreating catalyst to reduce nitrogen and sulfur contents. The
second reactor uses HCR catalyst to crack heavy hydrocarbons into lighter oils — naphtha, diesel
and bottom. Following the two reactors, a high-pressure separator (HPS) recovers un-reacted
hydrogen and a low-pressure separator (LPS) separates the light gases from the liquid outlet of
HPS. An amine treatment scrubs sour gases from the vapor product of HPS to concentrate the
hydrogen content of the hydrogen recycle stream. To balance the hydrogen in the system, a purge
gas stream is removed from amine treatment. In the fractionation part, a H,S stripper removes
the dissolved H,S from light hydrocarbons and a fractionator with two side strippers produces

the major products — light naphtha, heavy naphtha, diesel and bottom.

_ Recycle Hy
[Tl
= |
Purge Gas
_ Lean Amine
Amine
Treatment
) Rich Amine — Flare
LPS Vap [ LI;G | Light Naphtha
Sour Water 2 Sour Water 3
Fractienaa;nr Heavy Naphtha
H:S : J
tSiripped o {
' I | Diesel
Water Sour Water 1 o J 5
7 e ottom
v : =
= Steam‘
Steam ‘

Figure 2.8 The simplified process flow diagram of MP HPR unit
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2.3.2 HP HCR Process.

Figure 2.9 shows the process flow diagram of a HP HCR unit of a large-scale refinery in the Asia
Pacific. The unit upgrades 2 million tons/yr of VGO into valuable naphtha, jet fuel and residue
oil by HCR. Unlike a typical HCR unit, this process includes two parallel reactor series and each
series contains one hydrotreating reactor and HCR reactor. The VGO feed is mixed with a
hydrogen-rich gas and preheated before being fed to the first reactors of both reactor series. The
first reactors of both series are loaded with the hydrotreating catalyst to reduce nitrogen and
sulfur contents. The second reactor of both series are loaded with the HCR catalyst to crack
heavy hydrocarbons into more valuable liquid products — LPG, light naphtha, heavy naphtha, and
jet fuel. Following the two reactor series, a HPS recovers un-reacted hydrogen and a LPS
separates the light gases from the liquid outlet of HPS. To balance the hydrogen in the system,
we remove a purge gas stream from the vapor product of HPS. In the fractionation part, the first
fractionator separates light gases and LPG from light hydrocarbons, the second fractionator
produces the most valuable products, namely, light naphtha and heavy naphtha, and the third

fractionator further produces jet fuel and residue oil.
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Figure 2.9 The simplified process flow diagram of HP HPR unit

2.4 Model Development.

2.4.1  Workflow of Developing an Integrated HCR Process Model.

Figure 2.10 shows our workflow of developing an integrated HCR model by using software tools,
Aspen HYSYS and Aspen HYSYS/Refining. We recommend that developing all HCR models
should follow the same workflow, with only minor changes in the details of each block according
to the selection of kinetic model. For example, the different data requirement of feedstock
analysis between wide distillation range lumping (distillation curve) and SOL model (FT-IR, API
gravity, distillation curve, viscosity etc.) will makes the procedure for data acquisition quite
dissimilar. We discuss the details of each block when using Aspen HYSYS and Aspen

HYSYS/Refining to build an integrated HCR process model.
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Figure 2.10 The workflow of building an integrated HCR process model.

The first step of model development is data acquisition, i.e., to collect the required data for
modeling, and then to organize the gathered data and divide them into base and validation
datasets. We use the base dataset to develop the process model, and the validation datasets to test
the prediction accuracy of the process model. Before developing the model, it is important to do
an accurate mass balance, including the total fresh feed and product streams. If the total mass

flow rates of inlets and outlets differs more than 2 or 3%, it is necessary to identify the cause of
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the imbalance™.

Following the mass balance is the development of a reactor model. The steps to develop a reactor
model also depend on the selection of kinetic model. The procedures shown in Figure 2.10
correspond to the case using Aspen HYSYS/Refining. The development of a fractionator model
in a HCR process is similar to a crude distillation unit (CDU). The only difference is the
representation of the feed stream to the HCR fractionator, because the HCR reactor effluent is
characterized by kinetic lumps instead of the pseudo-components based on boiling point which
are widely used in a CDU model. Therefore, we use a step called delumping when the chosen
kinetic lumps cannot appropriately characterize the feed stream to a HCR fractionator.
Delumping is the most important step to build a plantwide model of HCR process, because it
needs to capture the key properties of reactor effluent for fractionator simulation during the
component transition process. After completing the fractionator model, we incorporate the oil
property correlations into the process model to calculate fuel properties such as flash point of
diesel fuel. Lastly, we verify the model by comparing the predictions with multiple plant
datasets.

2.4.2 Data Acquisition.

Regardless of the selection of kinetic model, data acquisition is always the first step of model
development. We obtain two months of feedstock/product analysis, production and operation
data from plant, and construct multiple datasets to build and validate the model. It is important to
consult plant engineers about data consistency to ensure each dataset does not include the data in
the period of operation upsets and significant operation changes. Moreover, it is always helpful
to revisit the original data for test run, because test run data are usually adjusted to show perfect
mass and heat balances®”.

Data required for modeling purpose is quite sensitive to the selection of kinetic model and the
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modeling scope. This work only requires the operation and analysis data measured daily and
Table 2.3 lists the data requirement in this work. We collect the data from March 2009 to June
2009 and organize the data into eight complete datasets for MP HCR process and ten complete
datasets for HP HCR process. We only extract small number of complete datasets from months’
plant data by considering the following: (1) each product stream has its own analysis period and
the analyses of all product streams done in same day is not available; (2) it is necessary to find
out the date that includes most analysis data and fill up the missing data from adjacent day; and
(3) some of the meters fail to record correct values during the period; (4) some of the datasets fail
in mass balance checking (see Section 2.4.3 for the procedure of mass balance calculation).
Therefore, it is always useful to collect a long period (1 to 3 months) of data for modeling
purpose, particularly for a commercial process. Because it is common to have missing data or
failed meters, we take the averages of data a short period (1 to 3 days) of data (an industrial
practice recommended also by Kaes®? ), or make up the missing data by adjacent time period to
construct one complete dataset for modeling.

Table 2.3 Data requirement of HCR process model.

Reactor Model

Flow rate
— Feed oil
— Make up H
— Wash water
— All product streams including purge gas and rich amine
— Recycle H; (before compressor)
— Hydrogen quench to each catalyst bed
— Lean amine

Pressure
— Feed oil
— Inlet and outlet of each catalyst bed
— Inlet and outlet of recycle H, compressor
— High pressure separator
— Low pressure separator

Temperature
— Feed oil
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Labor:

Others

Inlet and outlet of each catalyst bed

Inlet and outlet of recycle H, compressor
High pressure separator

Low pressure separator

atory Analysis

Feed oil (density, distillation curve, total sulfur, total
nitrogen and basic nitrogen)

All gas products including purge gas (composition analysis)
Composition analysis of light naphtha

All liquid products from fractionator (density, distillation,
element analysis — C, H, S, N)

Composition analysis of sour water

Composition analysis of lean amine and rich amine

Make up H;, (composition analysis)

Recycle H, (composition analysis)

Purge gas (composition analysis)

Low pressure separator gas (composition analysis)

Bed temperature at SOR (start of run) provided by catalyst
vendor
Bed temperature at EOR (end of run) provided by catalyst
vendor

Fractionator Model
Flow rate

Steams
All pumparound streams

Pressure

Feed to the main column
Steams

Condenser of main column
Top tray of main column
Bottom tray of main column
Feed tray of main column

Temperature

Feed to the main column

Steams

Inlet and outlet of pumparound

Inlet and outlet of sides striper reboiler
Condenser

Top tray

Bottom tray

Feed tray

Each tray with product draw

Each tray with side draw

Bottom tray of main column and side strippers
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2.4.3  Mass Balance.

It is critical to review the collected information to ensure accurate model development,
particularly mass balance. The calculation of mass balance should include all of the inlet streams
(such as feed oil, make up H,, wash water, lean amine and steam in MP HCR process) and the
outlet streams (such as LPS vapor, sour gas, LPG, flare, light naphtha, heavy naphtha, diesel,
bottom, purge gas, sour water, rich amine in MP HCR process). However, the streams around
amine treatment, wash water and sour water streams are not routinely measured, and it is
unlikely to include those streams in the calculation of material balance. Since those streams only
affect the mass balance of sulfur and nitrogen, we recommend doing a separate mass balance of
sulfur and nitrogen by assuming that all of the removed sulfur and nitrogen atoms are reacted
into H,S and NH.

We calculate the mass balance as follows: (1) calculate the H,S and NH; production by the
severity of HDS and HDN reactions; (2) determine the production rates of “sweet” gas products
and “sweet” liquid petroleum gas (LPG) which means subtracting any reported H,S and NHj;
from all gas products and LPG; (3) sum up “sweet” gas products, “sweet” LPG, all liquid
products, H,S production and NH; production to determine the total production rate of the
reactor effluent; (4) sum up the flow rates of feed oil and makeup H; to obtain total feed rate to
reactor; and (5) calculate the ratio between total production rate of the reactor effluent and total
feed rate;

Figure 2.11 illustrates an Excel spreadsheet we develop to do the mass balance calculations. We
have posted all of the Excel spreadsheets mentioned in this article on our group website
(www.design.che.vt.edu) for the interested reader to review and download without charge.
Although we have developed the spreadsheet and the formulas for a specific HCR process, the

reader can generalize the steps described above and apply the spreadsheet to do mass balance of
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any HCR process with only minor changes.

Al B ¢ [ o [ & [T F [ T H ] [V K[ L ]

| 2| Feed Streams

3 Feed Oil SinFeed Oil | NinFeed Oil | Make Up H;
la | |k 92200 1844 83 4020
151 [sww 2
6] [nwts 0.03
| 7 | Total Feed Total Sulfur FeecTotal Mitrogen Feed

8 kg/h 96220 1844 83
EN

0 Product Streams
I Purge Gas LPS Yap Sour Gas LPG Light Maphtha Heawy Maphthe  Diesel  Bottam
12| |kgh 1660 1130 1740 3940 3480 20900 32670 29170
|13 |Ha3wi% 0 7.95 11.81 2,03

14| |HS kgrh 0 a0 205 a0
5] [swtw 0 00002333 000198 0.0015
|16 |Skanh 0 0.05 0.65 0.43

17 Nt 0 i i 0
18] |nkgm 0 0 0 [

19 Sweet PG Sieet LY Sweet SG Sweet LPG H:S | NHg
l20 | [kgm 1660 1040 1535 3860 1958 101
21 Sweet Gas products + Liguid Products — Total HeS Taotal NHg
22| [kgm 94315 1958 101
|23

24 Material Balance Deviation ‘
| 25 | 0.16%

Figure 2.11 A spreadsheet for the mass balance calculation of a HCR process.

2.44  Reactor Model Development.

Reactor model development is the core of building a HCR process model. Although the
procedure of building a reactor model depends on the selection of kinetic model, we require the
following tasks in developing a model for most commercial HCR processes: (1) do the feedstock
analysis based on the selected kinetic model; (2) represent the feedstock as a mixture of kinetic
lumps which can be modeling compounds or pseudo-components based on boiling point ranges;
(3) build the reaction network, define rate equations, and estimate rate constants and heat of
reaction; (4) apply the operation data (e.g. reactor temperature, feed rate, etc.) to solve rate
equations and reactor design equations simultaneously; (5) and minimize objective functions
(user-defined indices to represent the differences between model predictions and plant data) by

tuning reaction activity parameters.
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2.44.1 MP HCR Reactor Model.

We describe in Section 2.2 the concept of the backward approach in representing the feedstock
using the Aspen HYSYS/Refining. Since the refinery does not conduct comprehensive analysis
of HCR feedstock routinely, this work applies the backward approach to characterize the
feedstock. We select “LVGO” fingerprint type for both HCR processes because the feeds to both
processes is mainly vacuum gas oil from crude distillation unit and the selected fingerprint type
should be as close to the real feeds as possible. This section will demonstrate the last step of
building reactor model by using Aspen HYSYS/Refining — to minimize the difference between
model predictions and plant data to make the model match plant operation.

Although Aspen HYSYS/Refining assigns the rate constants to the 177 reactions based on
fundamental research, it is necessary to identify the activity factor to match plant operation
because the reactor configuration, catalyst activity and operating conditions vary for different
refineries. The procedure of minimizing the difference between model predictions and plant data
in Aspen HYSYS/Refining is called “calibration”, meaning to calibrate the model to agree with
plant operation.

Table 2.4 lists the 31 optional objective functions and Table 2.5 shows the 48 reaction activity
factors for selection. Aspen HYSYS/Refining combines the input plant product distribution to
construct the reactor effluent, and partition the reactor effluent into C1, C2, C3, C4, CS5, and four
“square cuts”, namely, naphtha (C6 to 430°F cut), diesel (430 to 700°F cut), bottom (700 to
1000°F) cut and resid (1000°F+ cut) which are shown in Table 2.4. All of the objective functions
listed in Table 2.4 are either the prediction errors of crucial operations or important product
yields for the HCR process. Aspen HYSYS/Refining allows us to select the desired objective
functions during calibration. After selecting the objective functions, we choose appropriate

activity factors to calibrate the reactor model. Figure 2.12 illustrates the relationships among
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activity factors, catalyst bed and reactor type and Table 2.5 shows the major effect of each
activity factor on the model performance such as global activity (Kgiopa) on the bed temperature
profile to help the selection of activity factors.

The procedure of model calibration depends on the operational mode, product yields and the
precision of plant data. For example, a hydrogen-insufficient refinery might pay more attention
to hydrogen consumption and makeup hydrogen flow. In addition, it is necessary to have high
precision of light-end analysis (C1 to C5) if we desire to have accurate predictions of light gas
yields. For MP HCR process, the most important considerations to the plant management are the
product yields, flow rate of makeup hydrogen, reactor temperature and properties of liquid fuel
products. We note that the reactor model cannot calculate some fuel properties, such as flash
point and freezing point of diesel and jet fuel, because the square cuts defined by Aspen
HYSYS/Refining have different distillation ranges from plant cuts. Therefore, we develop
correlations to estimate such fuel properties (see Section 2.4.6).

Figure 2.13 illustrates the steps to identify activity factors in this work which are divided into
two phases. The first phase is applicable to any Aspen HYSYS/Refining HCR model and the
second phase depends on the modeling priority of the refinery. Since Aspen HYSYS/Refining
assigns small values to Kgiopa to ensure the initial convergence, all catalyst beds’ performance is
almost “dead” initially, meaning that the reaction conversion is small. Thus, the first task is to
tune the global activity factor of each catalyst bed to “activate” the reactors. After activating the
reactors, the reaction conversion must increase to some extent and we tune the cracking activity
factors to minimize the difference between predicted and actual liquid product yields.

Because of heat effects of the reactions, the calculated reactor temperature profiles from previous
steps would show deviations from actual plant data. We tune the global activity factors again to

ensure the deviations of reactor temperature predictions are within tolerance. We repeat the
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calibration of “reactor temperature profiles” and “mass yields of liquid products” several times
until the errors of model predictions are within the acceptable tolerance. These back-and—forth
procedures compose the first phase shown in Figure 2.13 which is a generalized guideline of
initial calibration for Aspen HYSYS/Refining HCR model because reactor temperature profiles
and major liquid product yields are always crucial considerations for any hydrocracker.

The second phase of Figure 2.13 shows the calibration procedure to reconcile the reactor model’s
predictions to agree with the modeling priority of the refinery about process operations and
productions. In this case, flow rate of makeup hydrogen, volume yields of liquid products
(crucial to density calculation) and light gas yields are important to the MP HCR process.
Because of the lack of analysis data of nitrogen and sulfur contents of liquid product streams, the
calibration procedure of this case (see Figure 2.13) does not include reconciliation of HDN and
HDS activities.

Although the steps involved in second phase depend on the modeling priority of the refinery
management, we can give some common guidelines: (1) Always check reactor temperature
profiles and mass yields of liquid products; (2) By our experience, the overall model
performance is most sensitive to Kgiopar and least sensitive to Kjign. The following list is in the
order of decreasing sensitivity: Kgiopat, Kere, Kndg, Knds, Kndn, Kros Kiight; (3) Kgiobal has the most
significant effect on all objective functions; (4) K has a significant effect on the product yield,
reactor temperature profile, hydrogen consumption and flow rate of makeup hydrogen; (5) K
affects the product yield, reactor temperature profile, hydrogen consumption, and flow rate of
makeup hydrogen; (6) Kngs has a notable effect on the sulfur content, some effect on the
hydrogen consumption and flow rate of makeup hydrogen, and small effect on the product yield;
(7) Kugs has a significant effect on nitrogen content; (8) Kijigne only affects the distribution ratio

between light gases; (9) Tuning Kjign to distribute light gases (C1 to C4) last because the total
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yields of light gases are determined by cracking reactions. Kiigne only re-distributes the light gases

and has little effect on the overall model performance.

The goal of model calibration is to seek an optimal solution for reactor model to match real

operation, and there is no single and best solution. It is important to assign reasonable tolerance

into the objective functions and loose some of them when necessary.

Table 2.4 Objective Functions in Aspen HYSY S/Refining.

Note N(.)tation in
this work
o ) One for each OBlJry ;

The predicting error of temperature rise of catalyst bed _ -

catalystbed 1i=1-6

o One for each OBy i

The predicting error of hydrogen quench of catalyst bed . -

catalystbed 1i=1-6
The predicting error of flow rate of purge gas OBJpgr
The predicting error of flow rate of makeup H, OBJmur
The predicting error of chemical H, consumption OBlyuc
The predicting error of C6 to 430°F cut (naphtha) volume flow OBJnvE
The predicting error of 430 to 700°F cut (diesel) volume flow OBJpvr
The predicting error of 700 to 1000°F cut (bottom) volume flow OBlJgvr
The predicting error of 1000°F+ cut (resid) volume flow OBlJRrvr
The predicting error of C6 to 430°F cut (naphtha) mass flow OBJnME
The predicting error of 430 to 700°F cut (diesel) mass flow OBlJpmr
The predicting error of 700 to 1000°F cut (bottom) mass flow OBlJemr
The predicting error of 1000°F+ cut (resid) mass flow OBJrmr
The predicting error of C1C2 mass yield OBlcic2
The predicting error of C3 mass yield OBlc3
The predicting error of C4 mass yield OBlJc4
The predicting error of sulfur content of 430 to 700°F cut OBJsp
The predicting error of sulfur content of 700 to 1000°F cut OBlJsp
The predicting error of nitrogen content of 430 to 700°F cut OBJwp
The predicting error of nitrogen content of 700 to 1000°F cut OBJnB
The predicting error of nitrogen content in reactor 1 effluent OBIJnr1
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Table 2.5 Reaction activity factors in Aspen HYSYS/Refining

Notation in this

Number of activity Note

work Description Major observation factors
F:gl‘)lbal_—i 6 ilgl);; tagélglty for cach Bed temperature profile 6* 6 global activity factors for 6 catalyst beds
K 1 factor for overall HDS activity of hydrotreating beds

sul_i_j . o . sk X
i = {T, HCR HDS Activity Sulfur content 3 3 factors for 3 wide boiling point cuts of hydrotreating beds
C—0.L M. H 1 factor for overall HDS activity of HCR beds
J > 3 factors for 3 wide boiling point cuts of HCR beds
K 1 factor for overall HDN activity of hydrotreating beds
hit i .. . 2 factors for 2 wide boiling point cuts of hydrotreating beds
! ; I(;ITiHI({: R HDN Activity Nitrogen content 6 1 factor for overall HDN activity of HCR beds
J > 2 factors for 2 wide boiling point cuts of HCR beds
Ko .. 1 factor for overall HCR activity of hydrotreating beds
e Activity of HCR and ring . 3 factors for 3 wide boiling point cuts of hydrotreating beds
IZOLIER | dealkylation Product yield 8 I factor for overall HCR activity of HCR beds
J > 3 factors for 3 wide boiling point cuts of HCR beds
Koo . Activity of hvdrosenation 1 factor for overall HDG activity of hydrotreating beds
; :hd%',l{ HCR (HDG }s/atura}t]ion%) ¢ Hydrogen consumption/ 8 3 factors for 3 wide boiling point cuts of hydrotreating beds
0 i M. H aroma’tic rings) Reactor temperature 1 factor for overall HDG activity of HCR beds
J > & 3 factors for 3 wide boiling point cuts of HCR beds
K. .. 1 factor for overall RO activity of hydrotreating beds

0.1 | .. . . . . . .
i = HT, HCR Activity of ring opening Paraffin/naphthene ratio 3 3 factors for 3 wide bmhng point cuts of hydrotreating beds
O L MH (RO) 1 factor for overall RO activity of HCR beds
J T 3 factors for 3 wide boiling point cuts of HCR beds
Fig}l“ i2 34 Light gas tuning factor Distribute C1 to C4 4 1 factor for each light gas (C1 to C4)

*number of global activity factors depends on the number of catalyst beds

**the three wide boiling point cuts used to defined activity factors are 430°F- (L). 430 to 950°F (M), and 950°F+ (H)
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Hydrodesulfurization reactions in HCR reactor are controlled by Ky ncr

Hydrodenitrogenation reactions in HCR reactor are controlled by Ky, ncr j
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Figure 2.13 The procedure of model calibration.
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2.4.4.2 HP HCR Reactor Model.
We describe the generalized step-by-step procedure of reactor model development in previous
section. However the procedures are not applicable to the process with an unusual process flow
diagram such as HP HCR process that includes two parallel reactor series. The two parallel
reactor series are sharing one fractionation unit, making it unachievable to distinguish the
production data from one series to the other. For example, there is no way to split heavy naphtha
product into two streams to represent the performance of each reactor series. In addition, it is
difficult to start with building the model of two parallel reactor series since model reconciliation
of two reactor series is a time-consuming and difficult task. Therefore, we develop the following
procedures to build and reconcile HP HCR reactor model:
(1) Construct an equivalent reactor to represent the two parallel reactor series;
(2) Build and reconcile the equivalent reactor model;
(3) Develop the preliminary models of the real process (two parallel reactor series);
(4) Apply the reaction activities obtained from equivalent reactor model into the reactor model
of two parallel reactor series;
(5) Fine-tune the model of two parallel reactor series to match real operations and productions;
2.4.4.2.1 Equivalent Reactor.
This section demonstrates the concept of equivalent reactor. Considering a system with two
parallel isothermal PFRs where a first-order liquid phase reaction takes place (see Figure 2.14),
the relationship between conversion and residence time of each PFR is*:
CONV, =1-Exp (-kz|) 3)
CONV, =1-Exp (-kz,) (4)
where CONV is conversion, 7 is residence time, and k is rate constant. We define an equivalent

reactor as a reactor that can convert the same amount of total feed flow into the same amount of
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total product. For the equivalent reactor, reaction conversion is represented as:

CONV, =1-Exp (-kz,) (&)
Since equivalent reactor is defined by having identical total production to the two parallel

isothermal PFRs, we can obtain the following equation:
FainT " Faoute =Faing ~Faout,t +Fain2 -Faout,2 6)
Substituting the relationship between the molar flow rate and conversion:

Fain,1 - Faout,1 T Fain2 - Faout,2

CONV, = Fant (7)
and letting € | = Fain,1/ Fainr and 6 » = Fain2/ Fain,r and we have:

CONV, =6, x CONV] + 6, x CONV, (8)
Substituting Eq. (3) to Eq. (5) into Eq. (8) gives:

1-Exp (-k7,) =6, x[1-Exp (-k7,)]+ 6, x[1-Exp (-k7,)] 9)
Re-arranging the equation gives:

= -In (6, xExp (-kz,) + 8, xExp (-k7,)) (10)

k

We can rewrite Eq. (10) into Eq. (11) in terms of space velocity (SV):

SV k (11)

~ -In (6, xExp (-kz,) + 6, x Exp (-k7,))
With molar flow rate, conversion and SV, we can calculate reactor volume to conduct reactor
design. The idea of equivalent reactor provides us a convenient way to understand the

performance of a complex reactor system, namely, two parallel PFRs.
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V| : reactor volume of R1
T, : residence time of R1
CONYV;: conversion of R1
CONV, =1 - Exp(-k*T))

T, : temperature of R1

F .10t molar flow to R1 ] }
R1 F Aout,]

A = Product Th=T.=T

F2in: molar flow to R2 F Aout,2
R2

V1 : reactor volume of R2

F sin1: total feed
molar flow

T : residence time of R2
CONV;: conversion of R2
CONV; =1 - Exp(-k*T;)

T : temperature of R2

Equivalent

l'.-\In.'l" l'.\utl[,c= P.\iil.] -F Aout,l F Ain,2 " I‘.\nlll,]

V. : reactor volume of R,

T.: residence time of R,
CONV,: conversion of R,
CONV, =1 - Exp(-k*T,)

F pjn.1: total feed J
Faoute

molar flow

A = Product T

Figure 2.14 Concept of equivalent reactor

2.4.4.2.2 Reconciliation of HP HCR Reactor Model.

As mentioned in previous section, there are five steps to build and reconcile the reactor model of
HP HCR process. We first build an equivalent reactor model to represent the two parallel reactor
series. By doing this, we can obtain good initial values of reaction activities to further model the
real process. However, the difficulty of building equivalent reactor model is to assign the process
variables by Eq. (11) because SV is function of rate constant. Qader and Hill* present a two-lump

kinetic model of HCR process that characterizes feedstock and product as single lump
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respectively (see Figure 2.15) and apply first-order kinetics to obtain rate constant under
different operating conditions. Eq. (12) represents the rate equation and they apply Arrhenius
equation to correlate experimental data to obtain pre-exponential term and activation energy. Eq.

(13) shows the temperature dependence of rate constant.

diGasoil] g1 Gas ol (12)
dt
-21100 (cal/mole)

k., (h")=1x10"(h")xEx
co (h™) (h™) pl RT

] (13)

where kgo is rate constant of gas oil HCR reaction. The experimental data were obtained at 10.34
MPa pressure, 400 — 500 C, 0.5 — 3.0 h™' SV, and a constant Hy/oil ratio of 500 STD m®/m’.
Since they conduct experiment under similar condition as industrial reactor, it is practical to
utilize kinetic data by Qader and Hill* to investigate the design of equivalent reactor model. We
apply feed flow rates, reactor volumes, and space velocities from HP HCR process and calculate
reactor volume of equivalent reactor under different rate constants. Figure 2.16 illustrates how
HCR rate constant affects equivalent reactor volume. The y-axis represents the ratio of
equivalent reactor volume to the sum of reactor volumes of the two parallel hydrocracking
reactors (Ve / (V1+V2)). As k approaches zero, the upper limit of 100% is also achieved. This
reflects the physical limitation when no reaction takes place. On the other hand, the value of V. /
(V1+V,) drops while k increases. Under industrial operating conditions, k value ranges from
0.5 — 3 h™' (corresponding reactor temperatures are 360°C — 430°C) according to the kinetic data

of Qader and Hill*. Therefore, typical values of V. / (V,+V>) should be always greater than 90%.

Gas Oil ——— Product

Figure 2.15 A two-lump scheme developed by Qader and Hill®
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Because we build equivalent reactor model merely for obtaining initial values of reaction
activities, we will use the sum of catalyst loading of real process to construct the equivalent
reactor. We also sum up all of the material streams, namely feed flows and hydrogen quenches,
to ensure mass balance of the equivalent reactor. In addition, the arithmetic averages of operating
conditions such as reactor temperatures are applied for development of the equivalent reactor
(see Figure 2.17 for details). During the course of model reconciliation of the equivalent reactor
model, we take reactor temperature profile, flow rate of makeup hydrogen, mass and volume
yields of liquid products, and light gas yields as objective functions since they are the major
concerns of the HP HCR refiners. The objective functions of HP HCR process are the same as
MP HCR process model, thus we follow the procedures shown in Figure 2.13 to reconcile the
equivalent reactor model.

Following reconciliation of the equivalent reactor model is using real operating data to build
preliminary models for real HP HCR reactors. We apply the reaction activities from the
equivalent reactor model into the preliminary reactor models. It is necessary to fine tune the
preliminary reactor models. By Aspen Simulation Workbook, we create a MS Excel spreadsheet
(Figure 2.18) to make it feasible to simultaneously fine tune reactor models of the two parallel
series. In HP HCR model, we only fine-tune hydrocracking cracking selectivity from 4.5 to 3.9
and the resulting model agrees with real operation and production well. The development
equivalent reactor model reduces time and makes it achievable to develop HP HCR model of two

parallel reactor series.
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Figure 2.16 Hydrocracking rate constant vs. equivalent reactor volume

Construction of Hypothetical Reactor
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Figure 2.17 Construction of the equivalent reactor
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Figure 2.18 Model reconciliation by MS Excel

2.4.5 Delumping of Reactor Model Effluent and Fractionator Model Development.
Delumping the reactor model effluent is an essential step to integrate the reactor model with the
fractionator model, because kinetic lumps used in the reactor model are based on structure and
carbon number, and cannot represent accurate thermodynamic behavior of the fractionator model.
Since boiling point (volatility) is the most important property for distillation operation, process
modelers typically use pseudo-components based on TBP curve to represent the feed oil to the
HCR fractionators. We present five steps to develop pseudo-components based on boiling point
(BP) ranges to represent the petroleum fraction®* **.
(1) Convert ASTM D86/ ASTM D1160 / simple distillation curve into the TBP curve if the curve
is not available.

B We develop a spreadsheet to enable the conversion from different ASTM distillation

types to the TBP curve based the correlations from ref. 35 (see Figure 2.19).

(2) Cut the entire boiling range into a number of cut-point ranges to define the BP-based

pseudo-components (see Figure 2.20).
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(3) Develop the density distribution of pseudo-components if only the bulk density is available:
B Assume that Waston K factor is constant throughout the entire boiling range and
calculate the mean average boiling point (MeABP). We develop a spreadsheet tool to perform the

iteration of estimating MeABP based on the method presented by Bollas et al.*®
0.333
K, =[MeABP]"""/SG,,, (14)

where K,y is Watson K factor and SGay, is the bulk specific gravity 60°F/60°F

B Calculate the density distribution of the entire boiling range:

SG; =[T,,1""/K,,, (15)

where SG; is the specific gravity 60°F/60°F of pseudo-component i and T;p, is the TBP of
pseudo-component i.

(4) Estimate molecular weight distribution of the entire boiling range if it is not available. There
are various correlations to estimate pseudo-component molecular weight based on standard
liquid density and TBP. Riazi’’ presents a comprehensive review and comparison of published
correlations.

(5) Estimate critical temperatures (T.), critical pressures (P.), critical volumes (V.) and acentric

factors (w ) of pseudo-components. Refer to Riazi®’ for published correlations.
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Figure 2.19 Inter-conversion between different ASTM distillation types.

43



¥ Pseudo-companent based on normal bolling point

60%

40%

20%

|52 00 1.3 “#9) simeno dures gy prvpg

2

2 2 2 2 A 14V

-+ = = —

(0,) ;umesaduwa ],

Liquid volume

Figure 2.20 Relationship between pseudo-component properties and the TBP curve.

(redraw from ref. 32)

Because the reactor model provides the TBP curve, API gravity and molecular weight

distribution of the model effluent from kinetic lumps, the major issue of developing

pseudo-components in this work is to properly cut the TBP curve into numbers of BP-based

pseudo-components. However, the number and boiling point ranges of cut points are arbitrary

and there is no general rule to determine the cut-point ranges. Having a large number of cuts

while having a small number of cuts may cause
. Additionally, the discrete nature of kinetic lumps

32

does not always lead to good representation;
discontinuous prediction of column operation

(see Figure 2.21) makes it difficult to cut the TBP curve of the reactor model effluent to define

reasonable BP-based pseudo-components. In this work, we find that applying Gauss-Legendre
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quadrature to cut the reactor model effluent into 20 BP-based pseudo-components works well.
The rest of this section will represent the delumping we use to define these pseudo-components,
how to apply tray efficiency model while building the fractionator model, and the sensitivity test

of the fractionator model to verify the delumping method used in this work.
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Figure 2.21 Discontinuity of C6+ kinetic lump distribution of reactor model effluent.

2.4.5.1 Apply the Gauss-Legendre Quadrature to Delump the Reactor Model Effluent.
Haynes and Matthews™ apply the Gauss-Legendre quadrature to predict the
vapor-liquid-equilibrium (VLE) of hydrocarbon mixture derived from a continuous

equation-of-state developed by Cotterman et al.*’. Later, Mani et al.*’

extend the work of Haynes
and Matthews®® to partition the cut-point ranges of TBP curve of a petroleum fraction to define
BP-based pseudo-components, and the predicted VLE satisfactorily matches the experimental
data. Hence, we extend the method represented by Mani et al.** to delump the reactor model

effluent into BP-based pseudo-components.

In this work, we develop a method with six steps to delump the reactor model effluent into
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BP-based pseudo-components by the Gauss-Legendre quadrature.
(1) Split the reactor model effluent into C6- and C6+ streams because the components below
C6 are well-defined light components.
(2) Obtain TBP curve, API gravity and molecular weight distribution of C6+ stream from
reactor model.
(3) Determine the number (n) of pseudo-components to be used in delumping.
B In this work, we delump the reactor model effluent into 20 BP-based
pseudo-components.
(4) We have posted on our group website the quadrature points and weight factors for the
Gauss-Legendre integration which are used to partition the cut points over the TBP curve.
B Use F,; calculated from the equation below to partition the cut point (F,;) over the TBP

curve of C6+ stream:

1
E, ZEX[qi +1] (16)
Interpolate TBP curve to obtain the TBP associated to each cut point (F,i). Figure 2.22

demonstrates the case of n = 6.
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Figure 2.22 Demonstration of allocating cut point over TBP curve.
B Use the same interpolation procedure to obtain API gravities and molecular weights of
the associated cut points (Fy;).
(5) Estimate T, P., V. and @ of each pseudo-component by using molecular weight and
specific gravity 60°F/60°F which can be converted from API gravity.
B For T, and P., Haynes and Matthews® recommend to use the correlation developed by

Riazi and Daubert*':

T. (K) =19.0627 x T8 x SG 3% (17)

P. (atm) =5.458 x 10" x T "> x SG***" o
¢ b

B For o, Haynes and Matthews™® suggest to use the correlation developed by Lee and

Kesler*:
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(~In(P,, atm) —5.92714 + 6'0§648 +1.28862xT,—0.169347 xT,")
@= 156875 ., (15
(152518 ——"2"= _13.4721 xIn(T,) + 0.43577 xT.*)

B For V., to be consistent with the estimations of T, and P., we also apply the correlation

developed by Riazi and Daubert*':

cm /mol)=1. X X ’ X o
V.. (cm® /mol) =1.7842x107* x T,**** x SG % 20

(6) The last step of delumping is to calculate mole fraction (x;) of each pseudo-component.

B Use the equation below to calculate mole fraction of each pseudo-component:

. :wixSGixMWavg 21
' 2x8G,,, xMW,

where w; is the weight factor of Gauss-Legendre quadrature, SG; and MWi are the specific
gravity and molecular weight of pseudo-component i which are calculated from interpolating the
specific gravity and molecular weight distributions of reactor model effluent, respectively, and
SGave and MW,,, are the average specific gravity and molecular weight obtained from reactor
model, respectively.
B Table 2.6 lists the resulting pseudo-components and their properties and compositions
for the case of n = 6.

Table 2.6 BP-based pseudo-components and their properties and compositions

X; ] Wi IOEF)) MW | SG (°ch) (kF;;) (m3/k\gr:nole) ©

Pseudo 1 | 0.1559 | -0.932470 | 0.171324 52 84.0 | 0.6694 | 223.6 | 3373.3 0.340 0.2326
Pseudo 2 | 0.2529 | -0.661209 | 0.360762 118 128.8 | 0.7904 | 314.8 | 3233.3 0.400 0.2789
Pseudo 3 | 0.2550 | -0.238619 | 0.467914 208 174.9 | 0.8346 | 403.3 | 2282.8 0.595 0.4286
Pseudo 4 | 0.1809 | 0.238619 | 0.467914 309 248.6 | 0.8411 | 486.3 | 1491.6 0.928 0.6792
Pseudo 5 | 0.1091 | 0.661209 | 0.360762 377 318.7 | 0.8438 | 538.3 | 1163.0 1.201 0.8968
Pseudo 6 | 0.0462 | 0.932470 | 0.171324 | 410 357.5 | 0.8438 | 562.3 | 1037.4 1.352 1.0252
MWayg = 175, SGayg = 0.8084

* q; are the zeros of the Legendre polynomial of order n and mj are the associated weight factors

48



2.4.5.2 Key Issue of Building Fractionator Model: Overall Tray Efficiency Model.
In building simulation models for fractionators, simulation software users often misunderstand

the concept of “tray efficiency”

. The theoretical column model based on rigorous
thermodynamics assumes that each tray is in perfect vapor-liquid equilibrium (VLE). However,
real distillation columns do not perform perfectly. The “overall tray efficiency”, defined as
(number of theoretical trays / number of actual trays), indicates the difference of a real column to
a theoretical column. We can apply the overall tray efficiency to the entire column or to specific
separation zones. For example, 20 theoretical trays are required to model an operating column
with 40 actual trays and 50% overall tray efficiency. It is important to remember that all trays in
this column still perform perfect VLE.

There are also tray efficiency models such as the “single tray efficiency” that considers the
separation achieved on each tray independently. The most popular single tray efficiency model is
the Murphree tray efficiency based on either vapor phase or liquid phase. We calculate the
Murphree tray efficiency by the following equation:

E = y: ~ Y or Xy X (22)

*
Yn _Yn+1 Xn _Xn+l

where y, (X5) 1s the actual composition of vapor (liquid) leaving tray n, y,+; (Xn+1) indicates the
actual composition of vapor (liquid) leaving tray n+1, and y. (x.) represents the actual
composition of vapor (liquid) leaving tray n. We note that when applying a single tray efficiency
model, such as the Murphree tray efficiency, the vapor and liquid leaving a tray no longer
achieve VLE in the column model.

However, many simulation software users do not realize that the tray efficiency models
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included in commercial simulators are “single tray efficiency model” and should be careful while
applying this type of tray efficiency model’>. The non-VLE calculation of a column may cause
unexpected error for heat balance. Moreover, the “single tray efficiency model” will make the
resulting column simulation “no different from a fitting and useless for prediction purpose™”.
Both Kaes* and Kister” suggest that usually it is best to apply rigorous thermodynamic
calculation in column modeling, implying that we should use an “overall tray efficiency model”
to account for column non-ideality instead of “single tray efficiency model”. Table 2.7 lists the

recommended values of tray efficiency for each separation section in distillation simulations®>

which we apply in our column models.

Table 2.7 Suggested values of tray efficiencies for distillation columns®

Typical efficiency (%)
Debutanizer (overall) 85-90
Crude distillation

Stripping zone 30
Flash zone — 1% draw 30
1% draw — 2™ draw 45-50
2" draw — 3" draw 50 - 55
Top draw - reflux 60— 70

2.4.5.3 Verification of the Delumping Method

As we mentioned before, the number of cut-point ranges is arbitrarily defined. Kaes®” states that
it is necessary to perform a sensitivity test to study the relationship of side draw rate to side draw
temperature and associated distillation curve to ensure if the defined BP-based
pseudo-components are able to provide reasonable results. If the relationship is step-wise rather

than continuous, the number of BP-based pseudo-components needs to be redefined. In this work,
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we cut reactor model effluent into 20 TBP pseudo-components to represent the feed to
fractionators. To run the sensitivity test, we change draw rates of diesel fuel to investigate the
relationship among draw rates, draw temperatures and distillation curves of products.

In order to verify that the delumping method of Gauss-Legendre quadrature with 20
BP-based pseudo-components is sufficient for column models, we perform another sensitivity
test as a contrast which utilizes the even cut-point range method to cut reactor model effluent
into 46 BP-based pseudo-components. The even cut-point range method is a built-in method
available in Aspen HYSYS/Refining that converts the reactor model into BP-based
pseudo-components with equal boiling point ranges.

Figure 2.23 to Figure 2.26 represent the results of sensitivity tests for the even cut-point
range method and the Gauss-Legendre quadrature. The figures do not include initial points, end
points, 90% and 95% points because modeled initial points and end points are usually not
reliable®® and the variations in 90% and 95% are too flat to provide representative results (both
are less than 1%). Apparently, both methods generate smooth and continuous relationships
between the draw rates and draw temperatures (see Figure 2.23 and Figure 2.24). However,
Figure 2.25 and Figure 2.26 illustrate that these two methods have different performances on
predicting the relationships between draw rate and distillation curve. The Gauss-Legendre
quadrature is able to predict smooth and continuous relationship between draw rate and
distillation curve, while the even cut-point range method is not. By using the Gauss-Legendre
quadrature to delump reactor model effluent, we are able to build well-behaved column models

with a few BP-based pseudo-components.
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2.4.6  Product Property Correlation.
The last important issue of building an integrated HCR model is the fuel property estimation,

particularly the flash point and freezing point of diesel fuel and specific gravities of liquid
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products. We can estimate the specific gravities of liquid products, once we have defined the
BP-based pseudo-components and calibrated the model for product flow rates (mass and volume).
Flash point is defined as the lowest temperature at which a flame or spark can ignite the mixture
of air and the vapors arising from oils. Flash point indicates the highest temperature at which we
can store and transport the oils safely. For pure substance, freezing point is the temperature at
which liquid solidifies. For petroleum fraction which is the mixture of hydrocarbons, freezing
point is defined as the temperature at which solid crystals formed on cooling disappear as the
temperature is increasing®. For both properties, we update the parameters used in API

correlations™ | Eq. (23) and Eq. (24):

Flash Point (Fahrenhei) = A x10% of ASTM D86(Fahrenheit) + B (23)
1/3
Freezing Point (R) = A + BxSG + Cx MeA% + D x MeABP (24)

For MP HCR process, we apply 130 and 115 data points collected from the plant to re-fit Eq. (23)
and Eq. (24) respectively. The AAD of the new correlations for flash point and freezing point are

2.7°C and 2.3°C and the resulting correlations are:

Flash Point (Fahrenheit) = 0.677 x 10% of ASTM D86(Fahrenheit) —118.2 (25)
1/3
Freezing Point (R)= A +BxSG +Cx Mﬁ:AS—gP + D xMeABP (26)

For HP HCR process, we apply 142 and 63 data points collected from the plant to re-fit Eq. (23)
and Eq. (24) respectively. The AAD of the new correlations for flash point and freezing point are

1.2°C and 1.6°C and the resulting correlations are:

Flash Point (Fahrenheit) = 0.51x10% of ASTM D86(Fahrerheit)—57.7 (27)
1/3
FreezingPoint (R)=—857.63+437.16xSG + 41.68x % —-0.483x MeABP (28)

We apply Egs. (25) to (28) to estimate the flash points and freezing points of diesel ful in MP
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HCR process and jet fuel in HP HCR process by models’ predictions on distillation curve,
specific gravity, and MeABP.

2.5 Modeling Results of MP HCR Process.

2.5.1 Performance of Reactor and Hydrogen Recycle System.

Our MP HCR model includes three major parts of commercial HCR process: reactors,
fractionators and hydrogen recycle system. Figure 2.27 and Figure 2.28 show the model
predictions of weight-average reactor temperatures (WART) of hydrotreating reactor and HCR
reactor. In the reactor model, we define the inlet temperature of each catalyst bed and the model
will calculate the outlet temperature of each bed. The average absolute deviations (AAD) of
catalyst bed outlet temperatures of the HCR reactor is 1.9°C. The model generates good
predictions on temperature profile of HCR reactor which is important for estimating product
yields. However, the predictions on temperature profile of hydrotreating reactor are less accurate
than those of HCR reactor. Because model calibration does not consider HDS and HDN
reactions, the model is not able to estimate the reaction activity of hydrotreating reactor well.
Figure 2.29 represents modeling result of makeup hydrogen flow rate and the average relative
deviation (ARD) is about 8%. The error results from two factors: (1) the model is not good at
predicting HDS and HDN activities, which affect the estimation of hydrogen consumption; and
(2) the allocation of hydrogen recycle system of Aspen HYSYS/Refining (see Figure 2.4) is
different from that of the MP HCR unit (see Figure 2.8). Aspen HYSYS/Refining considers
makeup hydrogen mixes with recycle hydrogen before feeding into the hydrogen recycle system;
however, in the MP HCR unit, makeup hydrogen directly mixes with feed oil and does not
influence the hydrogen recycle system. This will make reactor model less accurate in calculating
the hydrogen partial pressure of the reactors and cause deviation on estimating hydrogen

consumption.
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Figure 2.27 Predictions of WART of hydrotreating reactor (MP HCR Process)
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Figure 2.28 Predictions of WART of HCR reactor (MP HCR Process)
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Figure 2.29 Predictions of makeup hydrogen flow rate (MP HCR)

2.5.2  Performance of Fractionators.

Temperature profile of distillation column is valuable for evaluating energy consumption,
helping plant operation of cut-point and process optimization. Figure 2.30 to Figure 2.33
illustrate selected modeling results on temperature profiles of distillation columns. Note that we
apply the overall tray efficiency model to column simulations and the resulting tray number of
column model does not correspond to the tray number in the real column. Therefore, we use “top
-> bottom” in Figure 2.30 to Figure 2.33 instead, showing tray number to illustrate temperature
distribution from condenser to bottom of the column. Obviously, the model is able to provide

good predictions on column temperature profiles.
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Figure 2.31 Prediction of temperature profile of fractionator (dataset 1 in MP HCR)
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Figure 2.32 Prediction of temperature profile of H,S stripper (dataset 5 in MP HCR)
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Figure 2.33 Prediction of temperature profile of fractionator (dataset 5 in MP HCR)

2.5.3 Product Yields.

There are seven products in the MP HCR unit as depicted in Figure 2.8, namely, low-pressure
separator vapor (LPS VAP), sour gas, LPG, light naphtha, heavy naphtha, diesel fuel and bottom
oil. Among these seven products, light naphtha, heavy naphtha, diesel fuel and bottom oil are

major products since they account for over 95wt% of the overall production. Figure 2.34 to
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Figure 2.37 illustrate the model predictions on light naphtha, heavy naphtha, diesel fuel and
bottom oil and the average absolute deviations are 0.3 wt%, 3.4 wt%, 2.4 wt% and 2.4 wt%,
respectively. We calculate AAD by averaging the absolute deviations (i.e. | predicted wt% - plant
wt% |) of the eight datasets, since the relative deviation (i.e. | predicted wt% - plant wt% | / | plant
wt% |) only represents model’s prediction on each product yield rather than the overall yield,
which is the key profit concern to the refinery. On the other hand, absolute deviation indicates
how model affects the estimation of refinery’s profit by considering the deviations in the same
scale toward overall production. For example, the model shows 13% relative deviation on
predicting light naphtha’s mass production, but gives no clues about how model affects the
overall yield. Considering that the mass yield of light naphtha is about 2.6 wt%, the 13% relative
deviation has only a very small effect (0.3 wt%) on the overall yield. The model gives good

prediction results on product yields when considering the average values of product yields.
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Figure 2.34 Predictions of light naphtha yield (MP HCR)
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Figure 2.35 Predictions of heavy naphtha yield (MP HCR)
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Figure 2.36 Predictions of diesel fuel yield (MP HCR)
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Figure 2.37 Predictions of diesel fuel yield (MP HCR)

2.5.4  Distillation Curves of Liquid Products.

Distillation curve displays the vaporization temperature after having a certain amount of oil
fraction vaporized. Figure 2.38 and Figure 2.39 illustrate selected model predictions on
distillation curves of light naphtha, heavy naphtha, diesel fuel and bottom oil. The deviations of
predicting distillation curves result from two factors: (1) fractionator simulation cannot provide
reliable results of the initial and final boiling points of liquid products®’; and (2) the reactor
model cannot provide accurate predictions of the boiling point distribution of reactor effluent.
Although the model is able to predict accurately product yield after calibration, it does not
predict the on boiling point distribution (distillation curve) of liquid product with an equal
accuracy. This follows because the nature of discrete boiling point distribution of kinetic lumps.
Figure 2.40 to Figure 2.42 illustrate the differences between C5+ distribution of plant reactor

effluent and model prediction.
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Figure 2.38 Predictions of distillation curves of liquid products (dataset 1 in MP HCR)
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Figure 2.39 Predictions of distillation curves of liquid products (dataset 5 in MP HCR)
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Figure 2.40 Comparison between C5+ distribution of plant reactor effluent and model prediction

within the boiling point range of heavy naphtha (Dataset 4 in MP HCR).
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Figure 2.41 Comparison between C5+ distribution of plant reactor effluent and model prediction

within the boiling point range of diesel fuel (Dataset 4 in MP HCR).
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Figure 2.42 Comparison between C5+ distribution of plant reactor effluent and model prediction

within the boiling point range of bottom oil (Dataset 4 in MP HCR).

2.5.5 Product Property.

Section 2.4.6 demonstrates the updated correlations for predicting flash point and freezing point
of diesel fuel. Figure 2.43 and Figure 2.44 illustrate model predictions on flash point and
freezing point of diesel fuel. The average absolute deviations are 3.6°C and 4.1°C, which are
about the same values as that obtained from correlating plant data. The integrated model
collaborated with updated correlations demonstrated in Section 2.4.6 gives satisfactory
predictions on flash point and freezing point of diesel fuel. Figure 2.45 to Figure 2.48 illustrate
the specific gravity predictions of liquid products, which are calculated by Aspen HYSYS. The
accurate predictions not only show model’s predictability on specific gravity of liquid product,
but also demonstrate that the delumping method we described in Section 2.4.5 is able to carry

over density distribution to BP-based pseudo-components.
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Figure 2.44 Predictions of diesel fuel’s freezing point (MP HCR).
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Figure 2.45 Predictions of light naphtha’s specific gravity (MP HCR).
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Figure 2.46 Predictions of heavy naphtha’s specific gravity (MP HCR).
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2.47 Predictions of diesel fuel’s specific gravity (MP HCR).
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Figure 2.48 Predictions of bottom oil’s specific gravity (MP HCR).

2.6 Modeling Results of HP HCR Process.

Performance of Reactor and Hydrogen Recycle System.

Our HP HCR model includes three major parts of commercial HCR process: reactors,
fractionators and hydrogen recycle system. In the reactor model, we define the inlet temperature

of each catalyst bed and the model will calculate the outlet temperature of each bed. The AADs
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of catalyst bed outlet temperatures of the two hydrocracking reactors are 1.8°C and 3.2°C for
series 1 and series 2 respectively. Figure 2.49 and Figure 2.50 show the model predictions of
WARTS of hydrotreating reactors and HCR reactors. The model generates good predictions on
temperature profile of reactors. Figure 2.51 represents modeling result of makeup hydrogen flow

rate and the average relative deviation (ARD) is only 2%.
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Figure 2.49 Predictions of WARTSs of hydrotreating and HCR reactors

(Series 1 in HP HCR)
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Figure 2.50 Predictions of WARTS of hydrotreating and HCR reactors
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Figure 2.51 Predictions of makeup hydrogen flow rate (HP HCR)

2.6.2 Performance of Fractionators.

Figure 2.52 and Figure 2.53 illustrate selected modeling results on temperature profiles of

distillation columns. These figures are similar to Figure 2.30 to Figure 2.33 from MP HCR.
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Figure 2.52 Prediction of temperature profiles of fractionators (dataset 1 in HP HCR)
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Figure 2.53 Prediction of temperature profiles of fractionators (dataset 7 in HP HCR)
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2.6.3  Product Yields.

There are seven products in the HP HCR unit as depicted in, namely, low-pressure separator
vapor (LPS VAP), dry gas, LPG, light naphtha, heavy naphtha, jet fuel and resid oil. Among these
seven products, LPG, light naphtha, heavy naphtha, jet fuel and resid oil are major products since
they account for over 95wt% of the overall production. Figure 2.54 to Figure 2.58 illustrate the
model predictions on LPG, light naphtha, heavy naphtha, jet fuel and resid oil and the average
absolute deviations (AAD) are 0.4 wt%, 0.2 wt%, 0.5 wt%, 0.4 wt% and 1.7 wt%, respectively.
The model provides good prediction results on product yields when considering overall

production.
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Figure 2.54 Predictions of LPG yield (HP HCR)
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Figure 2.56 Predictions of heavy naphtha yield (HP HCR)
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Figure 2.57 Predictions of jet fuel yield (HP HCR)
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Figure 2.58 Predictions of resid oil yield (HP HCR)

2.6.4 LPG Composition and Distillation Curves of Liquid Products.

Composition, particularly C3 and C4, is the most important indicator to evaluate the quality of
LPG product. Figure 2.59 shows selected model predictions on LPG composition with AAD of
each component. For the most important components, C3 and C4, the model shows only 0.021

and 0.058 AAD in molar fraction predictions. For other liquid products, distillation curve is the
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most popular analysis to indicate the vaporization temperature after a certain amount of oil
fraction vaporized. Figure 2.60 and Figure 2.61 illustrate selected model predictions on
distillation curves of light naphtha, heavy naphtha, jet fuel and resid oil. The deviations of
predicting distillation curves result from two factors: (1) fractionator simulation cannot provide
reliable results of the initial and final boiling points of liquid products®; (2) the reactor model
cannot provide accurate predictions of the boiling point distribution of reactor effluent, which
causes the deviations of model’s predictions on distillation curves of liquid products. Although
the model is able to provide accurate prediction on product yield after calibration, it is not
equivalent to say that the model is able to provide accurate predictions on boiling point
distribution (distillation curve) of liquid product because the nature of discrete boiling point

distribution of kinetic lumps.
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Figure 2.59 Predictions of LPG compositions (HP HCR)
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Figure 2.60 Predictions of distillation curves of liquid products (dataset 1 in HP HCR)
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Figure 2.61 Predictions of distillation curves of liquid products (dataset 7 in HP HCR)
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2.6.5 Product Property.

We apply the updated correlations developed in Section 2.4.6 to estimate flash point and freezing
point of jet fuel. Figure 2.62 and Figure 2.63 illustrate model predictions on flash point and
freezing point of jet fuel. The average absolute deviations are 1.6°C and 2.3°C, which are about
the same values as that obtained from correlating plant data. The integrated model collaborated
with updated correlations provides satisfactory predictions on flash point and freezing point of
jet fuel. Figure 2.64 to Figure 2.67 illustrate the specific gravity predictions of liquid products,
which are calculated by Aspen HYSYS. The AADs of the specific gravity predictions for light
naphtha, heavy naphtha, jet fuel, and resid oil are 0.0049, 0.0062, 0.0134, and 0.0045
respectively. The accurate predictions not only show model’s predictability on specific gravity of

liquid product, but also demonstrate that the delumping method we developed in Section 2.4.5 is

able to carry over density distribution to NBP-based pseudo-components.
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Figure 2.62 Predictions of jet fuel’s flash point (HP HCR).
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Figure 2.63 Predictions of jet fuel’s freezing point (HP HCR).
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Figure 2.64 Predictions of light naphtha’s specific gravity (HP HCR).
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Figure 2.65 Predictions of heavy naphtha’s specific gravity (HP HCR)
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Figure 2.66 Predictions of jet fuel’s specific gravity (HP HCR)
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Figure 2.67 Predictions of resid oil’s specific gravity (HP HCR)

2.7 Model Application — Simulation Experiment.

The major operating variables that affect product distribution (yield) of HCR process are reactor
temperature, hydrogen partial pressure, amount of ammonia present, and residence time. For
example, a change in reactor temperature can shift the maximum yield from diesel fuel to
naphtha. For an industrial HCR process, the amount of ammonia present is controlled by the
hydrotreating reactor and the most popular manipulations to operate the process are reactor
temperature, H,-to-oil ratio (equivalent to hydrogen partial pressure) and feed flow rate
(residence time). In this section, we will conduct two simulation experiments using MP HCR
model to demonstrate how to quantify the effects of operating variables on process performance.
2.7.1  Hy-to-oil Ratio vs. Product Distribution, Remained Catalyst Life, and Hydrogen

Consumption.

Hydrogen partial pressure is one of the key operating variables for HCR process. It has two
opposite effects on product distribution and process profitability. Higher hydrogen partial

pressure can enhance aromatic hydrogenation, increase H/C ration of products, and extend
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catalyst life by reducing coke precursors (hydrogenation of multi-ring aromatics). Hydrogen also
has a negative effect on paraffin hydrocracking that is crucial for product distribution*. In
addition, higher hydrogen partial pressure leads to higher hydrogen consumption which raises
the processing cost. In this section, we will conduct a simulation experiment to study the
relationship among hydrogen partial pressure, product distribution, and catalyst remain life. The
catalyst deactivation model is built in Aspen HYSYS/Refining that estimates the remaining
catalyst life by WART at SOC (start of run), WART at EOC (end of run, provided by catalyst
vendor), WART of current operation, number of days in service, coke precursors (multi-ring
aromatics) in the feed, and hydrogen partial pressure. Since industrial HCR process tunes
hydrogen partial pressure through changing gas-to-oil ratio, we choose gas-to-oil ratio as the
operating variable rather than hydrogen partial pressure. Figure 2.68 represents the selected
H,-to-oil ratios in our simulation experiment and the corresponding values of hydrogen partial
pressure.

Figure 2.69 illustrates the H,-to-oil ratio (hydrogen partial pressure) has little effect on product
distribution. The flat product distribution under various Hj-to-oil ratios (hydrogen partial
pressures) is consistent with observations reported in the literature™ ~*’. This implies that the
current operation is around the maximum conversion and further increase/decrease in hydrogen
partial pressure will not change the yields of valuable products such as heavy naphtha and diesel.
Even so, H,-to-oil ratio is still a double-edged knife for process profitability because it affects the
hydrogen consumption and remaining catalyst life. Figure 2.70 represents how H,-to-oil ratio
affects hydrogen consumption and remaining catalyst life. Obviously, H,-to-oil ratio has a
positive effect on both variables. However, the two variables have opposite effects on process

profitability and we can use the model to study the optimal operating point.
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Figure 2.68 H,-to-oil ratios and the corresponding values of H, partial pressure
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Figure 2.69 H,-to-oil ratios and the corresponding values of H; partial pressure
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Figure 2.70 The effects of H-to-oil ratio on H, consumption and catalyst life

2.7.2  WART vs. Feed Flow Rate vs. Product Distribution.

The most important operating variable for HCR process is reactor temperature. Increasing the
reactor temperature increases reaction conversion and shift product distribution from heavier to
lighter products. However, increasing the reactor temperature does not always benefit the
refinery and may generate process safety issue. This follows because high reactor temperature
will accelerate coke formation, and the secondary hydrocracking of middle distillate oils (such as
gasoline and diesel) will increase product yield of gas products which are less profitable. Thus,
the refiners intend to raise reactor temperature gradually to produce desirable product
distribution. For instance, the 2 months’ operating data of the MP HCR unit show that the WART
of HCR reactor varies within £8C from base dataset.

Figure 2.71 to Figure 2.73 illustrate the effects of feed flow rate and WART (HCR reactor) on
product distribution (yields). The heavy naphtha yield increases significantly while WART
increases and/or feed flow decreases, because the rising HCR reactor temperature enhances

hydrocracking reactions and the decreasing feed flow implies longer residence time that also
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enhances hydrocracking reactions. On the other side, the bottom oil yield presents the opposite
trend to that of heavy naphtha yield. This follows because bottom oil is the heaviest product and
the higher severity of cracking reactions resulted from rising WART and/or falling feed flow rate,
the lower bottom oil yield is. However, the most interesting observation comes from Figure 2.72
that represents the diesel fuel yield reaches maximum value at some operating point. Both
Tippett et al.** and Rossi* et al. report that in a HCR process, the yield of middle distillate
fraction (diesel fuel in this case) would approach a maximum value with increasing reactor
temperature, because of secondary hydrocracking reactions of middle distillate paraftins. We can
conclude that with lower feed flow rate, the diesel fuel yield tends to approach maximum when
increasing WART of HCR reactor. By performing this simulation experiment, refiners can
determine the optimal reactor temperature and feed flow rate to achieve maximum profits under

various supply-and-demand situations.
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Figure 2.71 Effect of feed flow rate and WART of HCR reactor on heavy naphtha yield.
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Figure 2.73 Effect of feed flow rate and WART of HCR reactor on bottom oil yield.

2.8 Model Application — Delta-Base Vector Generation.

Refining industry started to investigate the application of linear programming (LP) based model
since 1950s°”. Nowadays LP based model is the most important optimized tool to schedule
production, evaluate feedstock, study new process configuration, and adjust production plan after

operational upsets. For a given refinery, the LP based model is a combination of economic and

87



technical databanks. The economic databank requires the availability and price of feedstocks, the
demand and price of refining products, and operating cost of process units. The technical
databank needs process product yields, product properties, product specifications, operating
constraints, and use of utility.

Modern refiners gather and update most of the required information from market research,
government regulation, design data, and operating history except for product yields. Instead of
adopting historic data, refiners apply process model to generate required information of product
yields for LP based model. However, actual refining reaction processes are highly nonlinear and
the responses of product yields to process variables such as operating conditions and feed
properties are usually complex. Figure 2.74 illustrates the nonlinear relation between HCR
reactor temperature and product distribution (redraw from ref.51). Yield of each product
represents nonlinear variation along with the change of reactor temperature. To integrate the
nonlinear relationship between product yields and process variables with LP based model,
refiners linearize product yields over a small range of process variables as illustrated in Figure
2.75a. The linear relationship between product yields and process variables is so called

“delta-base” technology in modern refinery production planning.
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Figure 2.75 Linearization of production yield’s response on process variable

As shown in Eq. (29), refiners use delta-base technology to construct the linear representation of
product yield’s ( Y') response to the change of process variable (X-izAX), namely, delta
vector. Base vector (Y ) represents the product yield under a selected operating condition and
feedstock quality ( i). Delta-base vector ( AY/AX ) indicates the departure of product yield

( AY ) from base vector ( Y ) corresponding to the per unit change of process variable ( AX).
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The delta-base technology simplifies the nonlinearity of refining process and allows LP based
product planning to take product yield into account. However, the resulting LP based model only
provides good prediction of product yield over a small range of operating condition and
feedstock qualities. To extend the application of LP based model, refiners generate different sets
of delta-base vectors to reflect various production scenarios as shown in Figure 2.75b. By doing
this, the LP based production planning can switch over delta-base vectors according to the
production scenario. Figure 2.76 represents multi-scenario delta-base vectors of a catalytic
reforming process used in Aspen PIMS. The delta-base vector inside each red box indicates a

scenario producing gasoline product with varying research octant number (RON).
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Figure 2.76 Multi-scenario delta-base vectors in a catalytic reforming process

To generate delta-base vector, refiners produce case studies by running process model under
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varied feed and operating conditions by the following procedures:

1. Run the process model,

2. Choose the process variables to produce case studies;
B In real practice, feedstock qualities rather than operating conditions are chosen such as

specific gravity, Watson K, PNA etc.

3. Record base yields (base vector, Y in Eq. (29)) and the values of the selected process
variables ( X in Eq. (29)) in the process model;

4. Produce case studies by running the process model with changing selected process
variable(s);

5. Record the changes of process variables (AX in Eq. (29)) and the corresponding yields
( Yin Eq. (29));

6. Apply Eq. (29) to run linear regression to obtain delta-base vector;

In this section, we use HP HCR model to demonstrate how to generate delta-base vector from
computer simulation. We choose sulfur content, Watson K factor, and API gravity of feed oil as
process variables to perform case study and generate delta-base vector. The product yields
calculated from the base case of HP HCR model are defined as base vector ( Y in Eq. (29)).
Then we input different feed analyses obtained from the refinery into the HP HCR model to
produce case studies. We regress Eq. (29) with base vector ( Y in Eq. (29)), the recorded product

yields ( Y in Eq. (29)), and the corresponding change of process variable (AX, X-X in Eq.

(29)) from 15 case studies to obtain delta-base vector. Figure 2.77 represents the resulting
delta-base vector for HP HCR process. We generate one set of delta-base vector because the
plant data collected for build the HP HCR model are based on the same production scenario.

The resulting delta-base vector shows that sulfur content of feed oil has positive effect on the

yields of light products and negative effect on heavier liquid product, because more H,S is
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produced with increasing sulfur compounds of feed oil. Hu et al. ** also report that sulfur content
of feed oil has opposite effects on light and heavy products. However, the trends of API gravity
and Watson K factor on product yields are irregular. This follows because API factor and Watson
factor are not independent and the resulting delta-base vector will represent the mutual effect of
there two variables on product yields as well. It is worthy noting that API gravity and Watson K
factor are not good enough to generate delta-base vector of HCR process because they provide
little information of feed composition such as PNA content that is important to HCR modeling.
The attributes relevant to feed composition should be included to obtain more precise delta-base
vector. Although we only use API gravity and Watson K factor to generate delta-base vector due
to the limitation of plant data, HP HCR model’s good predictability among two and half months

of plant data can promise the application of delta-base vector.
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Figure 2.77 Delta-base vector of HP HCR process generated in this work.

2.9 Conclusion.

HCR process models are usually very sophisticated since their complex feedstocks and highly
coupled reaction mechanisms make it difficult to build a plantwide HCR process simulation.
However, refiners are most concerned about maximizing profit under steady operations which

imply small changes of the process operations and feedstock varieties. Therefore, a good
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operating model of refining process only needs to match key product yields, qualities and

process operations under small process changes.

In this work, we develop two operating models of large-scale HCR processes to satisfy the key

considerations of the refiners. The two models only require typical operating conditions, and

routine analysis of feedstock and products. We validate the models’ capabilities of predicting

product yields, product qualities and unit operations with two months of plant data. We also

show key applications of HCR models, namely simulation experiment and delta-base vector

generation. We summarize the key achievements of this work as follows:

(1) We develop two integrated HCR process models which include reactors, fractionators and
hydrogen recycle systems.

(2) We provide the step-by-step guideline of model development that has not been reported in
the literature.

(3) We apply the Gauss-Legendre Quadrature to convert kinetic lumps into pseudo-components
based on boiling point ranges (delumping) for rigorous fractionator simulation.

(4) Our delumping method gives a continuous response to changes in fractionator specification
such as distillate rate.

(5) We update API correlations of flash point and freezing point to plant operation and
production.

(6) The integrated HCR process models are able to predict accurately the product yields,
distillation curves of liquid products, and temperature profiles of reactors and fractionators.

(7) The integrated HCR process models also gives good estimations on liquid product
qualities — density, flash point and freezing point of diesel fuel (MP HCR) and jet fuel (HP
HCR) — by using updated API correlations.

(8) We apply the integrated MP HCR process model to conduct simulation experiment to
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quantify the effects of operating variables on product yields.
(9) We apply the integrated HP HCR process model to generate delta-base vector for LP based

production planning.
This work represents the workflow to build integrated HCR process model by using Aspen
HYSYS/Refining and only routine measurements for feed characterization in the refinery. We
also use routine measurements of products to calibrate the model. To further improve our models,
we may include Apply SimDist analysis for feed characterization, and to incorporate detailed
molecular information for feed characterization and customize our feed lump distribution if these
measurements are available regularly. We can also to customize the calibration environment to
include product property and product composition as objective functions if detailed molecular
information of product is available.
2.10 Workshop 1 — Build Preliminary Reactor Model of HCR Process.

This workshop provides step-by-step guidelines to demonstrate how to build a preliminary

reactor model of HCR process.
Step 1: Define the process type (single-stage or two-tage), the number of reactors of each stage
and the corresponding reaction beds and the number of high-pressure separators and if amine

treatment is included in the model.
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Figure 2.78 Define reactors in HCR process

Step 2: Assign the dimensions and catalyst loading information of each reaction bed.

_icix]
Internal Diameter] Catalyst Loading | Catalyst Density | Bed Voidage

Reactor 1

Bed 1 3200m | 3.230e+004 kg 974.7 ka/m3 0.3000
Bed 2 3200 m | 5.472e+004 kg 967.4 ka/m3 0.3000
Bed3 3200 m | 7.144e+004 kg 9EB. 7 ka/m3 0.2000
Reactor 2

Bed 1 3000m | 2528e+004 kg 944.0 ka/m3 0.3000
Bed 2 3000 m | 2592e+004 kg 945.2 ka/m3 0.3000
Bed 3 3000 m | 4.280e+004 kg 991.1 ka/m3 0.3000

< Prev | Geomety [2 of 3 LClose |

Figure 2.79 Define catalyst bed
Step 3: Select a dataset of reaction activity. Suggest to use the “Default” option when building a

preliminary model from scratch.
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Figure 2.80 Choose a set of reaction activity factors

Step 4: Input the required feed analysis

~Eeed Propertie:

Feed Type herfeed,

AP Gravity 2394
Specific Gravity [E0F/E0F) 0.9103
Distillation Type L2887

0% Paint [C] 279.0
5% Paint [C] 3237
10% Paint [C 3595
30% Point [C 411.5
50% Point [C 418.0
70% Puoint [C] 426.8
90% Puoint [C] 4E8.5
95% Puoint [C] H05.8
100% Paint [C] 531.3
Total Mitrogen [ppmewt] 261.0
Basic Mitrogen [pprwt] 1923
Total/B azic Mitrogen Fatio 4,477
Sulfur Content [%] 1.99
Meas. Rl @& Spec. Temp. [Opt.] < Emply
Meaz. Rl Temp. [Opt.] [C] <emplys
Rl & 20C (From Lab Data) <emplhyy
Fil @& 20C [From Bulk Prop.] 1.511
Wizcosity, c5H@210 F Lab [Opt. ) <Emphy:
Vigcosity, SUS@210F Lab [Opt <emphy:
Wiscoszity, cSHE 210 F (Fram Bul E.0E1
Meazured Ca [Opt. ] <emply
Ca Est. From Tatal Method 18.87
teasured Ch [Opt. ] < Emphy:
Ch Estimate 24.25
Braomine Mumber 2.000

Figure 2.81 Feed analysis sheet

Step 5: Select an appropriate feed fingerprint
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Figure 2.82 Fingerprint type
Step 6: Input the conditions of feed streams. The temperature and pressure input here only affect
the flash calculation of feed stream and have no influence on reactor conditions. However, it is

important to input the correct data of hydrogen flow.

0 ~Feed Conditior:
Feed Wolume Flow | Mass Flow | Temperature | Pressure Locat

[t s [m/h] [ka/h] ] [kPa] aeation

Specifications Feed1 | 10126242 92171.0 26.00 101.3 Reactor 1

Recycle Gas Loap

Catalyst Deactivatio

Solver Options

Solver Corsole

EO Variables

[ Total Feed
Fleactor 1 Feactor 2 = Total

Fresh Feed Mass [ko/h] 92171.0 0o 101.3
Tatal Feed Yolume [m3/h] 0.3 0o 9. 217e+004
Tatal Feed Mass [kash] 92171.0 0o 101.3
Tatal Feed Preheat Duty [kd/h] -1.755e-008 0.0000 9.217e+004
Total Feed Pressure [kPa] 101.3 101.3 -1.755e-008
Total Feed Temperature [C] 25.00 25.00
Gas to Oil Ratio [STD_m3/m3)] 1298
Quench Flow to Bed 1[STD_m34  1.323e+005 | 1.773e+004 J
LHSY 03932 05873 j Light comp. |

Design | FesdData_ Operation | Results |

Figure 2.83 Define flow conditions

Step 7: Input the inlet temperature of each reaction bed
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— - Temperatur

Feeds

Freactor] | Feactor 2
Bed 1
FrElEsene Inlet Termperature [C] 355 3711
Recycle Gas Loop | | | QUL T emperabure (C] 3722 3774
WABT [C] FE7E 3753
Catalyst Deactivatio| | |Bed 2
Solver Dptions Inlet Temperature [C] 3653 7.2
DOutlet Tempeiaturs [C] 3827 3760
Salver Console WAET [C] 3764 3731
EO Wariables Bed 3
Inlet Temperature [C] 357 347
Outlet Tempeiaturs [C] 3869 3755
WABT [C] 3798 371.8
WART [C] 3763 3731
Delta T - Rise
Bed? - Bed1 [C] 0.7023 2505
Bed3 - Bed2 [C] 3792 2.000
~Properties/Conversion
[Mittogen in i1 Liquid Praduct

| Conwersian, wi% [%]

ppmat] |
|

23.97
7T.66

Design | FeedData_ Operation | Results |

Figure 2.84 Assign reactor temperature

Step 8: Input the operating data of recycle hydrogen system. It is crucial to ensure the “outlet

pressure of compressor” and “delta P to reactor inlet” are correct because they are used to

calculate the inlet pressure of reactor.

M/ HCR Reactor Section

0|

Feeds
Specifications
Recycle Gas Lox
Catalyst Deactivatio
Solver Options
Solver Console

EO Variables

HPS anhd Recycle Gas Compressor r~Product Heater

HPS Loop 1 Product Temperature [C 49,40
Temperature [C] 49.40 Heater Duty [kd/h] 0.0000
Pressure [kPa] 1.119e+0 Product Pressure [kPa] | 1.118e+004
Hydrogen Purge Delta P [kPa] 0.0000
Hydiogen Purge Fraction 0.0300
Compressor
Outlet P [kPa] 1.273e+0
Outlet T [C] 57.00

Stage 1
Delta P ta Reactar Inlet [kPa] 785
Hydrogen Makeup Stream [T —

Makeup 1 akeup 2
Mole Flow Rate [STO_m3/h] 2.943e+004 0.0000
Temperature [C] 25.00 25.00
Pressure [kPa] 101.3 101.3
Composition. Mole Fraction
N2 0.0404 0.0200
H2 0.59455 0.59600
c1 0.0101 0.0200
cz 0.0000 0.0000
C3 0.0000 0.0000
C4 0.0000 0.0000
Co 0.0000 0.0000

Desigh I FeedD ata Dpelatinnl Results |

Figure 2.85 Define hydrogen recycle system

Step 9: Input the catalyst information provided by vendor. After completing this step, Aspen

RefSYS will solve the model automatically.
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™ HCR Reactor Section =10 x|

Operati WABT at SOC [C] 20
| [WABT atNow[C] 3751
IRl WABT at EOC [C] 404.0
Specifications D ay on Stream [dayps] 217.0
Remaining Days [days] 1380

RecycleBaslooh | |7 ot Deaslivation Riale [C/BBAB]| 02156
Catalyst Deactiv | |Dieactivation Rate at EOC [C/ABbIAB)|  0.7665

Salver Options
Salver Console
EOQ Yariables

Deszign I FeedData Operation I Results |
I [ lovord £ Varabs |

Figure 2.86 Catalyst deactivation information
Step 10: Increase the number of iterations and reduce the step size of creep step parameters to

enhance model convergence.

) File Edit Simulation Flowshest Tools ‘Window Help
EEE I E I SRR

Convergencs Toleranc

Reactor Section (S0P Hessian Parameters ————

Feed Besidual 1.000e-008 Initialization Homal -
Specification Sgaling factor  [1.000
Riecyols Gas Lo | [1eraion Limis———————————— | Updatessiored il (=]

] =
Catalyst Deactivatia | | Maximum ltsrations

rLine Search Parameters——————————————————

Solver Options Minimum Iterations: 0 E Algoritm Mormal -

Solver Consols

o ot ~Creep Step Parametels———— | Step Contol Nomal =]
aranes On/ Off Switch Step Control lterations 0 =

On -
Iterations i E

Variatle Scaling Peramete

Step Sizs 1000 |VDn £ 0f Suwitch tn =
Completeness Checkin Esilre Recovery Actio

|]‘ Ovenide Spec Group Completeness |] FRever ta the previous results =

—_ :
Design_ Reactor Section | Fractionator | Results

Figure 2.87 Select an algorithm for model convergence

Step 11: Check model results such as the product yields and reactor temperature profile.
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Results i
Feed Blend
Product Yields
“alume Flow Masz Flow WVolume % ‘Weight %

Product Properties m3sh] [ka/h] %] 1]

Reactor NH3 963664 01046

. H25 1947.7328 21132
C1+C2 478.8970 05196

Fractionator C3 1.5630 794.0222 1.5333 08615

Hydrogen Balance C4 4.E7E3 2E38.1579 45857 28622
C5 1.3785 863.1358 1.3528 0.9365
Naphtha CE-430F 43,4786 33164.7357 42.E650 36,9817
Diesel 430-700F 37.5593 31009.7556 36.8590 6437
Blottorns 700-1000F 26.9242 22590.8405 26.4223 24.5097
Resid 1000F+ 05145 44F 4450 0.5043 04344
Total 116.0951 54030.0889 113.9308 102.0170
Total C4+ 114.6321 90713.0705 112.3969 96,4182
Total C5+ 109.8551 80074.9126 107.8071 95,5560
Conversion 90.6508 76591

Design] Reactor Section I Fractiohator  Results

Figure 2.88 Model results — product yield

Resulte rReactor
Feactor 1 Feactor 2 A
Feed Blend Space Velocily |
Product Yields LHSY 02933 08873
Bed Temperature
Product Properties Bed 1
Reactor Inlet Temperature [C] 3555 37
Hydhogen Spstem Outlet Tempera_ture C] 3722 3774
Temperature Rise [C] 1671 6312
IRl WART [C] W76 3753
Hydrogen Balance | | |[Bed 2
Inlet Temperature [C] 353 72
Outlet Temperature [C] 3827 3760
Temperature Rise [C] 17.41 as7
‘wiBT [C] 376.9 3731
Delta T-Riser [C] 07023 2505
Bed 3
Inlet Temperature [C] LT 3647
Outlet Temperature [C] 3869 375.5
Temperature Rise [C] 21.20 1082
LwaBT [C] 3798 3718
Delkta T-Riger [C] 3.792 2.000
Reactor Temperature
waRT [C] 376.3 3731
Reactor Pressure
Bed 1 |

Figure 2.89 Model results — reactor performance

2.11 Workshop 2 — Calibrate the Preliminary Reactor Model to Match Plant Data.

After completing preliminary model, it is necessary to calibrate the model to match plant
measurements. The following section will represent a step-by-step guideline to calibrating a
preliminary model to match plant measurements of reactor temperature profile and product
yields.

Step 1: Enter the “calibration” environment.
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FEED 0518 BASE CALIB.HSC - Aspen HYSYS 2006.5 - aspen0NE
File Edit Simulation Flowsheet

EERIEEY

HCR Tools Window Help
Calibration. .

Resuls... i o [=[b4

Design Configuation Wizard
Configurati Basic C gleStage
ey Mumber of Reactor 2
Mumber of HPS 1
Notes rine Scrubber =
[ Feactor 1 | Feactor2 | |
Number of Heactor Beds| 3 Ell |

=
Design | FeedDats | Operation | Results
Deiete | I | loroed EO Varisbles

Figure 2.90 Enter calibration environment
Step 2: Click the button of “pull data from simulation” to import the results of the preliminary
model.

~loix]

Flowzheet Canfiguratior

Design

C Basic Configuration Single-Stage
= Mumber of Reactars 2
EizmmEly Number of HPS 1
Notes Amine Scrubber i
Fractionator B
{ | FReactor1 | Reactor2 | |
Number of Beds || 3] 3] |

—
Designl Feed Data I Operation I Operation Meas. I Product Meas. I Calib. Contral IAnaI}lsws |

Fun Cals |E|E-ca\ih| Data Set: [Set1 ~| Bk Baiais Smlstion Retum to Simulation |
Fum Brediction I Manage Data Sets I I Pull D ata from Simulation I _

Figure 2.91 Extract data from simulation

Step 3: Input the temperature rise and pressure drop of each reaction bed.
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Dperation Meas.

i Temperature Rise

Temp./Press. Reactor 1 Feactor 2

Flow Bed 1[0 16,70 £ 300
Bed 2 [C] 17.40 8.800
EBed 3 [C] 21.20 10.80

rPressure Drop

Reactor 1 Reactor 2

Bed1[kFa 1230 0.0
Bed 2 [kFa 1000 50,00
Bed 3[kPa 80,00 B8.00

¥ Fullal

Design I Feed Data I Operation  Operation Meas. | Product Meas. I LCalib. Control I Analysis |

RunCalb. | Precalh| DataSet. [Setd | PushDatato Simuiation | Retun o Sinulation |
Rur Erediction I Manage Data Sets I Pull D ata fram Simulation I Mot Salved

Figure 2.92 Input reactor variables
Step 4: Input the quench flow of each reaction bed, sour gas removal, makeup hydrogen rate,
chemical hydrogen consumption, nitrogen content in the first reactor’s effluent and composition

of purge gas.

Operation Meas. || Recycle/Quench Flo
Reactor 1

Temp./Press. Bed 1 [STD_marh T 315e+005

Flow Bed 2 [STD_ma‘h 4740
Bed 3 [STD_ma‘h 1.832e+004
Reactor 2
Bed 1 [STD_ma‘h 1.773e+004
Bed 2 [STD_mash 1.466e+004
Bed 3 [STD_marh 1.551e+004
MH3 Removal - Loop 1 [ka/h] 96.40
H25 Remaoval [kash] 808.2
Purge gas flow - Loop 1 [STD_m3#h] A37
M2 0.0330
H2 0.5030
H25 0.0000
C1 0.0640
cz2 0.0000
c3 0.0000
Ca 0.0000
[¢] 0.0000
CEP 0.0000
CEN 0.0000
CEA 0.0000
C7P 0.0000
C7N 0.0000
C7a 0.0000
H2 makeup 1 rate - Loop 1 [STD_m3/h] 2.943e+004
H2 consumption [STD_m3/m3] 249.1
Mitrogen In R Liguid Product [ppmwt] 7.800 ~ Pul &l

Design I Feed Data I Operation  Operation Meas. | Product Meas. I Calib. Cantrol I Analysis |

Figure 2.93 Input process data

Step 5: Define the number of cuts in each distillate range.
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Product Meas.

Stream Selectior

Cuts Murnber of Fuel Gas Analyses 2
Light Ends Mumber of LPG Analyzes 1
Heawy Liquids Murnber of Maphtha Cuts 2
P Mumber of Distillate Cuts 1
Buttom Cuts Eattom

= Desigh I Feed Data I Operation I Operation Meas.  Product Meas_ | Calib. Control | Analysiz

Figure 2.94 Define plant cuts
Step 6: Input compositional analyses and flow rates of light ends. These are important to

calculate the composition of naphtha cuts.

Il

Product Meas. | [ HantEnd

Fuel Gas 1 Fuel Gaz 2 LPG 1 Light Naphtha | Heawvy Naphtha

Cuts Gas Rate [STD_m3/h] 1643.71 591,203 2029.26 <emply> <emply>

Light Ends Liquid Rate [m37h] 1.05308 122232 £.84409 <emply> <emply>

My Lt tass Rate [karh] 715,900 781.100 438890 <empy> <emply>

Composition tiale % Mole % WYolume % Wolume % Yolume %

N2 [%] 7.40000 210000 0.000000 0.000000 0.000000

H25 [%] 4.30000 8.20000 276917 0.000000 0.000000

H2 [%] E7.5000 14.3000 0.000000 0.000000 0.000000

C1[%] 12.8000 25.0000 0.000000 0.000000 0.000000

C2 [%] 250000 11.6000 376887 0.000000 0.000000

C3[x] 2.70000 17.7000 19.6941 0.000000 0.000000

C4[%] 240000 1E.8000 50.0850 0.000000 0.000000

C5 [%] 0.000000 4.30000 236929 5E7176 0.000000

CE+ [%] 0.000000 0.000000 0.000000 94.1282 100,000

Tatal 100.000 100.000 100.000 100.000 100.000

Design I Feed Data I Operation I Operation Meas.  Product Meas. | Calib. Control | Analysis

Figure 2.95 Input product yields and analyses (light products)
Step 7: Input distillation curves, elemental analyses, specific gravities and flow rates of liquid
products. Distillation curves and flow rates are the most important properties and they have to be
accurate to ensure that the model works well. Specific gravity affects model’s prediction on
hydrogenation reaction rate. Elemental analysis only affects the severity of HDN and HDS

reactions and hydrogen balance which have little effect on the yield prediction of HCR model.
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—Ioix]

Product Meas. | [ =2
Uight Maphtha | Heavy Naphtha | Diesel ]
Cuts Mass Rate [ka/h] 23058 212222 323028
Light Ends [Valume Rate [m3/h] 3467 2606 012 =
T— Temperstue [C] 2500 2500 25,00 =
Pressuie [kPa] 1013 1013 101.3 =
Distilation Type DEE i DE6
40.00 98.00 1700 |
5% Paint [C] 4370 1027 1847
Point [C] 51.00 1070 198.0 =
nt 55.90 118, 287 |
i 5660 1251 247
it 5310 135. 279 |
i B5.70 156. 325
int [C} 6340 164 397 |
End Point [C] 7340 1723 3130 =
AP Gravity 61.25 5562 .02
Specifc Gravity 06851 07562 08202 =
Chemical i
H [ 17.00 1500 14.00 13,00
Cl%) £3.00 85 6.00 =
5[zl 1.000=004 | 1.000e-D 17002003
N [x] 1.000e004 | 1,000 5 000k 005 =
Total (%] 100.00 100 100.00

Design | FeedData_| Operation |_Dperation Meas. _ Product Meas. |_Caib. Contol | Analysis

Precalb| DataSet: [SetT ~|  PushDatato Simuiation | Rietun to Simulation |
FunFrediion | ManageDataSets | Pl Data iom Simulation | ot Salved

Figure 2.96 Input product yields and analyses (heavy products)

Step 8: Change the iteration scheme to enhance model’s convergence.

4 Calibration 3l x|

Operation ~Convergence Toleranc: ~50P Hessian Parameter

Feeds Besidual [1.000e-008 Intialzation [advanced ]
Specification l— Scaling |1 ano
Rozyels sy Logp | | DeiFesibal 19012

o D 1 Updates Stored |5 E

Catalyst Deactivatio flteration Limit:
Fractionator Mawimum lterations | Line Search Parameters

Solver Dptions Minimum lierations |0 Algorithm |Hes‘dua‘ =l
Solver Console Croep Step Parameter Step Conrol [Homal =

o
=]
=1

On / Off Switch i =] Step Cortrolteraions |7 =
=]
Iterations ‘Wariable Scaling Paramete
Step Size 01000 [QnIDFISwwt:h Jon -
Completeness Checking Failure Recovery Actiof
’7|_ DOweride Spec Group Completeness | Revert to the previous results ;I

Design | FesdData_ Operation | Operation Meas. | Product Meas. | Calib Contiol | Anslysis |

Figure 2.97 Iteration algorithm for model convergence
Step 9: Check all of the boxes in “object function” sheet so that we are able to probe into how

significantly the model results deviate from plant data.
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RI=EY

Calib. Control Included Sigma__[ | Reget |
P, Temperature Rise
) ) R1B1 Temperature Rise [C v 1.000

Obi Function R1B2 Temperature Rise [C ~ 1.000
F1B3 Temperature Rise [C v 1.000
R2B1 Temperature Rise [C ~ 1.000
R2B2 Temperature Rise [C v 1.000
R2B3 Temperature Rise [C ~ 1.000
Recycle/Quench Flows
Reactor 1
Bed 1 [STD_m3/h v F20.0
Bed 2 [STD_m3/h v 720.0
Bed 3 [STD_m3/h v F20.0
Reactor 2
Bed 1 [STD_m3/h v F20.0
Bed 2 [STD_m3/h v 720.0
Bed 3 [STD_m3/h v F20.0
Purge gas flaw - Loap 1 [STD_m3/h] ~ 36.00
HZmakeun 1 rate -1 non 1 1STO - m37kl ~l 3R 0N L‘

Design I Feed Data I Operation I Operation Meas. I Product Meas.  Calib. Control

Fiun Calib. Era-calib.l Data Set; | Set-1 ha Push Data to Simulation I Fieturn to Simulation I
Fur Erediction I Manage Data Sets I Pull Data from Simulation I Mot Solved

Figure 2.98 Objective function sheet
Step 10: We can use this sheet to select the reaction activities to be adjusted during automatic
calibration by clicking “run calib” and change the lower and upper bounds of the selected
reaction activities. In this step, we click the button of “pre-calib” to run the model with current

reaction activities which are also default values.

=
Calib. Control Included Initial Yalue | Lower Bound | Upper Bound | |
P 0 Global Activity
) Feactor 1 -Bed 1 [ 0.2000 <empty <emphyr

O Functian Reactor 1-Bed 2 ] 0.2000 <EMmpty <emphyy
Reactor 1 -Bed 3 ] 0.2000 <EMmpl Cemphy:
Reactor 2 - Bed 1 ] 0.2000 <EMmplys <emphy
Reactar 2 - Bed 2 ] 02000 <Emplys <emphy
Reactar 2 - Bed 3 | 02000 <emplys <emphy:
Overall HDS Activity
Treating bed [ 9.760e-002 <emphys <emphys
Treating bed ta Cracking bed ratio [ 06336 <emphy <emply:
430- HDS Activity
Treating bed |l 1.000 <emply <emply>
Treating bed ta Cracking bed ratio |l 1.000 <emply <emply>
430- 950 HDS Actlivity
Treating bed Il 0.7581 <emply <emply>
Treating bed ta Cracking bed ratio |l 1.000 <emply <emply>
950+ HDS Activity
Trratinn herd Il 1.0nn <Rmnhus <Rmnhur LI
[v Update Initial Value

_ Desigh I Feed Data I O peration I Operation Meas. I Product Meas.  Calib. Control

Run Calib, Ere-cahb.l Data Set: | Set1 'l Pugh Data to Simulation | Return ta Simulation |
Fiun Erediction I Manage Data Sets I Pull Data from Simulation I Mat Solved

Figure 2.99 Reaction activity factor sheet
Step 11: Analysis sheet represents the results after running calibration. It also shows the

comparisons between model results from current reaction activities and plant data.

105



-iEix

Analysis Save for Simulation ... | Expott ... | Lalibration Factors Library ... Feinitialize |
Calib Summary | —Calibration Factor:
Mass Balance _ Includedstarting alug Finalalue [Lawer Bound Upper Bound] « |
Global Activity
Feed Blend Reactor 1-Bed 1 0.2000 0.2000 <emphyy <emphyy

02000 0.2000 cempty> cempty>
0.2000 0.2000 <emphyy <emphyy
02000 0.2000 cempty> cempty> ﬂ

Product ields Feactar 1 - Bed 2
Reactor 1-Bed 3

Reactor 2 - Bed 1
m-

Product Properties

Reactor Toie-n h-dn RN A Aann g g
Hud St ~Obiective Function
HAIDGEN Sysem Sigma Plant Model Delta [
Fractionator Temperature Rise

F1B1 Temperature Rize [C 1.000 16.70 18,96 2,262
Hodiagen Bdlance | | e mperafure e [C 1.000 17.40 7514 5,55
“warkshest R1E3 Temperature Rise [C 1.000 21.20 5676 1552

R2B1 Temperature Rise [C 1.000 6.300 1.981 -4.320

F2B2 Temperature Rize [C 1.000 8.800 1.692 -7.108

R2B3 Temperature Rise [C 1.000 10.80 2 4411 -8.351 -

D cneeala 0l b L.

5T 1

Design I Feed D ata I (Operation I Operation Meas. I Product Meas I LCalib. Cortrol Anal_vsisl
Run Calib. | Pre-calib. | Data Set: | Set-1 ha Push Data to Simulation I Fieturn to Simulation I
Fiun Erediction I Manage Data Sets I Pull Data from Simulation I _

Figure 2.100 Calibration result sheet

Step 12: Select “R1B1 Temperature Rise” in “Obj. Function” sheet.

o
Calib. Control Included Sigma d Reset
F Temperature Rize _‘
i i R1B1 Temperature Rise [C] [V | 1.000

Ehilgscnn R1B2 Temperature Rise [C 1.000
R1E3 Temperature Rize [C] ] 1.000
R2B1 Temperature Riss [C] ] 1.000
R2B2 Temperature Riss [C] ] 1.000
R2B3 Temperature Rize [C] | 1.000
Recycle/Quench Flows
Reactor 1
Bed 1 [STD_m3/h [ 7200
Bed 2[STD_m3/h l 7200
Bed 3[STD_m3/h ul 7200
Reactor 2
Bed 1 [STD_m3/h l 7200
Bed 2 [STD_m3/h ul 7200
Bed 3[STD_m3/h 7200
Purge gas flow - Loop 1 [STD_m3/h] ] 36.00
H2makeuo 1 rate - Looo 115TD m32hl l 36.00 L‘

Design I Feed Data I Operation I Operation Meas. I Product Meas.  Calib. Control

L Erercalib.l Data Set: | Set1 'l Push D ata ta Simulation | Return ko Simulation |
Run Brediction I Manage Data Sets | Pull Diata from Simulation | Nat Solved

Figure 2.101 Define objective function (1% bed)

Step 13: Select “Global activity — Reactor 1 — Bed 17 and assign appropriate lower and upper

bounds. We suggest that the lower and upper bounds are $25% up and down around current

value (i.e. initial value). By doing steps 12 and 13, the model will tune “Global activity — Reactor

1 — Bed 17 within the assigned range to minimize the deviation between model result of “R1B1

Temperature Rise” and plant measurement.
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o

Calib. Control Included Initial Value | Lower Bound| Upper Bound |
P t Global Activity —
i Reactor 1 - Bed 1 | v 0.2000 §| 0.1500 0.250 l

b Function Reactor 1 -Bed 2 0.2000 <empy> <empy>
Reactor 1 - Bed 3 - 0.2000 < emphys < emphys
Reactor 2 - Bed 1 | 0.2000 <Emphy <Emphy
Feactor 2-Bed 2 _ 0.2000 <emply> <emply>
Feactor 2 - Bed 3 | 0.2000 <emphy: <emphy:
Overall HDS Achivity
Treating bed ] 9.760e-002 <emply> <emply>
Treating bed to Cracking bed ratio (] 0 E336 <Emphy> <Emphy>
430- HDS Activity
Treating bed [ 1.000 < emphys < emphys
Treating bed to Cracking bed ratio (] 1.000 <Emphys <Emphys
430- 950 HD5 Activity
Treating bed (] 0.7581 <emphy: <emphy:
Treating bed to Cracking bed ratio [ 1.000 <emphys <emphys
950+ HDS Activity
Treating bed (] 1.000 <ermotu <ermotu LI
¥ Update Initial Yalue

n Design I Feed Data I Operation I Operation Meas I Product Meas.  Calib. Control

Ere-calib.l Data Set: I Set1 b Pugh Diata ta Simulation | Return to Simulation |
Fun Erediction I Manage Data Sets I Pull Data from Simulation | Nat Solved

Figure 2.102 Select tuning activity factor (1* global activity)
Step 14: Check the results in “Analysis” sheet. Repeat step 14 to assign new lower and upper
bounds to calibrate the model again if the model results are not good enough.

-lgix

Analysis Save for Simulation ... | Export ... | LCalibration Factors Library ... | BRe-initialize |
Calib Summary | -Calibration Factar:
Mass Balance _ Includedstarting \alue Final Yalue [Lower Bound|Upper Bound| « |
Global Activity _‘
Feed Blend Fieactor 1 - Bed 1 ol 0.2000 | 01500 0.1500 0.2500
Product Yields Reactor 1 -Bed 2 ml 0.2000 0.2000 <emphy Lempy
Product P . Reactar 1 - Bed 3 ol 0.2000 (0.2000 <emply> <emply>
teduct Fropeties | | Roactor 2 -Bed 1 T | 0200|0200 <emply | <emeiy |
[ Foton moan — GG GELGS e e
~Obiective Funchion
IFlalEEEm e Sigma Plant Model Delta Contribution _ﬁ
Fractionatar | Temperature Biss — |
e e e R1E1 Temeerature Rize [C 1.000 16.70 16.54 01435 0532002
R1EZ Temperature Hize 1. 000 1740 .ol b -0 204
‘workshest R1E3 Temperature Rise [C] 1.000 21.20 5936 1526
R2B1 Temperature Rize [C 1.000 £.300 2.030 -4.270
F2B2 Temperature Rize [C] 1.000 8.800 1.726 7.074
Fi2B3 Temperature Rize [C] 1.000 10.80 2.490 -8.310
Recycle/Quench Flows
Do 4 =
_ Desigh I Feed Data I Operation I Operation Meas. I Product Meas. I Calib. Control  Analysis |
Run Calib. | Pre-calib.| DataSet: I Set-1 'I Puzh Diata to Simulation | Return ta Simulation I
Fiun Erediction | Manage Data Sets I Pull Data from Simulation | _

Figure 2.103 Calibration result (1% bed)
Step 15: After obtaining satisfactory result of “R1B1 Temperature Rise”, uncheck the selections
of “R1B1 Temperature Rise” and “Global activity — Reactor 1 — Bed 1”. Next, repeat steps 12 to

14 for the other reaction beds and corresponding reaction activities one by one.
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Analysis Save for Simulation ... I Export .. I LCalibration Factors Library ... I BRe-initialize |
Calib Summary | -Calibration Factar
s Belres _ Includedstarting Valug Final Value [Lower BoundUpper Bound| « |
Global Activity
Feed Blend Reactor 1-Bed 1 01500 | 01500 L1500 02500
Product Yields Reactor 1 -Bed 2 r 0.5242 0.5242 0.3662 0.6104
. Reactor 1 - Bed 3 1.408 1.408 0.8942 1.450
Product Fropetties || |Reaclor2 - Bed 1 C | oem0| omen| os2| 0%,
Reactor Fo-ten A7 e E=n EEET) ET
Hyd st r-Objective Function:
yarogen aystem gma Elant Model ol Delta Contribution | |
Fractionatar Temperature Rise
R1B1 Temperature Rize [C 1.000 1670 14.29 -2.407
Hyerogen Balance | Temperauie Fie [0 1.000 17.40 1513 2273
orksheet F183 Tempersturs Rise [C 1.000 .20 16.97 2026
R2B1 Temperature Rize [C 1.000 E.300 5,391 -0.9094
R2B2 Temperature Rize [C 1.000 8.800 8,460 -0.3399
R2B3 Temperature Rise [ 1.000 10.80 1080 § -2.004=002 | 4.017=-006
Recycle/Quench Flows ;‘
Dobne 1

Design I Feed Data I Operation I Operation Meas. I Product Meas I Calib. Control  Analysis
Run Calib, | Bre-calis| Data Set: [Set ~|  PushData to Simulation | Figtum to Simulation |
Fun Erediction | Manage Data Sets | Pull D ata from Simulation I ok

Figure 2.104 Fitted activity factor (1% global activity)
Step 16: In most cases, the reactor temperature profile obtained from step 15 will show similar
trend as plant measurement rather than perfect agreement. To make model’s prediction on reactor
temperature profile matches plant measurement well, we select all of the “temperature rise”

variables as objective functions, assign new tuning ranges to and tune all of the “global reaction

« ey 99
activities™.
=lolx|
Calib. Control locluded [ Sioma Lo Reset
F Temperature Rise I
) : F1BT Temperature Rise [C f 1.000 [

Obilerehion F1B2 Temperature Fise [C 7 1.000
F1E3 Temperature Rize [C I 1.000
F2B1 Temperature Rize [C I 1.000
F2B2 Temperature Rise [C I 1.000
F2B3 Temperature Rizse [C I 1.000
H eia s s
Reactor 1
Bed 1 [STD_m3/h 7200
Bed 2 [STD_m3/h 7200
Bed 3[STD_m3/h 7200
Reactor 2
Bed 1 [STD_m3/h 7200
Bed 2 [STD_m3/h 7200
Bed 3[STD_m3/h 7200
Purge gas flaw - Loop 1 [STD_m3+/h] 36.00
H2makeoun 1 rate - L ann 1ISTO m3hl AR NN LI

Design I Feed Data I DOperation I Operation Meas I Product Meas.  Calib. Control

Bre-calib.| [rata Set: I Set-1 VI Push Data to Simulation | Return ko Simulation |
Frun Erediction | Manage Data Sets I Pull D ata Fram Simulation | Mot Salved

Figure 2.105 Define objective function (all beds)
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i x

Calib. Control Included Initial Value | Lower Bound | Upper Bound|| o |
P. Global Activity
) ) Reactor 1 -Bed 1 v i 01500 01125

Ok i Reactor 1 - Bed 2 v 05242 03931
Reactor 1 - Bed 3 v 1.408 1.056
Reactor 2 - Bed 1 v 08380 06285
Reactor 2 - Bed 2 v 1.630 1222
Reactor 2 - Bed 3 v 1.826 1.363

—

Treating bed r 9.780e-002 <empty> <emptys
Treating bed ta Cracking bed ratio r 0.B336 <empty> <emptys
430- HDS Activity
Treating bed r 1.000 <empty> <empty>
Treating bed ta Cracking bed ratio r 1.000 <emnpty> <emptys
430- 950 HDS Activity
Treating bed r 0.7581 <emnpty> <emptys
Treating bed ta Cracking bed ratio r 1.000 <emnpty> <emptys
950+ HDS Aclivity
Treatinn hed [l 1.0nn < Rmnhus 2ot (5]
¥ Update Initial Yalue

Design I Feed Data I Operation I Operation Meas. I Product Meas.  Calib. Control

Fin Cai, | Pre-calb| DataSet; [Serd ~|  PushDatato Simulation | Fletun to Simulation |
Run Brediction | Manage Data Sets I Pull D ata from Simulation | Mot Solved

Figure 2.106 Select tuning activity factor (all global activities)
Step 17: Repeat step 16 until model’s prediction on reactor temperature profile satisfactorily

agrees with plant measurement.

o

Analysis Save for Simulation ... | Expart . | Lalibration Factars Library ... | BRe-initialize |
Calib Summary | -Calibration Factor:
Mass Balance _ Includaﬁtaltmg “alue Final alue [Lower Bound|Upper Bound| « |
Global Activity
Feed Blend Fieactor 1 - Bed 1 v 02267 | 02470 07700 0,283
Product Yields Reactor 1 - Bed 2 [ 0.8180 0.3003 06143 1.024
Product P . Fieactor 1 - Bed 3 v 2.200 2333 1.650 2.750
reduct Propertes || IR actor 2 Bed 1 ol 1046 107 | 07843 a7
et oo ENCErES — EGEE) = e e ~Enm
- Objective Functiorr
Il Sysem Siama Flart Wiodel Delis__| Conbution] ]
Fractionatar Temperature Rise _‘
F1B1 Temperature Rise [C 1.000 16.70 16.70 | -1.056e-00Z | 1.115e-006
Hy Eal
YAICESNBAANSE | N PR Temperature Rise [C 1.000 17.40 1740 | -1 4750007 | 2175006
Wwirksheet F1B3 Temperature Rise [C 1.000 .20 21.20 | 2.582e-003 | B.ERSe-00E
F2B1 Temperature Rize [C 1.000 E.300 B.296 | -3.934e-00% | 1.547e-005
FZBZ Temperature Rise [C 1.000 8.800 8.796 | -3.986e- 1.589e-005
R2B3 Temperature Rise [C 1.000 10.80 10.80 | -3.595e00z | 1.293e-005
Hecocle/uench Flows
Design I Feed Data I Operation I Operation Meas. I Product tMeas. I Calib. Control  Analysis |
Fiun Calib. | Pre-calb.| DataSet | Set1 'l Push Data to Simulation | Return to Simulation |
Fiun Brediction | Manage Data Sets I Pull Crata from Simulation | _

Figure 2.107 Calibration result (all beds)
Step 18: Even thought the reactor temperature profile from model satisfactorily agrees with plant
measurement, model’s prediction on product yields still significantly deviates from real operation.
By observing the comparison between model results and plant measurement, the model has

significant predicting deviations on diesel and bottom yields. Additionally, real production does
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not include any fraction within the boiling range over 1000°F (square cut residue oil).

=lolx|
o SevefuSimulation . | Ewpor . | Coltwalion Factors Livary . | Btz |
Calib Summary | Calibration Factor
s DekmEe _ Includedstarting Yalue Final Yalue [Lower Bound Upper Bﬂund;[
Global Activily
Feed Blend Feactor 1 - Bed 1 v 02470 | 0.2470 0.1700 02832
Product Yields Reactor1-Bed2 rd 0.9003 0.9003 06143 1.024
Reactor 1 - Bed 3 v 2339 2.31 1.650 2.750
Froduct Properties || o -ctor 2 - Bed 1 ~ 1907|1007 | 07843 1807 |
Reastor A A - A e e oo B
N ~Dbiective Function - -
wrogen aystem Sigma Plant tadel Dielta Contribution _;I
Fractionator C1C2 Yield [7] 1.00 0.EE 1.34 068
C3Yield [%] 1.00 104 112 0.08
Huctogen Bakanee ||| roid ] 1.00 245 235 043
‘worksheet Sulfur in Bottom 700+F [ppmut] 10.00 1167 | 1,608=-008 167
Hiragen in Bottom 7O0+F [ppmut] 10.00 05543 | 2.621=-002 -0.5267
Sulfur in Diesel 430-700F [pprwt] 10.00 19.21 | 3.780=010 -19.11
Hiiogen in Diesel 430-700F [ppmut] 10.00 03462 02769 | 552300z
HNitiogen in Fil Effluent [opmet] 10.00 7.800 024 -4 176
Haphtha CE-430F Mass Flow [kg/h] 500.0 | 3.3142+004 | 3.105e+004 -2089
Diesel 430F-TO0F Mass Flaw (ka/h] 500.0 | 3.104e+004 | 1.797e+004 | -1.308=+00-
Bottoms 700-1000F Mass Flow [ka/h] 150.0 | 2258e+004 | 3391e+004 | 1.132e+004
Riesid 1000F+ Mass Flow [ka/h] 500.0 0.0000 1375 1376 :II
— == -

Design | Feed Data | Operalion | Operation Meas. | Product Meas. | Calb. Contiol_ Analysis

Flun Calb._| Pre-caib,| Data Set. [Set1 ~]  PushDataloSimulation | Rigtumn to Simulaton |
Fur Prediction | Manage Data Sets | Pull Data from Simulation | 0]

Figure 2.108 Calibration result (product yields)
Step 19: Select the following objective functions and reaction activities to calibrate the model
(by clicking the button of “run calib). Repeat this step until the model matches plant

measurements on reactor temperature profile and product yields.

paT=lp

Calib. Control Sigma__ [ Reset |
e — Temperature Flise. J
) ) R1E1 Temperature Rise [C v 1.000

Wl Frit R1B2 Temperature Rise [C ~ 1.000
R1EB3 Temperature Rise [C: v 1.000
R2B1 Temperature Rize [ v 1.000
RZ2B2 Temperature Rise [C ™ 1.000
F2B3 Temperature Rise [C v 1.000

ecycle/Quench Flows

Reactor 1

Bed 1 [STD_m3/h; m 720.0
Bed 2 [STD_m23/h i 720.0
Bed 3[STD_m3/h 7200
Reactor 2

Bed 1 [STD_m3/h r 7200
Bed 2 [STD_m3/h; m 720.0
Bed 3[STD_m3/h, i 720.0
Purge gas flaw - Loop 1 [STD_m34h] 36.00
H?makeun 1 rate -1 aan 1 ISTR mAdhl ml AR 0N 1T

_ Desigh I Feed Data I Operation I Operation Meas. I Product Meas.  Calib. Control

Ere-calib.l [ata Set I Set-1 'l Push Data to Simulation I Fieturn to Simulation I
Fiur Erediction I Manage Data Sets I Pull D ata fram Simulation I Mot Solved

Figure 2.109 Define objective function (all beds)
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g [ 3]

Calib. Control Included Sigma__ |4 Reset |
E Product Flow and Properties

) : Naphtha CE-430F Yol Flow [m37/h] 0.5000
Obj Function Diesel 430F-700F Vol Flow [m3/h] wl 05000
Battoms 700-1000F ol Flow [m34h] nl 5.000e-002
Resid 1000F+ %ol Flow [m3/h] 1.000
C1C2 Yield [%] ul 1.000
C3 Yield [%] nl 1.000
C4 Vield [%] 1.000
Sulfur In Bottom 700+F [pprwt] ol 10.00
Nitrogen I Bottom 700+F [pprwt] [ 10.00
Sulfur In Diesel 430-700F [pprwt] 10.00
Nitrogen In Diesel 430-700F [pprwt] ol 10.00
| .l 10.00
Naphtha CE-430F Mass Flaw [kgsh] I 500.0
Diesel 430F-700F Mazs Flow [kash] v 500.0
Bottams 700-1000F bass Flow [ka/h] [V 500.0

o 500.0 | —|

| =l

_ Desigh I FeedData I Operation I Operation Meas. I Product Meas.  Calib. Control

Run Calib. | Ere-calib.l Data Set: I Set-1 'l Puzh Diata to Simulation I Retum ta Simulation I
Fiun Erediction I Manage Data Sets | Full Data from Simulation I Mot Solved

Figure 2.110 Define objective function (all mass yields except for resid)

Lol

Calib. Control M Initial Value | Lower Bound | Upper Bound | o]
Parameters Global Activity _
) ) Reactor 1 -Bed 1 r 0.2194 01768 0.2947
(0l et Reactor 1 -Bed 2 d 0.7927 06428 1.071
Feactor 1 -Bed 3 rd 1.950 1.682 2.803
Reactor 2 - Bed 1 [ 1.233 1.059 1.764
-Bed2 v 3.819 2.584 4.308
-Bed 3 [V 4519 2740 4567
Activity
Treating bed r 9.7R0e-002 | 7.320e-002 01220
Treating bed ta Cracking bed ratio C 06336 0.4752 0.7920
430- HDS Activity
Treating bed r 1.000 0.7500 1.250
Treating bed to Cracking bed ratio C 1.000 0.7500 1.250
430- 950 HDS Activity
Treating bed - 0.7581 0.5686 0.947E
Treating bed to Cracking bed ratio [l 1.000 0.7500 1.250
950+ HDS Activity
Treatinn had [l 1000 17500 1 2R LI
[v Update Initial ¥V alue

Design I Feed D ata I Operation I Operation Meas. I Product Meas.  Calib. Control

Erercalib.l Data Set: | Set-1 'l Push D ata ta Simulation I Return ko Simulation |
Run Brediction I Manage Data Sets | Pull Data from Simulation I Nat Solved

Figure 2.111 Select tuning activity factor (all global activities)
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I8l

Calib. Control fricterte=y | Initial Value | Lower Bound | Upper Bound | o |

P 0 Overall Cracking Activity
Treating bed = 8560002 | 8 5EDe-002 0.1426

Obj Function Treating bed to Cracking bed ratio [l 1.000=002 | 7.500e003 | 1.260e002
430- Cracking Activity
Treating bed v 1.254 1.254 2083
Treating bed to Cracking bed ratio [l 1.000 0.7500 1.250
430- 950 Cracking Activity
Treating bed = 1.509 1.054 1.756
Treating bed to Cracking bed ratio r 1.000 0.7500 1.250
950+Cracking Activity
Treating bed v 1425 0.9375 1563
Treating bed to Cracking bed ratio [l 1.000 0.7500 1.250
Overai- iy ey A iy |
Treating bed |l 5000e-003 | 3800s003 | E.300e-003
Treating bed to Cracking bed ratio r 1.000e-002 | 7EOOe-003 | 1.250e-002
430- Ring Opening Activity
Treating bed [l 1.000 0.7500 1.250
Treating bed ta Cracking bed ratio r 1.000 0.7500 1.250 L‘
¥ Update Initial Value

i D esign I Feed Data I Operation I Operation Meas I Product Meas.  Calib. Control

Run Calib. | Pre-calib.| DataSet: | Set1 'I Puzh D ata o Simulation I Fieturn to Simulation I
Fun Erediction I Manage Data Sets I Pull D ata from Simulation I Mot Solved

Figure 2.112 Select tuning activity factor (all cracking activities on cracking beds)
Step 20: In some cases, the model’s predictions match most of the plant measurements except for
one or two process variables. We suggest not to run automatic calibration but manually reconcile
the model that allows “creep” moving by small step in each run. For example, the figure below

shows that the model only fails to predict the third bed temperature of first reactor (R1B3).
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JRI=TEY

Analysis Save for Simulation ... | Erpont .. | Lalibration Factors Library .. | Be-initialize |
Calib Summary | —Calibration Factor
Mass Balance Inc\udai tarting alug Final Yalue |Lower BoundUpper Bound| « |
Global A Ly
FeedBlend Reactor 1 - Bed 1 v 02184 | 02134 01768 02347
Product Yields Feactor1-Bed 2 v 0.7927 0.7927 0.6428 1.0A
Reactor 1 -Bed 3 7 1.899 1.859 1.682 2.803
Product Properties || IR oantor 2 - Bed 1 ¥ 1733|123 1153 178 ||
[ Fo-oicon moan = Anin Anin ~Ena [
r~Objective Functiotr
et St - Sigrna FPlant Model Delta Contribution |
Fractionator Temperature Hise
R1B1 Temperature Rise [C] 1.000 1670 1659 -0.1129 | 1.275e-002
Hydtogen Balance. | Jo i T et o ) 1,000 1740 17231 01106 | 1.224a002
‘Worksheet R1E3 Temperaluie Rise [C. 1.000 21.20 19.54 SEE2 | | 27l
[FZB T Temperatie Hize (L] om0 B B2ad | blhzeuz BR3=-003
F2BZ Temperature Rise [C] 1.000 £.800 2957 01988 | 3.873-002
R2B3 Temperature Rise [C] 1.000 10.80 1087 07656 | 2.741e-002
R le/Q h Flows
Reactor 1
Bed 1 [STD_m3/h 7200 | 1.315e+00E | 1.323=+008 393
Bed 2 [STD_m3/h 7200 4740 7855 3116
Bed 3 [STD_m3/h 720.0 | 1.832e+004 | 2.031e+004 1551
Reactor 2
Bed 1 [STD_m3/h 7200 | 1.773e+004 | 1.773e+004 0.0000
Bed 2 [STD_m3/h 720.0 | 1.46Be+004 | 1.371e+004 -953.8
Bed 3 [STD_m3/h 720.0 | 1.5912+004 | 1.6162+004 2452
Purge gas flow - Loop 1 [STD_m3/h] 36.00 137 A505 4732
H2 makeup 1 rate - Loop 1 [STD_m3/h 36.00 | 2.9432+004 | 3.007=+004 E35.9
HZ2 consumption [STD_m3/ma3] 1.000 24391 227.7 -21.37
Product Flow and P i
Naphtha CE-430F Yol Flow [m3¢h] 0.5000 4344 42.84 -0.5527
Diesel 430F-700F Yol Flow [m3/h] 0.5000 3760 36.80 -0.7058
Eottoms 700-1000F Yol Flow [m3/h] 5.000e-002 2693 2B.57 -0.3514
Fiesid 1000F+ YYal Flow [m3/h] 1.000 0.0000 0.7430 0.7430
C1C2 Yield [%] 1.00 [.EE 0493 0.27
C3 vield [%] 1.00 1.04 1.00 -0.04
C4 vield [%] 1.00 248 2.a0 0.45
Sulfur in Bottarn 700+F [ppmiwt] 10,00 11.67 | -7.990=-01z -11.67
Nitrogen in Bottom 700+F [pprowt] 10,00 0.5543 | 1.734e-003 -0.6531
Sulfur in Diesel 430-700F [pprwt] 10.00 19.21 | -7.177e-014 -19.21
Nitragen in Diesel 430-700F [pprwt] 10,00 0.3462 | 2433002 -0.3218
Mitrogen in R1 Effluent [ppmut] 10.00 7.800 9,092 1.252
Naphtha CE-430F Mass Flow [kg/h] B00.0 | 3.3142+004 | 3.2642+004 -455.7 0.9830
Diesel 430F-700F M ass Flow [kg/h] S00.0 | 3.1042+004 | 3.037=+004 6787 1.843
Eottoms 700-1000F M ass Flow [ka/h] B00.0 | 2.25%e+004 | 2.189e+004 -F07.3 2.001
Fiesid 1000F+ Mass Flow [kash] 500.0 0.0000 E39.4 E39.4

Diesign I Feed Data I Operation I (Jperation hMeas. I Froduct Meas. I Calib. Contral Anal_vsisl

Run Caib | Pre-caib. | Data Set: [Set1 *]  PushDatato Simulation | Figtumn to Simulation |
Hun Erediction I Manage Data Sets I Pull Data from Simulation I _

Figure 2.113 Calibration results
Step 21: To manually reconcile the model, assign a new value to the related reaction activity. In
this case, the predicted temperature is lower than plant measurement and we expect a bigger
value of the related reaction reactivity. Thus, we change “global activity reactor 1 bed 3” from
current value (1.899) to 1.91 and click the button of “pre-calib” to run the model with current

values of reaction activities.

113



RI=N
Calib. Control Included Initial Value | Lower Bound | Upper Bound | «|
P b Global Activity _|
Fieactor 1 - Bed 1 v 0.21534 01768 0.2947
0bi Fuction Fizactor 1 -Bed 2 E 0.7%27 06428 1.071
Fieactor 1-Bed 3 v 1.510 1.682 2803
- T jid T 1.053 1.764
Reactor 2 -Bed 2 1= 3819 2584 4.306
Fisactor 2 - Bed 3 ~ 4519 2740 4,567
Dverall HDS Activity
Tieating bed [l 9.760e-002 | 7.320e-002 01220
Treating bed ta Cracking bed ratio [l 0.6336 0.4752 0.7920
430- HDS Activity
Treating bed [l 1.000 0.7500 1.250
Treating bed ta Cracking bed ratio [ 1.000 0.7500 1.250
430- 950 HDS Activity
Treating bed r 0.7581 0.5686 0.9476
Tieating bed to Cracking bed ratio [l 1.000 0.7500 1.250
950+ HDS Activity
Tieating bed C 1.000 0.7500 1.250
Treating bed ta Cracking bed ratio [l 1.000 0.7500 1.250
Overall HDN Activity
Treating bed r 0.2508 01881 03135
Treating bed to Cracking bed ratio [ 0.8342 0.6257 1.043
430- HDN Activity
Treating bed [ 1.217 0.9125 1.521
Tieating bed to Cracking bed ratio C 1.000 0.7500 1.250
950+ HDM Activity
Treating bed [ 1 665 1249 2082
Treating bed ta Cracking bed ratio [l 1.000 0.7500 1.250
Dverall SAT Activity
Tieating bed [l 7.000e-002 | 5.250e-002 | 8.750e-002
Treating bed ta Cracking bed ratio [ 1.035 0.7760 1.293
430- SAT Aclivity
Treating bed [l 1.000 0.7500 1.250
Treating bed ta Cracking bed ratio [ 1.000 0.7500 1.250
430- 950 SAT Activity
Treating bed [ 0.9032 06774 1.129
Tieating bed to Cracking bed ratio [l 1.000 0.7500 1.250
950+ SAT Activity
Tieating bed C 09182 0 EEB7 1.148
Treating bed ta Cracking bed ratio [l 1.000 0.7500 1.250
Overall Cracking Activity
Treating bed [l 8560e-002 | 8.560s-002 0.1426
Treating bed to Cracking bed ratio [ 1.000e-002 | 7.500e-003 | 1.250e-002
430- Cracking Aclivily
Treating bed [ 1.254 1.254 2.083 LI
S o e Py — ENTn Fenn ERCT=r)

[¥ Update Initial Walue

Design I Feed Data I Operation I Operation Meas. I Product Meas.  Calib. Contloll Analysis

Pre-calib.| Data Sat | Set-1 -

Bur Brediction

| Manage Data Sets |

Push Data to Simulation I

Return to Simulation

Pull D ata from Simulation I |

Figure 2.114 Manual calibration

Mot Solved

Step 22: By observing the results, the temperature of R1B3 is closer to plant measurement. To

obtain better result, repeat step 21 until the temperature profile is within the tolerance.

Meanwhile, watch out for all of the other objective process variables — other reaction bed

temperatures and product yields. Repeat steps 16 to 21 if the model’s predictions fails in other

objective process variables during manual calibration.
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l=E
Analysis Save for Simulation | Export | Lalibration Factors Library | Ee-initialize |
Calib Summary | -Calibration Factar
Mass Balance _ Includedstarting Yalug Final Yalue [Lower BoundlJpper Bound |
Global Activity
Feed Blend Reactor 1 - Bed | v 02134 02134 | 01768 02947
Praduct Yields Reactor 1 - Bed 2 ~ 07927 07927 06428 1.0
. Reactor1 -Bed 3 v 1.910 1.510 1.682 2.803
Froduct Propertiss || [Rccior2 Bed 1 i 1,233 1.233 1,069 17681
Reactor oA Ran g B GRS ~Ena EEnT
Objective Functiorr
Hydrogen System e Sigma Flant I odel Delta Contribution
Fractionatar Temperature Rise
F1B1 Temperature Rise [C] 1.000 16.70 1653 01133 | 1.284e-002
Hydrogen Balance || o162 T emperature Rise [C] 1.000 17.40 1725 01110 1.233002
‘Woiksheet IH‘IBB Tem;erature Rise [C] 1.000 21.20) 1964 -1.662 2438
oo B0 E.230 | -7.024e-00z | 4.934e-003
Fi2B2 Temperature Rize [C] 1.000 8.800 8.965 01686 | 2.842e-002
Fi2B3 Temperature Rise [C] 1.000 10.80 10.94 01419 | 2.013e-002
RecyclefQuench Flows
Reactor 1
Bed 1 [STD_m3/h 7200 | 1.315e+00F | 1.323e+005 8393
Bed 2 [STD_m3/h 7200 4740 7855 315
Bed 3 [STD_m3/h 7200 | 1.832e+004 | 2.031e+004 1991
Reactor 2
Bed 1 [STD_m3/h 720.0 | 1.773e+004 | 1.773e+004 0.0000
Bed 2[STD_m3/h 7200 | 1.466e+004 | 1.370e+004 9672
Bed 3[STD_m3/h 720.0 | 1.591e+004 | 1.612e+004 2043
Purge gas flow - Loop 1 [STD_m3#h] 236.00 F13.7 5504 4730
HZ2 makeup 1 rate - Loop 1 [STD_m3/h| 36.00 | 2.943e+004 | 3007e+004 6397
H2 consumption [STD_m3/m3] 1.000 2431 227.8 -21.32
Product Flow and Properties
aphtha CE-430F Yol Flow [m3/h] 0.5000 43.44 4283 -0.6037
Diesel 430F-F00F Val Flaw [m34h] 0.5000 37.50 36.80 -0.6932
Bottoms 700-1000F Yol Flow [m3/h] 5.000e-002 26.93 2658 -0.3442
Fiesid 1000F+ Yol Flow [m3/h] 1.000 0.0000 0.7432 07432
C1CE Yield [%] 1.00 0.66 043 n.z7
C3 Yield [%] 1.00 1.04 1.00 0.04
C4 ield [%] 1.00 246 240 0.45
Sulfur in Battom 700+F [ppmust] 10.00 11.67 | -6.607e-012 -11.67
Nitragen in Baottom 700+F [pprowt] 10.00 0.5543 | 1.688=-003 -0.5532
Sulfur in Diesel 430-700F [pprawt] 10.00 19.21 | -7.105e-014 -19.21
Nitrogen in Diesel 430-700F [ppmwt] 10.00 0.3462 | 2.36Be-002 -0.3225
Nitragen in A Effluent [pprowt] 10.00 7.800 8.827 1.027
Naphtha C5-430F kass Flow [kash] 500.0 | 3.314e+004 | 3 263e+004 5048 1.018
Diegel 430F-FOOF M ass Flow [ka’h] 500.0 | 3.104e+004 | 3037e+004 £735 1.814
Battorns 700-1000F Mass Flow [kash] 500.0 | 2.269e+004 | 2.189e+004 0.3 1.967
Fiesid 1000F+ Mass Flow [kgh] 500.0 0.0000 B335 B335

Design I Feed Data IDDeratlom I Dperation Meas. I Product Meas. I Calib. Control Analysisl

Run Cali |

Data Set: I Set

Push Data to Simulation I

Return ta Simulation

Figure 2.115 Calibration results after manual calibration

Step 23: The following shows the calibration results in this workshop.
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Analysis Save for Simulation ... | Expaort ... | LCalibration Factors Library .. | BRe-initialize: |
Calib Summary LCalibration Factor
Mass Balance _ Includedstarting Yalue Final Yalus Lower BoundUpper Bound| |
Global Activity
Feed Blend Reactor 1 - Bed 1 v 02194 | 02194 | 01768 02947
Product Yields Feactor 1 - Bed 2 v 07327 0.7927 0.6428 1.071
Reactor 1-Bed 3 ~ 2.000 2074 1.682 2.802
Product Propetties || [poccier 2 - Bed v 1233|1233 1.053 1764 |
[lezelan Fo-oion moan = L EXEn) ~Ena [ELR
Hyd Syst r-Objective Functior
#IRgEn aystem S et i et 1L e el S teg C 0 LIt
Fractionator Temperature Rise
RA1B1 Temperature Rise [C] 1.000 16.70 16.58 01175 | §1.381e-002
Hydiogen Balance I o e o rerature Fise [0 1.000 17.40 17.28 01152 | |1.328-002
"worksheet R1B3 Temperature Rise [C] 1.000 21.20 2110 01033 | |1.067e-002
R2E1 Temperature Rise [C] 1.000 £.300 E.075 -0.2251 | §5.063e-002
R2B2 Temperature Rise [C] 1.000 8.800 8571 -0.2286 | §5.227e-002
R2B3 Temperature Rise [C] 1.000 10.80 10.59 -0.2108 | §4.442e-002
1 Reactor 1
Bed 1 [STD_m3/h 7200 | 1.315e+00F | 1.3235+008 8393
Bed 2 [STD_m3/h: 7200 4740 7851 31
Bed 3[STD_m3/h 7200 | 1.832e+004 | 2.0315+004 1987
Reactor 2
Bed T [STD_m3/h 7200 | 1.773e+004 | 1.773s+004 0.0000
Bed 2 [STD_m3/h 7200 | 1.466e+004 | 1.348=+004 -1180
Bed 3[STD_m3/h 7200 | 1.591e+004 | 1.5545+004 3703
Purge gas flow - Loop 1 [STD_m3/h] 36.00 7137 5477 4764
H2 makeup 1 rate - Loop 1 [STD_m3/h 36.00 | 2.943e+004 | 3.0125+004 £91.0
H2 conzumption [STD_m3/m3] 1.000 24391 2285 -20.59
Product Flow and Properties
Naphtha CE-430F Yol Flow [m3¢h] 0.5000 4344 42,65 -0.7888
Diezel 430F-700F Yol Flow [m3/h] 0.5000 37.50 36.90 -0.5561
Eottoms #00-1000F Vol Flow [m3/h] 5.000e-002 2693 26.71 02198
Fiesid 1000F+ Yol Flow [m3/h] 1.000 0.0000 0.7466 0.74EE
C1C2 Yield [%] 1.00 0.EE 0.8z 0.27
C3 Vield [%] 1.00 1.04 1.00 -0.04
C4 Yield [%] 1.00 248 284 0.44
Sulfur in Bottom 700+F [ppmwt] 10.00 1167 | -7.892e-Mz -11.67
Nitragen in Bottom 700+F [ppmwt] 10.00 05543 | 1.125e-003 -0.5537
Sulfur in Diesel 430-700F [pprmet] 10.00 1921 | -6.241e-014 -19.21
Mitragen in Diesel 430-700F [ppmsst] 10.00 03462 | 1.580e-002 -0,3304
| [Niconep o L E fuznl o] 1000 BN Seb
Maphtha CE-430F Mass Flow [ka/h] G000 | 3.314e+004 | 3 2485+004 -B5E.0 1.7
Diesel 430F-700F Maszs Flow [kg/h] 500.0 | 3.104e+004 | 3.045e+004 -590.1 1.393
Eottoms 700-1000F Mass Flow [kg/h] G000 | 2.255e+004 | 2 200s+004 -B57.0 1.426
LNk Wl U e S puisien ) oo e i

D esign I Feed Data I Operation I Operation Meas. I Product Meas. I Calib. Control  Analysis

Run Calib. | Pre-calib, | Data Set: | Set-1 'l Push Data to Simulation I Return to Simulation |
Bur Brediction I Manage Data Sets I Pull Data from Simulation I _

Figure 2.116 Calibration results of this workshop
Step 24: After completing model calibration, click the button of “push data to simulation” to

export the updated reaction activities into the HCR simulation environment.
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=10l x]
Analysis Save for Simulation .. | Expart ... | LCalibration Factars Libram ... | HRe-nitialize: |
Calib Summary | —Calibration Factor:
s Bl _ Includeitarting “aluq Final Yalue Lower Bound|Upper Bound |
Global Activity
Feed Blend Reactor 1 - Bed 1 v 02154 | 02194 01768 0.2347
Praduct Tields Reactor 1 - Bed 2 v 07927 0.7927 0.6428 1.0
Froduct P Feactor1-Bed 3 v 2000 2074 1.682 2.803
roduct Propetties || IR ezcror2 - Bad 1 4 1233 1233 1.059 7B |
Fizssian [ A noan — A B A Ena Ao
rObijective Function:
e SRt Sigma Plant Model Delts Contributio -
Fractionator F1B3 Temperature Rise [C 1.000 21.20 2110 -0.1033 | 1.067e-00
F2E1 Temperature Rise [C 1.000 £.300 E.075 0.2251 | B.06%e-00
Hyd Bal
WAIRGENBEENEE || [RPH2 Temperature iise [C 1.000 5800 B57 | 10.0785 | 5277500
Workshest FiZE3 T emperature Rise [C 1.000 10.80 1059 02108 | 4.442e-00)
Recycle/Quench Flows
Reactor 1
Bed 1 [STD_m3/h] 7200 | 1.315e+00E | 1.323e+00% 353 -
Bl e = Ll_l
_ Desigh I Feed Data I Operation I Operation Meas. I Product Meas. I Calib. Control Anal_vsisl
Fiun Calib. | Pre-calib.| Data Set: I Set1 LI I Puzh Data ta Simulation Fieturn ko Simulation |
Fun Brediction | Manage Data Sets | Pull Data from Simulation _

Figure 2.117 Export calibrated activity factors and results into simulation

2.12 Workshop 3 — Simulation Experiment.

One of HCR model’s applications is used to investigate different operating scenarios and help
answering what-if question by running simulation experiments. This workshop demonstrates
how to use the developed Aspen RefSYS HCR model to investigate the effect of WART of HCR
reactor and feed flow rate on product distribution. In real operation, the only way to tune WART
is to change inlet temperature of reaction bed. In this workshop, we will change inlet
temperatures of the three HCR beds at the same time to perform case study.

Step 1: Hold the model to avoid automatic calculation while defining variables for simulation

experiment.

File Edit Simulation Flowshest HCR  Tools  Window Help

JrH | Cmak|=c ©/ge|d

Figure 2.118 Deactivation button
Step 2: We need to add a “spreadsheet” in Aspen HYSY'S to make tuning three inlet temperatures

possible. Click “flowsheet” = “add operation” or click “F12”. And then, choose spreadsheet to
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add.

I'Fie Edt Simulation | Flowshest HCR PFD Tools Window Help

J@H‘@l Add_peratlun Fd W|A

[Bs Simulation Havigator
Notes Manager kG

Optimization Objacts...

| Reaction Package. ..
Fluid Package/Dynamics Model...
Dynamic Initialization. ..

Flowsheet User Yariables.. .

UnitOps - HCR-100 (HCR-100) =101 x|

rCategoies | Awailsble Unit Operations—— —
All Unit Ops Adiuist =]

HCR Reactar
Vi Petroleurn Distillation Cancel |
Heat Transfer Equipment

Fiotating E quipment
Piping Equipment T
Solids Handling
Reactors

Frebuilt Columns
Shart Cut Calurins
Sub-Flowshests
Logicals

Extensions

Uszer Ops

Electiolyte Equipment
Refinery Dps:
Upstream Ops

o lio i Nio T lie e Jie Jie Nie e i Tie Tie Tie 2O

Figure 2.119 Add spreadsheet in Aspen HYSY'S

Step 3: Open the spreadsheet tab and input current values of the three HCR beds’ inlet

temperatures.
r~Current Celt
= T emperatur
1] .
oo FP—— A Wariable lvpe.l ;I Esportable =
Feeds Bed 1 | [ B5  Variabe:| Erlesin |
Specifications Inlet Temperature [C] 3605 I
R o Gas L Outlet Temperature [C] 72z 3774 I
CEVEIE BaS O0P | | [y aBT [T 33 3753
Catalpst Deactivatio| | |Bed 2 B [ 1] E
Inlet Temperature [C] 365.3 7.2 [E:] TN
Solver Options
i Dullel Tempeiature [C] 3827 376.0 3 heg2 367.2
Solver Consale WART [C] 3769 71 RzB3 3647
EO Yariables Bed 3 T
Inlet Temperature [C] 3E6T7 3647 5
Outlet Temperature [C] 3B6.9 375.5 6
WART [C] 3798 g = 7
8
Properties/Conversiorr E]
Mitrogen in A1 Liquid Product [ponmwt] | 2397 | 1w
Conversion, wt [%] TTEE |
Design I FeedData Dpelationl Results ]
]| i

Dt | [ T
Connections IParamelers IFolmuIas Spreadsheet | Calculation Order I User Yariables lsr

_ Do | fancton ek, | Seatihee Tk I e

Figure 2.120 Export reactor temperature into spreadsheet

Step 4: Add a cell called “temp increment” which will be used as an operator to allow for a step

change of inlet temperature during the simulation experiment.
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i SPRDSHT-1

~Current Celt
“ariable Type: I ;I Ezportable ¥
B4 “ariable: I Sngles i
A E C 1] H
1 R2E1 3711
2 R2B2 367.2
3
4 Increment 0.0000
g
B
7
g
g
10
N

Connections IParametars I Farmulas Spleadsheetl Calculation Order I Uzer Variables INDtes

Dielete | Function Help... | Spreadsheet Only... |

Figure 2.121 Add an increment factor to enable step change
Step 5: Input current value of feed mass flow rate and add a cell called “feed increment” which

will be used as an operator to allow step change of feed flow rate during simulation experiment.

: (-Fesed Conditon:  Cunent Cel
Operation
Feed Fecg | Velme Flow] Mass Flow | Temperalure| Fressure Variable Tupe: | | Exponable I
eeds [ n [ kPa] )
Specilications Foed1 | 1012534 52171.0 3500 3 Ez Varsble | srfesi |
Recycke Gas Loop ! [
Catalpst Deactivatio & B T D E
Solver Dptions || T0tal Feed 1 FZE1 3711 Feed Mass Flow 52172004
Reactor 1 Reactor 2 2 R2B2 367.2 Feed Increment 00000
Sakver Conscle Fresh Fesd Volums [mazh 1073 00 3 283 364.7
EO Warisbles Fresh Feed Mass [ka/hl 921710 0o 4 Temp Increment 0.0000
Total Feed Volume [mazh] 1073 i} 5
Total Feed Mass [kah] 21710 0o 6
Total Feed Preheat Duty [ki/h] 0.0000 00000 7
Total Feed Pressure [kPal 1013 1013 g
Total Feed Temperature [C] 7500 2500 g
Gas to Oil Ratio [STD_ma/ma] 7298 10
Buench Flow to Bed 1 [STO_m3|  1.323e+005 | 1.773e+004
Design | Feedata _ Operation [ Rewls |

Dot | I /1]

Connections | Parameters | Formulss_ Spreadsheet | Calculstion Drder | Lser Varisbles | Notes
— Delce | kb | Pl T |
— —

Figure 2.122 Export feed flow into spreadsheet

Step 6: Add equations to cell C1, C2, C3, and F1 to calculate the new process variables (inlet
temperature of HCR bed and feed mass flow rate) while running the case study. C1: B1+B4, C2:

B2+B4, C3: B3+B4, F1: EI+E2.
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i SPRDSHT-1

- Current Cell
Variable Type: | x| Espoitable ~
[5] mehb1 Angles in: |
A B = T D E
1 FZE1 371.1) [-B1+B4 I “sed Mass Flow 921 7e+004
R2E2 3672 Feed Increment 0.0000
R283 364.7
Temp Increment 0.0000
B
7
8
3
10
ET|
Connections | | Fomulas_ s [ Calculation Order | User Wariables | Notes

Figure 2.123 Add equations to allow the three reactor temperatures to be tuned at once
Step 7: After inputting the equations, the cells show “empty” because values of the cells are not

exported yet.

i SPROSHT-1
[Current Cel
Variable Type: | | Esportable ~
F1 ‘Yariable: Angles i [Fad =
[-E1:E2
A B C (5] E 1 13
1 R2B1 A <empty Feed Mass Flaw 9.217e+004 < Empi
2 R2B2 367.2 <emptyy Feed Increment 0.0000 —
3 R2B3 3647 Lempy>
4 Temp Increment 0.0000
5
B
7
8
El
10
TR

Connections I Parameters IFolmu\as Spreadsheet | Calculation Order I User Variables INoles]

Delete | Function Help... I Spreadshest Only... |

Figure 2.124 Cells are empty until exporting the results

Step 8: Right-click on cell C1 and click “export formula result”.
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—Current Celt

Warable Tppe: I LI Ezpartable v
Cl “ariable: I Angles in: Fad -
[=E1+54
A E [ [ | D E F
1 FZB1 . . Feed Mass Flow 9.217e+004 < Emmphy
2 RaEz Ve heseciziec Obect [ remer 0.0000
) RZB3 Import Yariable
4 Temp hcrement E' Expott Formula Result
g Discannect ImportExpart
7
2
]
10
K|

Caonnections I Parameters I Formulas Spleadsheell LCalculation Order I User Yariables INotes]

Figure 2.125 Export formula results

Step 9: Select the inlet temperature of R2B1 to export the calculated temperature.

Select Export for cell ]
Flowsheet Object Wariahle Variable Specifics oK. |
i I Hydrogen Makeup StreanJ

ry

- Hydrogen Makeup Strean o Al
Hydrogen Purge Fraction st
Initial D eactivation Const, Eams
Intial Point " UnitOps

it i " Logicals

FIET T emperatire tore Specific ; gh:'t'es 5
K Factor Bazed on D2887 oumn-ps
Kinetic Lurmps i~ Custom
LHSY Bed 3
Ling Search Algarithn Cuistom. . |
Line Search Step Control
Line Search Step Contral

b aximum [terations
kdman Ol R Cmmm Tomrme

W ariable Description Ilnlet Temperature [Feactor 2-Bed 1) LCancel |

-

Figure 2.126 Select the variables to export formula results
Step 10: Repeat steps 8 and 9 to export calculated temperatures and feed mass flow rate to R1B2,

R2B3 and feed mass flow.
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~Current Celt

Exported To: Reactor Section Ezportable I~
[ A Watiable: Feed Mass Flow (Feed-1) anglesie | Rad ¥
|=e'| +e2
A B C i} E F
1 R2B1 37 1AL Feed hass Flow 9.217e+004 (| 9.217e+004 koth
2 RzB2 367.2 36720 Feed Increment 0.0000
3 R2B3 64T 3647 C
4 Temp Increment 0.0000
5
[
7
8
3
10
o

Connections I Parameters I Formnulas Spleadsheell Calculation Order I Lzer Yariables INntas]

Delete | Function Help... |

Spreadshest Only..

Figure 2.127 Exported formula results in spreadsheet

Step 11: Add a new “databook™

T =
File Edit Simulation Flowshest HCR | Tools Window Help

EEFIEETY N

Design Name

Workbooks...  Ctrl+W

QiprDs... CHl+P
Summaries. ..
‘T Ukilities Chek+L

Reports Crl+R

Nurnber of HP!

=

Design | F

pase | I

Configuration Basis Configun
[r— Number of Het% Databook D

Face Plates Cirl+F
DCs

& Dynamics AssistanCerh+V

. Cankral Manager
Dynamic Profiling Todl...
Snapshot Manager. ..
Scripk Manager,

Macro Language Editor. ..

ﬁ Case Security..

EchoID...
Number of Reac _

Aspen Ioarus

Carrelation Manager...

Process Utility Manager. .

Case Collaboration. ..
Yariable Publishing. .,

Preferences. ..

i+
— JRT=E
I

LConfiguration wizard.

]

3

[~ lgnored ~ EO Variables

Figure 2.128 New databook

Step 12: Insert B4 and E2 into the databook from the spreadsheet.
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R i
~Myvailable Data Entri Flowsheet Object ariable Yariable Specifics oK.

Object Wariable

Egit
-z
Delete

Navigator Scope——
(¥ Flowsheet o
" Case o
" Basis C3
St soending Uty B;
E1
F? j

Ingert Object And Variable Groups... | Insext Object And Variable Pairs |

B4

Wariable Description:

Lancel

=
Variables | Process Data Tables I Strip Charts I Data Recorder I Case Studies |

Figure 2.129 Insert the cells of spreadsheet into databook

Step 13: Insert WART of reactor 2 (HCR reactor) and feed mass flow.

—Ayailable Data Entri

= [=]

Object Wariable

SPRDSHT-1 B4: Exdit |
SPRDSHT-1 E2: —
HCR-100 WART [Reactor 2]

HCR-100 Feed Mass Flow [Feed-1

Delete

Sort Azcending

Inzert Object And W ariable Pairs... I

Insert Object And Yariable Groups.. |

—
Valiahle:l Process D ata Tables I Strip Charts I Data Recorder I Case Studies |

Figure 2.130 Insert process variables into databook

Step 14: Insert mass yields of naphtha, diesel and bottom.

-ioix]
—#wailable Data Enri
Object Variable
SPRDSHT-1 B4 Edit
SPRDSHTA E2 —
HCR-100 “WwhAT [Reactor 2) ot I
HCE-100 Feed hass Flow [Feed 1] ===
15l
Flowsheet Object Wariable Wariable Specifics oK
Case M ain| HPS Lig Total/Basic Nitrogen \’d C3
SPROSHT-1 Total/Basic Nitrogen c4 Add
FLOW-1 [TPL1) User Yariables e —
Yariable Scaling Para Dbiect Fiker—
Viscosity, o5t @ 2101 Diesel 430-700F e Al
Yiscosity, 5t @ 210 Battoms 700-100C
“Wiscosity, cSH@210 F oo rr: Stueams
Inzent Object And Variable Gro . Viscosity, cSHE210 F Tbal - U““_DDS
—_— | Navigator Scop: Wiscosity, SUS@210 | tore Specific = Logical:
- WVolume Flow 7~ Columnd
= 9 b wiBT Mass Flow B B
Variables |_Process Dala Tables | ¢ Case WAET 2t EOC Valume e
" Basis WABT at Now Cust
"o Vinare [Eem |
WART
=
Yariable Description: IYlslds, Standard Cut Products (Maphtha CE-430F \weight %] Lancel

Figure

2.131 Insert product yields into databook
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+#% DataBook

Awailable Data Entri

Reactar Section
Reactor Section
Reactor Section

Inzert Object And Vanable Groups...

Object Wariable
SPRDSHT-1 B4:

SPROSHT- E2:

HCR-100 WART [Reactor 2]

[Eeei:1l

*Yields, Standard Cut Products [Maphtha C6-430F W eight
‘Yields, Standard Cut Products (Diessl 430-700F W/ eight %)
‘r'ields, Standard Cut Products (Battoms 700-1000F-Weight

Soit dzcending

Insert Object And Wariable Pairs... |

_
Valiablesl Frocess Data Tables I Strip Charts I D ata Recorder I Case Studies |

Figure 2.132 Variables in databook

hvailable Case Studies——————————————

Step 15: Go to “case studies” tab and add a new case study.

=loix|
Case Studies D ata Selection
I Add Current Caze Study I
Object Wariable d | Dep

[relet

[ pee | SPRDSHT B4:

e, | SPROSHT-1 E2:

— HCR-100 @ka WART [Reactor 2]

HCR-100 @Ma Feed Mass Flow [Feed-1]

hvailable Displays—————————————————
) Tiable

| Tiranspose Table Besults... |

) Graph

Reactor Sectior

‘ields, Standard Cut Products

Reactor Sectior

‘ields, Standard Cut Products

Reactor Sectior

‘ields, Standard Cut Products

‘Y ariables I Process Data Tables I Strip Charts I Data Aecorder  Case Studies

Figure 2.133 Add a case study

as dependent variables.

4 DataBook

Available Case Sludles—

Delete

Vlew
Availsble Displays

= Table
(" Transpose Table Hesults...
% Graph

Step 16: Define B4 and E2 as independent variables because they are operators to change WART

and feed mass flow while running case study. On the other hand, define all of the other variables

_(olx]
~Case Studies Data Selection
Current Case Study ICase Study 1
Object Wariable d | Deg
SPROSHT-1 B4)| ¥ | [T
SPROSHT-1 E2f| ¥ | T
HCR-100 sl ‘WART [Reactor 2 v
HCR-100 (a4 a Feed Mass Flow [Feed-1)| T | ¥
Fieactar Sectior | Yields, Standard Cut Products| 7 |
Reactor Sectiot | Yields, Standard Cut Products v
Rieactor Sectior | Yields, Standard Cut Products)| ™ [ v

ariahles I Process Data Tables I Stiip Charts I Data Recorder  Case Studies

124

Figure 2.134 Define independent and dependent variables in case study



Step 17: Click “view” to open a new window to assign lower and upper bounds that allows
WART and feed mass flow to change during running the simulation experiment. Next, click
“start” to run the case study.

#% DataBook _ O] x|
—Awvailable Case Studie: —Case Studies Data Selection
Add Curent Case Study ICase Study 1 ‘

o _| -I0lx]
i { Case Studies

I IEase Study 1 Mumber of States I?E

[~ Step Downward State Input Tupe I Nested 'I

—Avallable Displays——————————————— Warable Low Bound High Eound Step Size §I
! Tiable B4 -7.000 7.000 1.001
€ Transpose Table Eesults... | EZ -2.500e+004 2.500e+004 1.200=+004
% Graph

—
Independent Yariables Setup | Dizplay Properties I Failed States ]

" Variables I Process Data Tables I Stri

Add | Delete | Besults... |
|

Figure 2.135 Define lower and upper bounds of independent variables

Step 18: Click “results” to check the results of case studies.

a1
rhvalable Case Studies——— Lase Studies Data Selecti
Add Cument Case Shudy Case Study 1
View. Shat B & WART (Reactor 2) zed Mass Flow [Feed-Lt Products [Maphtha fut Products [Diesel 43t Products (Battoms 7| ﬂ
= : : o] ket [ i B I
] State 1 -7.000 -2 Be+004 A1 £.717e+004 3013 u 20
State 2 -7.000 -1.300e+004 A2 7.917e+004 kil M 2862
rhvalable Displays—————————— State 3 -7.000 -1000 352 9.117e+004 802 4.8 208
" Table State 4 -7.000 1.100e+004 A2 1.032e+008 2004 3463 il
(v Transpose Table | Resuls. State -7.000 2.300e+004 381 1.152e+008 2.5 419 BA7
" Giaph State 6 000 -2 B0le+004 3663 £.717e+004 3640 56 235
State 7 000 -1.300e+004 3663 7.917e+004 3251 345 251
State @ 000 -1000 3663 9.117e+004 291 478 052
State d 000 1.100e+004 3663 1.032e+008 2608 3469 B2
State 10 A000 2.300e-+004 366.2 1.152e+005 2330 435 43
— State 11 000 -2 B0e+004 ¥78 £.717e+004 ki 3360 FERM
Variables I Process Data Tables I Sti =

Case Study 1

_ Delete " Table ¢ Graph & Transpose Table Rehumber | £

Figure 2.136 The results of case study

2.13 Workshop 4 — Connect Reactor Model to Fractionator Simulation.
This workshop demonstrates how to delump the effluent of HCR reactor model and build

fractionator simulation.
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Step 1: Open the developed HCR reactor model in Aspen HYSYS

File Edit Simulation Flowsheet PFD Tools  Window  Help

J' e L4 i
il Cpen Case. .. Chrl+0
H Save Chrl+5 Template. ..
Save As... Chrl+Shife+5 ﬁ Column...
ﬁ Save All... i,',' Reformet. ..
Close Case ctri+a | 6
Close All... @ Ecc...
5 prink... Petroleun Distilation. ..
Prink Window Snapshot Cutfropyjpaste. .
D Prinker Setup 4
Exit Alt-F4

Figure 2.137 Open HCR model in Aspen HYSY'S environment

Step 2: Type “HPS Liqg HCR” to export stream results of HCR reactor model to HYSYS

environment.
(ol x|
Design Hydrogen Makeup
HZ Makeup 1 << Stream »: Tranzition

HP'S Lig HCR

Connections HZ2 Makeup 2 << Shieam 3
Calibration Factars

Motes

Mame

[HeR-100 U

Sir]gle-IStage
Hydrocracker

Feed Type Librany...

Feeds
Internal External Feed Type Recycle Gas Purge
Feed1 | << Stream »: herfeed_lv H2 Purge << Stream >
= Mew ** | ¢ Stream »: <Lemply>
K1 o

Designl Reactor Section I Fractiohatar IHesuIts]

Delete | HCR Environmert... | T I lgnared E0 Yariables |

Figure 2.138 Export HCR model result into Aspen HYSY'S environment

Step 3: Right-click to open the tool bar to import “trans.hfl” that is included in the CD-ROM.
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Mode L4
Select Objects. ..

Reveal Hidden Objects. ..
Choose Label Variable

[Move Tio Owner Flowshest

Combine Into Sub-Flowsheet

Dynamic Initiglization ¥

e Paste Qbjects Fram File (Irmport), .

Insert Object... Copy Objects ko File (Export)...
Clone Selected Objects

"% Cut Selected Objects Chrl+,

Copy Pane To Clipboard ¥

&2 Print PED = Copy Selected Objects  Chrl+C
IRET2 S [} Paste Objects Ctrl+y

Print PFL To File L4

Add workbook Table

|. Trans, bfl

Figure 2.139 Insert the template to read stream results
Step 4: Double-click the icon of “trans” and select “HPS Liq HCR” in external stream cell. Next,

click the button of “sub-flowsheet environment” to enter the sub-flowsheet.

i

HCR-100 Ha. Trans
S

Hame ITrans Tag ITF'L1

Inlet Connections ta Sub-Flowsheet

Internal Stream External Stream 1
HPS Lig HCR |
*New | [HF5 Lig HCR [

—Outlet Connections to Sub-Flowshest

Internal Stream External Stream 1
Maphtha <empys
Diieszel <emphys
B+R < emphys
HFS Lig Light <empys
== Beyy = <empys

= Conneclionsl Parameters I Transfer Basiz I Transition I W ariables INotes ]_oc:k ]_

Delete | I Sub-Flowzheet Environment. .. I |

Figure 2.140 Flowsheet after inserting the template mentioned above
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Step 5: Open delump.xls in the CD-ROM

1] Micrescht Excel - Debump
Pa) ple it Yiew Juet Formet ook Dets Window Help  AdokePOF

Pl 3 il 3 VR A DA a0 BT -8 L1 R s T i .12 =B 7O
D3 - & 0
Lo | 8 | L ] B ] ¥ | 8 L M | S T | e e b L
— Cony & paste Ch+
[ RefSYS Order | lfommpsom

! = P

2| Muass Brnz Vol Bz Defanls STD Sw% Nwl
3 om0 000

a| 00000 00000

s 00000 00000

il 00000 00000

| 00000 00000

| 00000 00000

| 00000 00000

"W 00000  0.0000

| 00000 00000

12 00000 00000

13 00000  0.0000

1 00000 00000

15| 0636 00778 0.00 000
18] 00026 00049 000 000
| 00026 00026 0.00 000
| 0097 001l 0.00 000
) 00054 000%5 000 000
£ 00035 OO0 000 ]
P 00000 0.0000 3817 0.00
- 00000 00000 0.00 19.69
| 00708 00792 0.00 000

Figure 2.141 Delumping spreadsheet

Step 6: Double-click “HPS Liq Heavy” stream to open stream compositions.

Il x

Worksheet T Mass Fra ISU”DUDU ;I
- Conditions ﬁgﬂ 000000 J
- Properties Hydrogen 000000
on Amrmoniza 000000
Methane 000000
- User Yariables 5:2:2:5 gggggg 100
- Notes n-Butane 000000
- Cost P, iButane 000000 | ~| —
LI i
Total I‘I.EIEIEIEIU
Edit... | Edit Properties... | Basjs... |
Estend Stream Functionality | —
HPS
Llg
—
Worksheet | Attachments | Dynamics Heavy

Delete | Define fram Other Stream. I L] L 3

Figure 2.142 Stream property of C6+ of HCR reactor effluent
Step 7: Copy stream composition (mass fraction and liquid volume fraction) into delump.xls as

follows:
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a ] B I c o T & 7 F I
— " "
Copy & paste C6+
=lBix RefSTS Order o 78 ot
Worksheet _ I 3z Fraction; B P
- Nitrogen 000000 J 1
;- Conditions H25 000000 |2 | [Heme EP(C) | MowFre VolFre Dbfalt@ID
Hydragen 000000 B Nitozen 1958 00000 00000
Ammonia .000000 la] HIS 597 00000 00000
K vale Methane 000000 5 Hydrogen 2526 | 00000 00000
Ethane 000000 1
User Yariables Propane 000000 \L Ammonia =333 0.0000 0.0000
Motes Batane 000000 < Methans -161 5 00000 00000
Cogt P -Butane nooon0 i | i\ Ethane -BBe 0.0000 0.0000
EiN| s o] 421 00000 00000
[10] n-Butsns 05 00000 00000
Total |1 00000 11 i Btz 117 00000 00000
[12] n-Pentans 00000 00000
Edi. | EdtPopeties.. | Bask. | EE1 Fentme EL
L 14 22 Mpropane 95 00000 00000
Extend Stream Functionality I [ 15 | CEP+ 60.3 00636 00778 6588
15 o+ B 00046 00040 | 7536
[17] oAt 801 00029 00026 | 8845
= 1 b 842 00097 00t | 7005
Mw [1a | 7 B 00054 00056 | 7740
. | = e 524 noms - nmea (eI
[21] L THY 1009 00000 00000 10613
Delete I Diefine from Other Stream.. I L = 1221 LENIT* 1106 00000 0.0000 217
[23] Cop* 1156 0005 00792 | 7193

Figure 2.143 Copy stream properties into delumping spreadsheet
Step 8: Click “properties” to open the spreadsheet which includes the required properties

extracted from HCR reactor model for delumping.

HPS
Lig
Light
bl:l_F‘S
i a
fadn #-100
Maphtha
—
—
Diesel

Llg

-b—)-DQ—
HPS HPS {_._
H WLW-100 LigH BTM
10 ™
I

eavy

— -
4 B+R
Properties MECA D
Resid
Properties =10l =
Curent Cel
Epoitatle I
A1 Variable Anles i
A B C ] E A

1 |IHFS LigHeav Flo | 8721e+004kash | 6.721+004 koth I
2 HPS Temp 4340C 4340C
3 HPS Pressue | 1.1192+004 kPa | 1.116e+004 kP
4 | HFS LigHeavp Vel 108.2 m3/h
5

[5 BP M i Hass Flow
7 Haphtha 071 C 17.3 07653 | 3.457e+004 kath
a Diesel Z306C 2323 08340 | 253824004 koth
] B+A 3|37C 3268 08428 | 222204004 kgth
10 HPS Lig Heavy 1748 0.8075
11 LI

Connections | Parameters | Fomulas Spreadsheet

Caloulation Order | Ulser Varisbles | Notes |

Delete |

FunctionHelp.. |

Sprsadsheet Only

i

Figure 2.144 Property template includes stream results from reactor model

Step 9: Copy required properties and conditions (BP, MW, SG and Mass flow) from “properties”
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to “delump.xls” as following:

=101
Curent Celt
Expoitatle [
[ 8 Meisble [ ndesin
|
A E C i] E |
1 _IHPS LigHeavy Fla | 8721e+004 kath | B.721=+004 koth J
2 HP'S Temp 4340C 43.40C
3 HPS Pressure 1.118e+004 kPa 1.118e+004 kPa
4 HPS Lig Heawy Yol 108.2 mdsh
E
E BF [ 5G Mass Flow
7 Maphtha 1011 c 1173 07653 3.467e+004 kosh
8 Diesel 20806C 2223 0.8340 2.9982+004 ka/h
£l B+R 3W\ITC 328 03429 2.222e+004 ka/h
10 HPS Liq Heawy 1748 0.8075
E3] =
Connections | Parameters | Fomulas  Spreadsheet VIM User Variables
Delete I Function Help... | Spregdghest Only... ml i‘i"m‘;;\:g
< | D E F 1 G / l ! | |
ol (RefSYS) BP 0.0000 381
0.0000 361 01021 268 SG ava (rx model) W g (r model)
00778 603 o Fui
00823 TE 0993129 007614 0003438 73
00854 801 -0.963872 0040601 0018014 452
0.0965 84.2 -0.912234 00E2672 0043583 58.2
01021 866 0833117 0083277 0080442 762
04053 895 -0.746332 0101930 0126534 953
01053 1008 0636054 0118195 0181973 1235
04053 1106 -0.510867 01316839 0.244566 1810
01845 156 0373708 0142098 0313147 1799
01979 1194 0227788 0149173 0338107 2099
0.2078 1223 -0.076527 0152753 0461737 2442
02073 1299 0078527 0152753 0535263 2861
02154 1384 0227788 0149173 0613393 3003
02254 1433 0373706 0142086 0686853 3225
0.2353 150.8 0.5340 0510867 0131689 0755434 3414
02496 156.7 0.6425 0636054 0118195 0818027 3631
0.2495 165.0 0745332 0101930 0ETHES 3802
02563 1652 0839117 0083277 0919558 4201
02727 1670 0912234 0082672 0958117 4478
0.2871 174.2 0963972 0040601 0951986 489.5
03152 1873 0333128 007614 0336564 4825
03303 1874
0.3581 1958
03736 1959 Mame NEF (T [ STD Rho
03623 074 a7 78 735 6292

Figure 2.145 Copy essential stream properties into delumping spreadsheet
Step 10: The cells with purple represent the calculated properties of pseudo-components and

corresponding composition to represent HCR reactor effluent.

Mame MEP () [0 STD Rho Tc (T Po(kPa) Yo Omegs  mol frac
37 378 735 5292 2011 3305.5 0.3343 02251 0.01635
45 452 785 47 6 2128 F346.0 0.3371 0.2301 0.0364
55 55.2 550 E75.0 232.3 3387.0 0.3437 0.2351 0.0526
7E 762 100.5 60 2584 F3866 0.3560 0.2446 0.0646
95 95.3 11324 Ta6 6 2539 F344.3 0.37549 0.2601 0.0727

123 1235 1311 7921 3206 315899 0.4075 0.2845 0.0776
151 131.0 14589 8153 3509 29185 0.4557 0.3224 0.0300
179 17949 160.1 8267 3787 25872 0.5210 0.3725 0.0797
208 20949 1753 8296 4047 2247 5 0.6037 0.4352 0.0767
244 2442 1953 8284 4325 19122 0.7125 0.5171 0.0704
286 2861 2272 837 466.4 1611.7 0.8520 0.6221 0.0605
309 3093 2452 8324 4855 14520 0.9319 0.6825 0.0545
322 3225 2609 8370 496.0 14137 0.9796 0.7195 0.0495
34 341 .4 2800 8386 2108 1321.0 1.05149 0.7760 0.0429
363 3631 3034 5395 5273 1221.9 11408 0.5472 0.0355
390 3902 334 .4 5393 5471 1105.9 1.2605 0.9467 0.0275
420 4201 3714 837 .2 S65.0 995 6 1.4062 1.0745 0.0204
447 447 G 407 8 8336 S66.2 900.5 1.5547 1.2153 0.0139
469 469.5 4352 G296 599.9 317 1.6515 1.3456 0.0054
452 4525 4570 G267 6077 7926 1.7630 1.4346 0.0035

Figure 2.146 Properties of generated pseudo-components
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Step 11: Go to “basis environment”.

File Edit Simulation Flowsheet PFD  Tools Window Help

T2 H | CmalE| |=c | lee|l]

Figure 2.147 Enter basis environment

Step 12: Add a new component list called “GL20”.

i Simulation Basis Manager

—Compaonent List

omponent Lisk

Wiew. ..

-

(fE o

d

=

Delete

Capy

Irpart...
Export...
Befresh

Re-import

Componenlsl Fluid Pkgs I Hypotheticals I_E

Figure 2.148 Add new component list

Step 13: Add the following components into “GL20” list.

Add Component —Selected Componenty—————

Mitrogen -

(=l Campansnits
‘- Traditional

HZ5
Hydrogen
Ammonia
Methane
Ethane
Propane
n-Butane
i-Butane
n-Pentane
i-Pentane

22 propane

Figure 2.149 Add light components

Step 14: Go to “Hypotheticals” tab and add a new hypo list called “GL20”.
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Wiew...
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|
Delete

Translocate...

Impait...
Ezpoit...

Components | Fluid Pkg:  Hypotheticals | Oil Manager

Enter PYT Environmerit... | Extend Simulat

T

|

Figure 2.150 Create new hypo list for pseudo-components generated by delumping
Step 15: Click “view” to add pseudo-components. Obtain the required properties of

pseudo-components from “delump.xls” (please refer to step 10).

S E
t Group ~Hypo Group Cantrol
Group Name E stimation Methods. | Clone Library Comps. |
Hypofiroup2 = -
T | | comonent bl [Tirdocatr 5 Estinete Unknonn Props | Notes |
NEP Lig Density To Fo Vo P
ﬂl i & L3 ka/m3] ) kPa| maskamols] | “CSHEt _j

Tianslocate. i 37.80 7350 E23 011 30850 3343 2281 | |

= 45 1520 78.80 BA7. 126 346,00 371 230 ||
58" 58.20 82,00 678 2. 357.00 337 2351

76 7620 | 10050 716, 2584 33660 3560 12486 ||
38 9830 | 11540 56, 288 34430 3759 0.2601
123 | 12350 13110 73210 32060 | 318350 0.4075 0.2648
157" 151.00 | 14530 815.30 35050 | 231850 0.4557 0.3224

173 | 17980 1601 826,70 3787 2587.20 5210 3725 ||

gt 203 20990 17520 82960 4047 2247.80 E037 432 |
= 249" 24420 19530 82840 4323 1512.20 712a L5171

gt 28| 28R40 | 2ar. 23170 4EE.4 T611.70 2520 62T ||

303 | 30930 | 248 235,40 4855 1482.00 3319 [

322 | 32250 | 26090 837.00 43500 | 141370 05756 0S5 | |
31| 344 280 33 510.8 1321.00 051 0.7760
Bt || AAEs 363" 363 03 739 527.3 1221.90 140 0.8472

—_— 390" 390 34. 739 547.1 1108.90 260 05467 [ |

Enter PYT Environment.. 20| 420 71. 37, 56800 33560 206, 10048 ||
47| 47 407. 233 525.2 0050 554 1.2163

ART* 4RA A 43270 R RN LEEEN] RA1 7N 1RATR 1 24RR 7L‘
Incividusl Hypo Cortrol
( yiew.. | AddHupo | AddScid | Delste | UNIFAC. | @ BasePiopeties ¢ Vapow Fressure

Figure 2.151 The pseudo-components and relevant properties

Step 16: Go back to the simulation environment.

File Edit Basis Tools Window Help

j@u|&|apa1<-|

Figure 2.152 Enter simulation environment
Step 17: Create two streams called “HPS Liq C6-* and “HPS Liq C6+* to represent the light and

heavy parts of liquid effluent of high-pressure separator.
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HFS -
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MI¥-100

HPS
Lig
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Figure 2.153 Flowsheet for mixing light and heavy parts of reactor effluent
Step 18: The flow rate and composition of “HPS Liq 6-* can be obtained from reactor model
(please refer to “HPS Liq Light” in step 8).
Step 19: The flow rate of “HPS Liq 6+“ can be obtained from reactor model (please refer to
“HPS Liq Heavy” in step 8).
Step 20: The composition of “HPS Liq 6+ can be obtained from “delump.xIs” (please refer to
step 10).

Step 21: Build the following flowsheet:

—
- Tair
LPS Gas
- Vap —
-, W01
LPS
Lig WwooLPs
[ Feed — —
MX-100 5o S
Q01 :‘jf TQ Cond
| = j Gand o W02
HPS - -
g P 3201 = §ond r_| |
Chr in E-100 B8 = _ = =
— 53201 53202
- I Btm E-101 Feed - ] |_-|
53201
Steam L i HM
u —
T-100 53302 \@ Diesel
Steam
-

T-101 Btm

Figure 2.154 The resulting process flowsheet
Step 22: The specifications corresponding to the flowsheet above are listed below:
LPS: Temperature = 49.5°C, Pressure = 1451 kPa
E100: Outlet temperature = 221°C, Delta pressure: 0 kPa
E101: Outlet temperature = 340°C, Outlet pressure: 151.3 kPa
53201 Steam: Flow rate = 680 kg/hr, Temperature = 345°C, Pressure =1101 kPa
53202 Steam: Flow rate = 350 kg/hr, Temperature = 345°C, Pressure =1101 kPa

T-100:
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Figure 2.155 Definitions of T-100
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Figure 2.156 Specifications of T-100
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Figure 2.157 Definitions of T-101
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Figure 2.158 Specifications of T-101
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Figure 2.159 Side strippers in T-101
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Figure 2.160 Pump arounds in T-101
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2.15 Nomenclature.

CONV

Kavg

Kabps

Conversion (—)

Murphree tray efficiency (—)

Molar flow (mole/hr)

The i cut point while applying Gauss-Legendre quadrature into delump

Inhibition factor in LHHW mechanism (m = NH;, H,S and organic nitrogen

compounds) (—)

Watson K factor (—)

LHHW adsorption constants of hydrocarbon (kPa™)
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Keq

Ktotal
Kglobal i

Kaul i j

I<crc_i j

Khag i j

Kroii ]

Kiight i

k
MeABP
MW
OBJrr
OBJo
OBlJpgr
OBJmnr

OBluc

Equilibrium constant of reversible reaction (—)

Overall activity of reaction group (—)

Global activity for the i catalyst bed (—)

Hydrodesulfurization activity of the j distillate cut (j = whole fraction, 430°F-,
430 to 950°F, and 950°F+) in the i reactor (i = hydrotreating, and hydrocracking
reactor) (—)

Hydrocracking activity of the j distillate cut (j = whole fraction, 430°F -, 430 to
950°F, and 950°F+) in the i reactor (i = hydrotreating, and hydrocracking reactor)
(—)

Aromatic hydrogenation activity of the j distillate cut (j = whole fraction, 430°F -,
430 to 950°F, and 950°F+) in the i reactor (i = hydrotreating, and hydrocracking
reactor) (—)

Ring opening activity of the j distillate cut (j = whole fraction, 430°F-, 430 to
950°F, and 950°F+) in the i reactor (i = hydrotreating, and hydrocracking reactor)
(—)

Light gas distributing factor (i = C1, C2, C3, and C4) (—)

Intrinsic rate constant of reaction (hr")

Mean average boiling point (Rankine)

Molecular weight (—)

The predicting error of temperature rise of catalyst bed (‘C)

The predicting error of hydrogen quench of catalyst bed (STD m’/h)

The predicting error of flow rate of purge gas (STD m’/h)

The predicting error of flow rate of makeup H, (STD m’/h)

The predicting error H, consumption (STD m*/m’)
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OBJnvr
OBJpvr
OBJgvr
OBJgryr
OBJnwr
OBlpmr
OBJgwmr
OBlJrmr
OBlcic
OBlJ¢3
OBl
OBlJsp
OBlJsp
OBlJnp
OBJxs

OBJnri

P
qi
SG

SV

Ty

The predicting error of C6 to 430°F cut (naphtha) volume flow (m’/h)
The predicting error of 430 to 700°F cut (diesel) volume flow (m’/h)
The predicting error of 700 to 1000°F cut (bottom) volume flow (m*/h)
The predicting error of 1000°F+ cut (resid) volume flow (m*/h)

The predicting error of C6 to 430°F cut (naphtha) mass flow (kg/h)
The predicting error of 430 to 700°F cut (diesel) mass flow (kg/h)
The predicting error of 700 to 1000°F cut (bottom) mass flow (kg/h)
The predicting error of 1000°F+ cut (resid) mass flow (kg/h)

The predicting error of C1C2 mass yield (wt%)

The predicting error of C3 mass yield (wt%)

The predicting error of C4 mass yield (wt%)

The predicting error of sulfur content of 430 to 700°F cut (wt%)

The predicting error of sulfur content of 700 to 1000°F cut (wt%)
The predicting error of nitrogen content of 430 to 700°F cut (ppmwt)
The predicting error of nitrogen content of 700 to 1000°F cut (ppmwt)
The predicting error of nitrogen content in reactor 1 effluent (ppmwt)
Critical pressure (kPa)

Partial pressure of hydrogen (kPa)

The zeros of the Legendre polynomial (—)

Specific gravity 60°F/60°F(—)

Space velocity (1/hr)

Temperature (‘C)

Normal boiling point (C)

Critical temperature ('C)
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T

Reduced temperature (—)

Volume (m3 )

Critical volume (m3 )

Weight factor of Gauss-Legendre quadrature (—)
Acentric factor (—)

Feed ratio of feed 1 to feed 2 (—)

Residence time (hr)
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Chapter 3 Integrated Process Modeling and Product Design of Biodiesel Manufacturing
Abstract

Biodiesel, i.e., a mixture of fatty acid methyl esters (FAMEs), produced from reacting
triglyceride with methanol by alkali-catalyzed transesterification, has attracted much attention as
an important renewable energy source. To aid in the optimization of biodiesel manufacturing, a
number of published studies have applied commercial process simulators to quantify the effects
of operating conditions on the process performance. Significantly, all of the reported simulation
models are design models for new processes by fixing some level of equipment performance
such as the conversion of transesterification reaction. Most models assume the feed oil as pure
triolein and the biodiesel fuel as pure methyl oleate, and pay insufficient attention to the feed oil
characterization, thermophysical property estimation, rigorous reaction kinetics, phase
equilibrium for separation and purification units, and prediction of essential biodiesel fuel
qualities. This paper presents first a comprehensive review of published literature pertaining to
developing an integrated process modeling and product design of biodiesel manufacturing, and
identifies those deficient areas for further development.

This paper then presents new modeling tools and a methodology for the integrated process
modeling and product design of an entire biodiesel manufacturing train (including
transesterification reactor, methanol recovery and recycle, water wash, biodiesel recovery, and
glycerol separation, etc.). We demonstrate the methodology by simulating an integrated process
to predict reactor and separator performance, stream conditions, and product qualities with
different feedstocks. The results show that the methodology is effective not only for the rating
and optimization of an existing biodiesel manufacturing, and but also for the design of a new
process to produce biodiesel with specified fuel properties.

3.1 Biodiesel Production by Transesterification Process.
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The American Society for Testing and Materials (ASTM) defines biodiesel as a fuel comprised
exclusively of mono-alkyl esters of long-chain fatty acids derived from vegetable oils or animal
fats, designated B100 (100% pure biodiesel), and meeting the requirements of ASTM
designation D6751". Transesterification process is the most well-known biodiesel production
technology that essentially involves the reaction of alcohol with triglyceride (from vegetable oils
or animal fats) to produce FAMEs, the biodiesel fuel.

Alkali-catalyzed transesterification is the most common manufacturing method because of its
faster rate and less corrosive to industrial equipment’. Methanol is most popular alcohol used
because of its low cost and suitable properties’, and the corresponding product is a mixture of
FAMEs. This article focuses on alkali-catalyzed transesterification of methanol with triglyceride.
Figure 3.1 shows a simplified flowsheet of an alkali-catalyzed transesterification process. There
are many options for the separation and purification processes following the transesterification

step4.

Recycle Oil

I
! N : S |
= ! ! . | " Biodiesel
- il 1 -~ Recovery
i - o) i ' ! Water -9
|
: - i : I —| i Wash ‘ : Ghycerol
| i — s
_______________ | 1S —
Transesterification “Methanol I Glycerol
Recovery Recovery

Figure 3.1 A simplified flowsheet of an alkali-catalyzed transesterification process
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3.2 Integrated Process Modeling and Product Design.

. . . 4,5,6,7,8,9,10,11,12
Many of the alkali-catalyzed transesterification process models™*>®"%1%11:

are developed by
flowsheet simulators such as Aspen Plus and Aspen HYSYS. Table 3.1 summarizes the key
features of the process models in the literature. We distinguish the reported simulation models
into design mode and rating mode. In the design mode, we develop simulation models by
assuming some level of equipment performance (e.g., reactors with known component
conversion, or with product yields calculated according to Gibbs thermodynamic equilibrium),
and then design the equipment to meet this level of performance. In the rating mode, however,
the equipment already exists and we develop simulation models with quantitative rate equations
(e.g., reactors with known reaction equations and kinetic parameters) to predict how the
equipment will perform under a variety of process conditions.

Significantly, all of the reported simulation models are design mode, fixing the conversion of
transesterification reaction. Most models assume the feed oil as pure triolein and the biodiesel
fuel as pure methyl oleate, and ignore the saponification reaction which is important only when
the reactor feed is crude or used oil containing much water and free fatty acids initially. The
reported models pay insufficient attention to the characterization and thermophysical properties
of feed oil, and to the prediction of essential product fuel qualities. This paper focuses on those

issues that are not well covered or essentially ignored in reported studies.
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Table 3.1 Key features of reported simulation models

Feed/Product Characterization Reactor Model Calculation of
Reference Description of Fuel Thermodynamic Model of Prosram | Mode
Feed/product definition thermophysical Kinetics  Saponification | Properties of Biodiesel Purification Unit &
property models Biodiesel
NRTL (non-random two-liquid)
activity coefficient model with
Myint & Feed: pure triolein + oleic acid Yield RKS (Redlich-Kwong-Soave) .
El-Halwagi'  |Product: methyl-oleate None model Included None equation of state; Aspen Plus | Design
UNIFAC for estimating missing
parameters
NRTL
5 Feed: pure triolein + oleic acid Yield . UNIFAC for estimating missing Aspen .
West et al Product: methyl-oleate None model Not included None parameters HYSYS Design
& fixed efficiency for centrifuge
NRTL
¢ |Feed: pure triolein Yield . UNIFAC for estimating missing Aspen .
Zhang et al. ) None Not included None parameters Design
Product: methyl-oleate model . HYSYS
& fixed efficiency for
centrifuge
. 7 |Feed: pure triolein Yield . . .
Harding et al. Product: methyl-oleate None model Not included None No description Aspen Plus | Design
8 Feed: pure triolein Yield . . . . .
Haas et al. Product: methyl-oleate None model Not included None Fixed efficiency for centrifuge | Aspen Plus | Design
. o |Feed: mixture of simple triglycerides Yield . . . .
Tapasvi et al. Product: mixture of FAMEs None model Included None Fixed efficiency for centrifuge | MS Excel | Design
Kapilakarn & |Feed: no description Rigorous . . . . Aspen .
Peutong'® Product: no description None model Not included None Fixed efficiency for centrifuge HYSYS Design
Feed: pure triolein Risorous
Stiefel & Dassori'' |Product: methyl-oleate + diolein + None n%o del Not included None Fixed efficiency Aspen Plus | Design
monoolein
NRTL
12|Feed: pure triolein 13 Yield . UNIFAC for estimating missing Aspen .
Apostolakou et al. Product: methyl-oleate Tang et al. model Not included None parameters HYSYS Design

& Fixed efficiency for centrifuge
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3.3 Reaction Kinetics.

The raw materials of transesterification reaction, vegetable oil and animal fat, are mixtures of
several oils and fats, and the compositions vary with oil sources and growth conditions. The
major feed component is triglyceride (TG) in which glycerol (GL) is esterified with fatty acids.

Figure 3.2 shows the structure of TG:

CH,-OOC-R

CH-OOC-R,

CH5-OOC-R3
Figure 3.2 Chemical structure of triglyceride (TG)
where R1, R2 and R3 are long fatty acid chains. Vegetable oil and animal fat usually contain
small amounts of water and free fatty acids'*. Table 3.2 lists the chemical structures of common
14,15

fatty acid chains

Table 3.2 Chemical structure of common fatty acid chains*

Fatty acid chain Structure Common acronym
Lauric acid HOOC-(CH,)o-CHj; C12:0
Myristic  acid HOOC-(CH,),-CH; C14:0
Palmitic acid HOOC-(CH,)4-CH; C16:0
Stearic  acid HOOC-(CH,),,-CH; C18:0
Oleic acid HOOC-(CH,);-CH=CH-(CH,),-CH; C18:1
Linoleic acid HOOC-(CH,);-CH=CH-CH,-CH=CH-(CH,)4-CH;  C18:2
Linolenic acid HOOC-(CH,);-(CH=CH-CH,);-CHj; C18:3
Arachidic acid HOOC-(CH,),5-CH; C20:0
Bechnic acid HOOC-(CH,),o-CH; C22:0
Lignoceric acid HOOC-(CH,),,-CH; C24:0

*Note: By replacing the H atom in the HOOC- group with CH3 group, we have the
structure of the fatty acid methyl ester (FAME). For example, the structure of lauric acid
methyl ester is CH3-OOC-(CH;);o-CHs.
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In the common acronym column in Table 3.2, the first number denotes the number of carbon

atoms in the chain and the second number indicates the number of double bonds. The number of

carbon atoms includes the carboxylic carbon. Table 3.3 shows the typical compositions of

various oil sources.

Table 3.3 Compositions (wt %) of various oil sources'

Fatty acid chain Common Palm Olive Peanut Rape Soybean Sunflower Grape Almond Corn
acronym
Lauric acid chain C12:0 0.10 0.00 0.00 0.00 0.00 0.00 0.00 0.00 0.00
Myristic acid chain C14:0 0.70 0.00 0.10 0.00 0.00 0.00 0.10 0.00 0.00
Palmitic acid chain Cl6:0 36.70 11.60 8.00 490 11.30 6.20 6.90 1040 6.50
Palmitoleic acid chain C16:1  0.10 1.00 0.00 0.00 0.10 0.10 0.10 0.50 0.60
Stearic acid chain C18:0 6.60 3.10 180 1.60 3.60 3.70 4.00 2.90 1.40
Oleic acid chain C18:1 46.10 75.00 53.30 33.00 24.90 25.20 19.00 77.10 65.60
Linoleic acid chain C18:2 8.60 7.80 28.40 20.40 53.00 63.10 69.10 7.60 25.20
Linolenic acid chain C18:3 0.30 0.60 0.30 7.90 6.10 0.20 0.30 0.80 0.10
Arachidic acid chain C20:0 0.40 0.30 0.90 0.00 0.30 0.30 0.30 0.30 0.10
Eicosenoic acid chain  C20:1 0.20 0.00 240 9.30 0.30 0.20 0.00 0.00 0.10
Behenic acid chain C22:0 0.10 0.10 3.00 0.00 0.00 0.70 0.00 0.10 0.00
Erucic acid chain C22:1 0.00 0.00 0.00 23.00 0.30 0.10 0.00 0.00 0.10
Lignoceric acid chain ~ C24:0 0.10 0.50 1.80 0.00 0.10 0.20 0.00 0.20 0.10
Nervonic acid chain C24:1 0.00 0.00 0.00 0.00 0.00 0.00 0.00 0.40 0.00

Freedman et al.> show the overall reaction scheme of transesterification of methanol with

triglyceride (TG) to give the fatty acid methyl ester (FAME), i.e., the biodiesel, and byproduct,

glycerol (GL). See Figure 3.3 .
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CH-00C-R, R{-COO-CH; CH,-OH

‘ Catalyst ‘
CH-O0C-R + 3CH;OH ==——= R;COO-CH; + CH-OH

CH,00C-R; R;-COO-CHy CH-OH

Triglyceride Methanol Fatty Acid Methyl Ester Glycerol

Figure 3.3 Overall reaction scheme of transesterification

Figure 3.4 represents the stepwise reaction scheme which includes reaction intermediates,

monoglyceride (MG) and diglyceride (DG) * and fatty acid methyl esters (FAMEs).

Catalyst
1. Triglyceride (TG) + Methanol 41(417'* Diglyceride (DG)

|
1(_1 I
N
M

R1-COO-CH; |

Catalyst

2. Diglyceride (DG) 4  Methanol 11;271— Monoglyceride (MG) R,-COO-CHj;

<.z
Catalyst

|
|
|
I |
3. Monoglyceride (MG) 4 Methanol =—2—= Glycerol (GL) + I R3-COO-CH4 I

<3 —_———l—

FAME

Figure 3.4 Stepwise reaction scheme of transesterification

The reaction takes place through three stages: (1) slow mass-transfer stage, (2) fast kinetic stage,

16,17,18,19,20,21
ATIS192021 “The slow mass-transfer stage at the

and (3) slow chemical-equilibrium stage
beginning results from the immiscibility of oil and methanol. The reaction rate is limited by the
mass transfer of TG to methanol and oil phases. The fast kinetic stage occurs, when the reaction
intermediates, MG and DG, act as surfactants and stabilize the methanol drops in the continuous
oil phase'®. The increasing interfacial area between oil and methanol phases makes the mass

transfer of TG to methanol and oil phases no longer limiting the reaction rate. In the last stage,

the reaction approaches chemical equilibrium and the reaction rate slows down. In addition,
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saponification of free fatty acid and TG with hydroxide ion (OH") may also occur in the reaction

system4:

CH,; — OOC-R, CH, — OH Na — O0OC — R,

| | +

CH, — OOC-R, + 3 NaOH — o CH, —OH + Na—OOC—R,

| | -+

CH, - OOC-R, CH, — OH Na — O0OC — R,
Triglyvcerice Glycerol Soap

Figure 3.5 Saponification of triglyceride with NaOH

R - COOH+ NaOH —— H;0+ R-COO-Na

Free Fatty Acid Soap

Figure 3.6 Saponification of free fatty acid with NaOH

Saponification leads to lower production of biodiesel and higher cost of purification process"”.
For the alkali-catalyzed transesterification of methanol with oils, Freedman et al.** demonstrate

that at 60 ‘C or higher, 1 wt% NaOH, methanol/oil molar ratio at least 6:1 and fully refined oil

(free fatty acid < 5%) give the optimum conversion within 1 hour. Many of the kinetic

21,22,23,24,25,26,27

models show good performances near optimal operating conditions by ignoring the

mass-transfer stage and applying the second-order kinetics to characterize the reaction. The
mass-transfer stage is much shorter than the other two stages and is negligible when the mixing

2921 and reaction temperature is higher than 30°C'". Slinn and Kendall®® demonstrate

is intense
that the drop size affects the reaction rate and develop a mass-transfer-limited kinetic model.
However, most reported studies neglect saponification because of its small extent when the raw

20,29
4%

material is well refine . According to the kinetic scheme in Figure 3.4, the second-order

kinetics obeys the following governing equations.
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% = —k,[TG][MeOH]+k,[DG][FAME] (1)
% = k,[TG][MeOH] - k,[DG][FAME]- k;[DG][MeOH]+ k ,[MG][FAME] (2)
d UEG] = k,[DG][MeOH]- k4[MG][FAME] - k. [MG][MeOH]+ k ,[GL][FAME] (3)
% = k,[MG][MeOH]- k ,[GL][FAME] 4)
% = k,[TG][MeOH]- k,[DG][FAME]+ k;[DG][McOH]- k4[MG][FAME] (5)
+k,[MG][MeOH] -k [GL][FAME]
d[MeOH] __ d[FAME] ©6)
a dt

1., and Table 3 in Canakci and Gerpen®'

For alkali-catalyzed transesterification, Wu et a
show that fatty acid compositions of biodiesel fuels are essentially identical to those of their
corresponding vegetable oils. This implies that the various fatty acid chains of the TG have an
essentially identical reactivity toward methanol. Table 3.4 summarizes the apparent rate
constants of the second-order kinetics from the literature. The rate constants and activation
energies follow the Arrhenius equation:

E

a

lnizEa (L—l) or k=A-e KT (7)
k, R T, T

where k is rate constant, E, is activation energy and A is pre-exponential factor.

Table 3.4 Apparent kinetic parameters of the second-order kinetics

Data Source Noureddini and Zhu*  Narvaez et al.” Bambase et al.”’ Leevijit et al.**
Feed Oil Type Soybean oil Palm Oil Sunflower Oil Palm Oil
Temperature Range (C) 30-70 50-60 25-60 60
Catalyst NaOH NaOH NaOH NaOH
Catalyst wt% (based on oil) 0.2 0.2 0.5 1

Rate Constant (L/mol-min ) at 50 °C (Ty) at 50 °C (Ty) at 60 °C (Ty)
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k 0.050 0.049 0.090 0.634

k. 0.110 0.112 0.009 0.000
k, 0.215 0.226 0.348 7.104
k., 1.228 0.133 0.129 4912
ks 0.242 0.122 0.488 7.860
k; 0.007 0.016 0.038 0.121
Activation Energy (kcal/mol)
E, 13.145 13.500 14.040
E, 9.932 10.300 10.739
E, 19.860 17.400 16.049
E, 14.639 16.200 13.907
E; 6.421 6.200 7.173
E; 9.588 11.900 10.997

Vicente et al.”'*® develop the intrinsic catalyzed kinetics by correlating catalyst concentration

with apparent rate constants. They propose the following relationship:

k» — kiintrinsic % CCAT (8)

1

k™™ is the intrinsic catalyzed rate constant which follows the Arrhenius equation, k; is

where
the apparent rate constant and Ccar is the catalyst concentration. The activation energies and
pre-exponential factors reported by Vincente et al.>' are log-based Arrhenius equation and we

re-fit their data to obtain a new set of activation energies and pre-exponential factors based on

natural log (see Table 3.5 ).

Table 3.5 Intrinsic catalyzed kinetic parameters

Data Source Vicente et al.>! Vicente et al.*®
Feed Oil Type Sunflower oil Brassica carinata oil
Temperature Range (C) 25-65 25-65
Catalyst KOH KOH
Catalyst wt% (based on oil) 05-15 05-1.5
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Pre-exponential Factor (L*/mol*-min)

A, 3.5093E+12 5.1600E+17
A 1.1542E+13 9.0000E+12
A, 4.9432E+17 6.6000E+16
A, 1.2895E+17 1.6800E+13
A; 6.2713E+02 2.7600E+02
A 5*

Activation Energy (J/mol)

E, 7.2963E+04 1.0476E+05
E 7.1648E+04 7.0976E+04
E, 9.7825E+04 9.2432E+04
E, 9.4770E+04 7.0657E+04
E; 1.4070E+04 1.2020E+04
E;

* Az and E_; are ignored in the original studies due to insignificant values

3.4 Characterization and Thermophysical Property of Feed Oil and Biodiesel Fuel.

The compounds involved in the alkali-catalyzed transesterification process are feed oil (mixture
of triglycerides), diglyceride (by-product), monoglyceride (by-product), fatty acid, methanol,
water, base, glycerol and biodiesel fuel (mixture of FAMEs). The thermophysical property data
of methanol, water, base, glycerol, fatty acids and FAMEs are available in National Institute of
Science and Technology ThermoData Engine®, or NIST TDE (http://trc.nist.gov/tde.html),
which is the most comprehensive database and integrated with Aspen Plus 2006 and subsequent
versions. Appendix A illustrates how the reader can access the NIST TDE when applying Aspen
Plus to develop a biodiesel process model. Because only a few studies of diglyceride and
monoglyceride are available in the literature, we focus mainly on the characterization and
thermophysical property calculations of triglyceride, FAME, feed oil and biodiesel fuel.

3.4.1 Minimum Requirements of Thermophysical Properties.

The required thermophysical properties depend on which thermodynamic model is selected.
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Because of the presence of polar components (e.g., methanol) in a biodiesel process, we choose
activity coefficient model for modeling thermodynamic equilibrium. Therefore, the minimum
required thermophysical properties are normal boiling point (Ty), critical temperature (T.),
critical pressure (P.,), acentric factor (®), liquid density (pr) or liquid molar volume (Vy), ideal
gas heat capacity (Cp, ), liquid heat capacity (Cp, ), heat of vaporization (/\H,s) and vapor
pressure (Pyqp).

3.4.2  Triglycerides.

Triglyerides can be classified into two groups — simple triglyceride and mixed triglyceride. The
simple triglyceride is composed of three identical fatty acid chains, but these fatty acid chains of
mixed triglyceride are not identical. This section focuses on the simple triglyceride. Because
thermal decomposition at high temperature makes the experimental measurements unattainable,
it is necessary to predict Ty, P¢, Tc and o for long-chain triglycerides. There are many prediction
methods of Ty, P, T and o for organic liquids in the literature, but many of the methods are
unsuitable for triglycerides because of their structures and high molecular weights. For example,
Figure 3.7 demonstrates that the Joback method significantly over-estimates the normal boiling

points of pure triglycerides.
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Figure 3.7 Comparison of normal boiling points of pure triglycerides predicted by different

methods with experimental data

In addition to Ty, P, T and w, it is necessary to estimate the missing values of Vi, Cp g, Cp 1,
/\Hyap and Py, of triglycerides. Figure 3.8 shows a prediction map giving the relationship of
various methods used to estimate the thermophysical properties of triglycerides in the literature
and Appendix B illustrates the methodology of each method. Thus far, there are no reported

methods used to predict Cp g of triglycerides.
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A and B **; Constantinou and Gani (C-G)**; Wilson and Japerson (W-J) **; Ceriani A *';

Ambrose and Walton (A-W)3 3. Halvorsen®; Morad™; Zong, Ramanathan and Chen(Z-R-C)42 ;

Ceriani B*.”*” in the figure indicates the estimation method suggested by NSIT TDE™.

Because the values of Ty, P, T, and o are not experimentally available, these properties are
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treated as merely characteristic parameters in thermodynamic modeling****. Various VLE studies
of the triglyceride system with different prediction methods for Ty, P, T, and ® seem to give
almost equally satisfactory results'>***°. However, we note that NIST TDE suggests W-J
method® and C-G method™ for T, and P, prediction, respectively. Table 3.6 summarizes the

suggested values of Ty, P., T and @ by NIST TDE.

Table 3.6 Suggested values of Ty, P., Tc and @ of TG by NIST TDE

C12:0 C14:0 C16:0 C18:0 C18:1 C18:2 C20:0 C22:0
Pc (Pa) 487709 4170447 365772.1 3273942 327019.8 326646.4 297923.6 274802.8

Tc (K) 819 828 834 840 841 843 844 847
Tb (K) 754.9 781.3 804.6 825.6 824 822.5 844.6 861.9
® 0.15415 1.7849 2.044

NIST TDE contains the correlations of Vi and Cp 1 for only a few triglycerides within narrow
temperature ranges. Thus, we use Halvorsen method® and Morad method® to estimate the V.
and Cp . of triglycerides that are not included in NIST TDE. First, we compare the predictions of
both methods with available experimental data. Table 3.7 shows that the two methods accurately
predict Vi and Cp , with average relative deviation (ARD) of only 0.65% and 2.72%,
respectively. Next, we apply both methods to predict Vi and Cp 1 of simple triglycerides that are
not included in NIST TDE. Lastly, we regress the predicted values to identify the parameters of
the NIST TDE Rackett equation and ThermoML equation for Vi which can be incorporated into
Aspen Plus or other process simulators. Table 3.8 gives the regressed parameters for Vi and
Table 3.9 lists those for Cp . Appendix B shows the NIST TDE Rackett equation and

ThermoML equation.
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Table 3.7 Comparison of predicted values of Vi and Cp | by Halvorsen method™ and Morad

method* with experimental data.

) ) Number  Temperature Exp Data Prediction
Property Triglyceride ) ARD (%)
of Points Range (K) Source Method
C12:0, C14:0, 2
Vo 27 283 ~ 573 0.65 NIST TDE Halvorsen
C16:0, C18:1
C12:0,C14:0, C16:0, NIST TDE; 0
Ce.L 70 314 ~ 453 2.72 % Morad
C18:0, C18:1 Morad
Table 3.8 Regressed parameters for estimating V. of triglycerides
NIST TDE
NIST TDE
ThermoML
Rackett Equation C12:0* C14:0* C16:0* C18:0 C18:1 Cl18:2 C20:0 C22:0
Equation
(m*/mol)
(kmol/m®)
Cl 0.2010909  0.1978334  0.1957933 Cl 1.22E+00 1.25E+00 1.27E+00 1.12E+00 1.03E+00
Cc2 0.2857143  0.2857143  0.2857143 C2 -7.45E-04  -7.73E-04  -7.65E-04  -6.58E-04  -5.92E-04
C3 819 828 834 C3 2.79E-07 3.30E-07 2.95E-07 2.09E-07 1.65E-07
C4 487709 417044.7 365772.1 C4 -5.21E-10  -5.65E-10  -5.44E-10  -4.15E-10  -3.41E-10
Cs 110 110 110 Cs 4 4 4 4 4
Co 819 828 834 C6 273.15 273.15 273.15 273.15 273.15
Cc7 573.15 573.15 573.15 573.15 573.15
Table 3.9 Regressed parameters for estimating Cp . of triglycerides
NIST TDE
ThermoML Equation C12:0 C14:0 C16:0 C18:0 C18:1 C18:2
(J/kmol-K)
Cl 7.8240E+05 9.0710E+05 1.0290E+06 1.2080E+06 1.1040E+06 1.0170E+06
C2 1.5709E+03 1.7778E+03 1.9847E+03 2.1120E+03 2.1503E+03 2.1356E+03
c3 2 2 2 2 2
C4 313.15 313.15 313.15 313.15 313.15 313.15
C5 453.15 453.15 453.15 453.15 453.15 453.15
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3.43 Characterization of Feed Oil.

The complex structure of triglyceride makes it difficult to characterize the feed oil that contains
mixed triglycerides. For example, Figure 3.9 shows a possible arrangement of triglyceride
molecules of the lard** in which each square represents the fatty acid composition of a mixed

triglyceride molecule.

Cl6:0JC18:1|Cc18:1|C18:1|C18:2|C18:1|Cl6:0|C1l8:0|C1l8:0|Cl6:1|C20:1
C18:0|C18:1|C16:0|C18:1|C18:1|C16:0|C16:0|C18:1|C1l6:0|C18:1|C18:1
Cl6:0|C18:1|C18:1]C18:1|C18:0|C18:1|C18:0|C18:1|C18:1|C1l6:0|C18:0
Cl18:1|C16:1|C18:2|C16:0|C18:2|Cl6:1|C18:1|C18:1|C18:1|C18:1|C18:2
C18:0|C16:0JC16:0|C16:0|C18:1|C1l6:0|C18:2|C14:0|Cl6:0|C1l6:0|C18:1
Cl8:2|C18:1|C18:2|C18:0|C16:0|C18:1|C18:2|C18:0|C18:1|C1l6:0|C14:0
C18:0|C18:2|C18:1|C18:1|C18:1|C18:1|C18:1|C16:0|C18:0|C18:1|C18:1
Cl18:0|Cl6:0|Cl8:2|Cl8:0|C18:1|Cl6:0|Cl8:1|Cl6:0|Cl8:0|Cl6:0|C18:1
Cl6:0|C18:1|C18:1]C16:0|C18:1|C18:1|C18:1|C18:1|C16:0|C1l6:0|C18B:1

Figure 3.9 Possible profiles of the triglyceride molecules of the lard*

In Figure 3.10, we introduce three possible ways to characterize the feed oil, considering it as: (1)
a mixture of mixed triglycerides, (2) a mixture of simple triglycerides, or (3) a
pseudo-triglyceride. For the first scheme, Zong et al.** builds the feed oil by blending together
the mixed triglycerides and estimates the thermophysical properties of each mixed triglyceride
by a chemical constituent fragment-based method*. The fragment-based method divides the
mixed triglyceride molecule into four fragments — glycerol fragment and three fatty acid
fragments (see Figure 3.11 ) and obtains the contribution of each fragment by correlating the
experimental data. The authors develop a property databank of 8 simple and 308 mixed
triglycerides formed with 8§ common saturated and unsaturated fatty acid fragments (C12:0,
C14:0, C16:0, C18:0, C18:1, C18:2, C18:3, C20:0) for use in future versions of Aspen Plus. The
properties include vapor pressure, enthalpy of vaporization, liquid heat capacity, enthalpy of

formation, liquid molar volume, and liquid viscosity. For example, Zong et al.** develop Eq. (9)
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to estimate heat of vaporization of mixed triglyceride. They correlate experimental data to obtain
the contribution of each fragment, A Hy,p; which is linearly increasing with the carbon number
of the fatty acid fragment (see Figure 3.12).

AH,, =Ng, Zx. xAH, . 9)

where N, 1s the number of fragments in the mixed triglyceride molecule, x; is mole fraction of
the fragment in the mixed triglyceride molecule, and AHy,p; 1s the contribution of the
fragment i. We note that the fragment-based method is applicable to characterize the feed oil as a

mixture of simple triglycerides and as a pseudo-triglyceride molecule.
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Example of a triacylglycerol

/ N h” Palmitic fragment
i |
JCH,— O C— CHyCH,CHaCHoCHpCHyCHCHOCHyCHACH,CHoCHoCHRCH, | Palmitic acid

I" |0 Oleic fragment

| CH— O-HC— CH,CH,CH,CH,CH,CH,CH,CH=CHCH,CH,CH,CH,CH,CH,CH,CH; | Oleic acid

I". [0 Linoleic fragment

I"{_"} 12—0;'—1: — CH,yCH;CH,CH,CH,CHCH,CH =CHCH,CH =CHCH,CH;CH;CH,CHs | Linoleic acid

\__/

Glycerol fragment

Figure 3.11 Four fragments of mixed triglyceride molecule®
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Figure 3.12 A Hyqp; vs. carbon number of the fatty acid fragment42

Siang et al.* model the phase behavior of palm oil by treating the oil as a mixture of simple
triglycerides. They use Dohrn method™® to estimate the critical properties of simple triglycerides
and represent the feed oil by mixing the simple triglycerides based on the fatty acid composition.
Both Ndiaye et al.*® and Espinosa et al.*’ apply the pseudo-triglyceride scheme to represent the
feed oil in their phase-equilibrium study. They estimate the critical properties by building a

molecule that has a similar distribution of the functional groups to the feed oil (i.e. scheme A of
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pseudo-triglyceride in Figure 3.10). Scheme B of pseudo-triglyceride in Figure 3.10 is identical
to the Halvorsen method®® and Morad method* for characterizing the oil molecules. Halvorsen et
al.*” validate the method is good for density predictions of 14 vegetable oils and Morad et al.*
validate the method is good for liquid heat capacity predictions of 2 vegetable oils and 6 mixed
triglycerides. We show an example to demonstrate the scheme A of pseudo-triglyceride in Figure

3.10. Table 3.10 shows the fatty acid composition of a given vegetable oil*’.

Table 3.10 Composition of feed oil as an example for scheme A of pseudo-triglyceride in

Figure 3.10
Fatty acid X " m
mol fraction number of CH, group number of CH=CH group
C16:0 0.067 42 0
C18:0 0.0334 48 0
Ci18:1 0.2583 42 3
C18:2 0.6391 36 6
C18:3 0.0022 30 9

We calculate the average numbers of CH, (n) and CH=CH (m) groups in the pseudo-triglyceride

molecule as follows:

n=>n xx; =3834~38

: (10)
m=2mi><xi =4.63~5

Hence, we could represent the pseudo-triglyceride molecule with 38 CH, groups and 5 CH=CH

groups in Figure 3.13 .
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[CH, — 00C |
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CH -00C |- (CH 2)n:38 - (CH = CH )m=5 - [CH 3 ]3

|
| CH, - 00C |

Figure 3.13 Molecular structure of pseudo-triglyceride molecule

The concepts of schemes A and B of pseudo-triglyceride are very similar. Both schemes generate
the pseudo-triglyceride based on the fatty acid composition of the feed oil. However, the
resulting properties are quite different. This follows because scheme A directly predicts feed oil
properties from the high-molecular-weight pseudo-triglyceride, but scheme B estimates feed oil

properties by mixing the properties of the pure fatty acids that comprise the feed oil.

3.44 FAME.

Unlike triglycerides, most of the thermophysical properties of the FAMEs are available in the
literature and are also incorporated into NIST TDE. Table 3.11 lists the suggested values of Ty, P,
T, and o by NIST TDE. Appendix B.2 shows the NIST TDE equations and corresponding
parameters for estimating Vi, /AAHyap, Pyap, Cpg and Cpy, and Table 3.12 summarize the methods

described in Appendix B.

Table 3.11 Suggested values of Ty, P., T, and ® of FAME by NIST TDE

FAME ® Pc (Pa) Tc (K) Ty (K)
C12:0 0.69301 1731893.8 712 540.49
C14:0 0.9156 1412616.6 718 570.03
Cl16:0 0.89195 1205875.1 749 600.92
Cl6:1 1.0009 1279720.6 734 590.25
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C18:0 0.98895 1178960.3 770 624.6
C18:1 1.0014 1124670.6 761 618.5
Cl18:2 0.91775 1162805.4 773 621.57
C18:3 0.94097 1202626 774 621.8
C20:0 1.1468 1036965.2 767 636.91
C20:1 1.135 990081.9 767 635.77
C22:0 1.3362 901920.5 785 663.99
C22:1 1.1856 881791 784 657.94
C24:0 1.2315 821191.6 804 680.28
C24:1 1.2264 822329 802 678.5

Table 3.12 Available methods for Vi, AHyap, Pyap, Cp g and Cpy in NIST TDE

Property Method Equation Parameters
Molar volume Rackett * Eq. B.46 Table B.8
Heat of vaporization Watson > Eq. B.52 Table B.14
Vapor pressure Wagner Eq. B.51 Table B.13
Gas heat capacity Aly-Lee * Eq. B.48 Table B.10
Liquid heat capacity ~ NIST TDE * Eq.B.50 Table B.12

3.5 Thermodynamic Model Selection.

For the alkali-catalyzed transesterification process, selecting the appropriate thermodynamic
model plays an important role in modeling separation and purification units. Figure 3.1 shows
that the typical separation and purification units include the methanol recovery process, water
wash unit, purification of glycerol and biodiesel. The phase behavior between biodiesel fuel and
other process components (methanol, water and glycerol) is important when modeling these
processes. Because there are only limited experimental data of the biodiesel fuel systems in the
literature, many of the alkali-catalyzed transesterification process models™> 7511112 y5e

estimation methods to predict the phase behavior of the separation and purification units. Table

3.13 summarizes the available phase equilibrium data for the biodiesel
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fuel-methanol-water-glycerol system.

Table 3.13 Available phase equilibrium data of biodiesel fuel (BDF)-methanol-water-glycerol

LLE
Components Data source
Methyl - octanoate H,O Kuramochi*®
Methyl - palmitate H,O Kuramochi®®
Methyl - oleate H,O Kuramochi®®
Methyl - oleate H,O Methanol Oleic acid Chen®
Rapeseed Oil BDF H,O Methanol Stloukal®
Palm Oil BDF H,O Methanol Glycerol Di Felice™!
Palm Oil BDF Glycerol Di Felice®!
Methyl - oleate Methanol Glycerol Andreatta™
Soybean Oil BDF Methanol Glycerol Chiu™
Methyl - oleate Methanol Glycerol Negi™
Methyl - oleate Glycerol  Monoolein Negi™
Canola Oil BDF Methanol  Oleic acid Batista®
Soybean Oil BDF Methanol Glycerol Zhou'"’
VLE
Components Data source
Soybean Oil BDF Methanol Chiu™
Methanol Glycerol Chiu™

Kuramochi et al.*® review the selection of the predictive thermodynamic model for biodiesel
fuel-methanol-water-glycerol system. They recommend both UNIFAC™ and Dortmund
UNIFAC’’ for the methanol recovery process, UNIFAC LLE®® for the water wash unit, and
Dortmund UNIFAC’ for purification units. They also demonstrate the appropriate way to assign
UNIFAC groups to FAME molecules. Table 3.14 lists the suggested assignment of UNIFAC

groups by Kuramochi et al.*®.
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Table 3.14 UNIFAC group assignment for FAME- methanol-water-glycerol system*®

UNIFAC Dortmund-UNIFAC UNIFAC LLE
CH,, CH,, CH=CH, CH,, CH,, CH=CH, CH,, CH,, CH=CH,
FAME CH,COO CH,COO CH,COO
Glycerol CH;, CH,, OH CH,, CH,, OH (P)*, OH (S)*  CHs, CH,, OH
Methanol CH,0H CH,0H CH,, OH (P)*

* P and S indicate primary and secondary alcohol, respectively.

3.6 Fuel Qualities of FAME and Biodiesel Fuel.

We demonstrate how to estimate crucial biodiesel fuel qualities in this section. Table 3.15 lists
the European standards for biodiesel, EN 14214, that specify important biodiesel fuel qualities.
We choose the European standards because they are more stringent than the U. S. standards,
ASTM 6751. This section focuses on the estimations of density, viscosity, and cetane number, for
which experimental data are available for validation purposes. When experimental data for other
fuel properties become available, we can develop additional validated property correlations and

include them in our model.

Table 3.15 EN 14214 Standard of Biodiesel Fuel

EN 14214
Density at 15°C (g/cm’) 0.86-0.9
Viscosity at 40°C (mm?/s) 35-5
Flash point (C) > 101
Water content (ppmwt) <500
Cetane number >51
Methanol (wt%) <0.2
Ester (wt%) >96.5
Monoglyceride (wt%) <0.8
Diglyceride (wt%) <0.2
Triglyceride (wt%) <04
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3.6.1 Density.
The biodiesel fuel is the mixture of FAMEs. We apply the method of Spencer and Danner’
which is the default method in Aspen Plus V 7.0 to estimate the density of biodiesel fuel. The

equations are listed below.

. T Ly
A :RP—°(ZRA,miI 1) } (1)
c _ Tci
- in P (12)
Zopm = ZXiZRA,i (13)
Tcm = ZZXinVcchj (Tcich)l/2 (1 - kij )/chm (14)
LI
ch = invci (15)

8(Vcivc' )I/Z
(l—kij)zw (16)

where T, Pei, Vi, Zrai, and X; are critical temperature, pressure, volume, Rackett parameter, and
molar fraction of pure FAME, respectively. Table 3.11 lists the values of T, and P, of pure FAME
and Table 3.16 shows V. and Zra values suggested by NIST TDE. We validate the method with
31 experimental data points and show the results in Figure 3.14. Apparently, the method tends to

underestimate the densities, but the predictions are still fairly accurate with an ARD of only

1.01%.
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Table 3.16 Suggested values of critical volume and Zg, by NIST TDE

Ve
FAME (cm’/mol) Zra
C12:0 842.02 0.2446
C14:0 1015.2 0.2354
C16:0 1129.35 0.2228
Clé6:1 949 .4 0.2072
C18:0 1268.1 0.2298
C18:1 1237.7 0.2225
Cl18:2 1208.5 0.2226
C18:3 1184.7 0.2243
C20:0 1268.9 0.1967
C20:1 1195.3 0.2138
C22:0 1254.7 0.1841
C22:1 1539.9 0.2123
C24:0 1398.6 0.1833
C24:1 1413.1 0.2011
0.90
Qo.sg | ARD = 1.01%
K
E 0.88 )
;; 0.87 K . '
® SRy
T 0.86 S0
B . o
0.85 v e °
0.85 086 087 088 080  0.00

Exp data (gfem’)

Figure 3.14 Density estimation of biodiesel fuel by using Spencer and Danner” method
(experimental data from ref. 59,60,61)
3.6.2  Viscosity
Viscosity at 40°C is an important property to evaluate the flow ability of biodiesel fuel. Allen et

al.®* and Krisnangkura et al.*’ apply the following mixing rule to predict the viscosity of
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biodiesel fuel:

Inp =inlnui (17)

where |; is the viscosity and x; is mass fraction of pure FAME. Figure 3.15 shows the viscosity at
40°C of FAMEs from the literature’® ®*. There are no experimental viscosities of C20:0, C20:1,

C22:1, C24:0, and C24:1 FAMEs. Thus, it is not feasible to use Eq. (17) to predict viscosity of

biodiesel fuel which is composed of the FAMEs mentioned above.

7

6 *
SJ
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= & FAME
£3 E *
&
2 2 *
=

1

0

10 12 14 16 18 20 22 24

Carbon number of FAME

Figure 3.15 Viscosity at 40 ‘C of FAME (data source: ref. 32,62)

In order to obtain a correlation that is independent of viscosity of pure FAME, we first develop
Eq. (18), based on the number of carbon atoms (N.) and the number of double bonds (Npg) of
pure FAME. Figure 3.16 shows the viscosity of pure FAME predicted by Eq. (18) and the ARD
is 3.51% for 20 experimental data points.

4 (cP)at313.15K = 0.433x N_ —0.699 x N, —3.648 (18)
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Figure 3.16 Prediction of viscosity at 40°C of pure FAME by Eq. (18) (data source: ref. 32,62)

We apply Eq. (18) to predict viscosity at 40°C of biodiesel fuel by its average number of carbon
atoms and average number of double bonds. For reported data of kinematic viscosity, we convert
them into dynamic viscosity through density estimated by the method mentioned in Section 6.1.
Figure 3.17 shows the validated results of viscosity at 40°C of biodiesel fuel with 60
experimental data points and the ARD is 13.97%. The larger deviation results from the fact that
the reported data contain a relatively large variation (see Figure 3.18 ). The reported data do not
follow the monotonic trend suggested by Eq. (18). We need more reliable experimental data that

contain pure FAMEs and biodiesel fuel to improve the prediction accuracy.
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3.6.3

ARD = 13.97%

Ezp data (cP)

Figure 3.17 Validation of viscosity at 40°C prediction of biodiesel fuel by Eq. (18)

(data source: ref. 15,59,60,61,62,63,64,65,66,67)
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Figure 3.18 Variation of the reported viscosity data

Cetane Number.

Cetane number (CN) represents biodiesel’s ignition quality under compression ignition

conditions. Clements® demonstrates that the simple mixing rule, Eq. (19), is able to predict the

CN of biodiesel fuel.

CNof BDF =) x,CN
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where x; is weight fraction of FAME and CNgawme is the CN of pure FAME. Figure 3.19 shows
the CN of FAMEs in the literature®®’®""727™ There is no experimental CN of C20:0, C20:1,
C22:0, C24:0, and C24:1 FAMEs. Thus, it is not possible to use Eq. (19) to predict CN of

biodiesel fuel which is composed of the FAMESs mentioned above.
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() &
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i} a 10 12 14 16 18 20 22 24

Carbon number of FAME

Figure 3.19 Cetane number of FAME (DB = double bond)

In order to obtain a correlation that is independent of CN of pure FAME, we first develop Eq.
(20), based on the number of carbon atoms (N;) and the number of double bonds (Npg) of pure
FAME. Figure 3.20 shows the CN of pure FAME predicted by Eq. (20) and the ARD is 6.78%
for 30 experimental data points.

CN =4.201xN_ —20.077 x N, +2.005 (20)

We apply Eq. (20) to predict CN of biodiesel fuel by its average number of carbon atoms and
average number of double bonds. Figure 3.21 shows the validated results of CN of biodiesel fuel

with 31 experimental data points and the ARD is 7.43%.
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Figure 3.20 Prediction of CN of pure FAME by Eq. (20)
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Figure 3.21 Validation of CN prediction of biodiesel fuel by Eq. (20)

(Exp data from ref. 15,66,68,72,74,75,76,77,78,79,80)

3.7 Rigorous Model of Alkali-catalyzed Transesterification Process.

This section demonstrates the development of an integrated model that considers feed and
product oil characterization, rigorous reaction kinetics, thermophysical property modeling, phase
equilibrium, separation and purification, and product quality estimation. We use Aspen Plus V

7.0 and spreadsheet program to develop the rigorous model with the biodiesel production of 25
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tons/day.

3.7.1  Selection of Feed Oil Characterization Method.

We summarize different characterization methods of feed oil in section 4.3 and it is crucial to
select the appropriate characterization method that satisfies two criteria: 1. easy to use. 2.
rigorous characterization of feed oil. 3. satisfactory predictions on the required thermophysical
properties. Characterizing the feed oil as a pseudo-triglyceride is the easiest one and as a mixture
of mixed triglycerides is the most rigorous one. And then, we compare the property predictions
of these two extreme methods to justify which one has higher accuracy. There are limited
experimental data of critical property, acentric factor, normal boiling point and ideal gas heat
capacity of vegetable oils available in the literature. We compare the predictions of vapor
pressure, heat of vaporization and density of vegetable oils and Table 3.17 shows the property

methods that we apply in both characterization methods.

Table 3.17 Property methods for comparing the two characterization methods

Pseudo-triglyceride Mixture of mixed triglycerides
A\ Hyap Zong et al. ¥
Vapor Pressure Zong et al.*
Density Halvorsen method®” Zong et al.

Figure 3.22 to Figure 3.26 show that the two characterization methods give equally satisfactory
property predictions. Therefore, the selection is seeking for the balance between accounting all
species/reactions (mixture of mixed triglycerides) and the simplest possible model that provides
good engineering approximation (pseudo-triglyceride) rather than the “perfect” solution in every
aspect. With established databank, it is convenient to conduct “mixture of mixed triglycerides”

approach which rigorously represents feed oil as real mixture of triglycerides. In the other hand,
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“pseudo-triglyceride” approach always requires estimation of thermophysical properties. Even
for the same feed oil type, the biomass contents vary with growth conditions and geography.
Because we are not aware of any established databank and most of the literature report only
composition of the feed oil only by its fatty acid distribution (e.g., Table 3.3 ), instead of detail
mixed triglyceride compositions; we choose the pseudo-triglyceride scheme to characterize the
feed oil in the model. However, “mixture of mixed triglycerides” approach is still recommended

when databank or detail mixed triglyceride compositions is available.

2.0E+05
g I
E ARD = 8.8 % ARD = 7.0 %
.l
¥
=
= 1.3E405 |
2
=
=N
g
e
<]

1.0E+05

Exp Data Mizture of mized Psendo-triglyceride
triglyceride

Figure 3.22 Comparison of AH,,, prediction by different characterization methods

(data source: ref. 42)
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Figure 3.23 Comparison of P,,, prediction by different feed oil characterization methods

(data source: ref. 42)
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Figure 3.24 Comparison of density prediction by different feed oil characterization methods

(Brazil nut oil, data source: ref.42)
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Figure 3.25 Comparison of density prediction by different feed oil characterization methods

(Buriti oil, data source: ref.42)
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Figure 3.26 Comparison of density prediction by different feed oil characterization methods

(Grape seed oil, data source: ref.42)

3.7.2 Modeling Methodology.

Figure 3.27 represents our rigorous modeling methodology. The lumper (a spreadsheet) generates
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the structure and thermophysical properties of the pseudo-triglyceride molecule according to the
fatty acid chain distribution of the feed oil. The reactor model considers rigorous reaction
kinetics in which the pseudo-triglyceride reacts with methanol to give the pseudo-FAME,
pseudo-DG and pseudo-MG. (refer to Figure 3.4 for the reaction scheme). The delumper (a
FORTRAN block) converts the pseudo-FAME molecule into a mixture of FAMEs (biodiesel fuel)
by assuming the fatty acid chain distribution of the mixture of FAME:s is the same to feed 0il**".
We use Dortmund UNIFAC®’ for methanol recovery and purification units, and UNIFAC LLE*®
for the water wash unit. Based on the composition of the biodiesel fuel, the product quality
calculator predicts the crucial qualities of the biodiesel fuel such as specific gravity, cetane
number and viscosity. Figure 3.28 shows our rigorous model in Aspen Plus combined with a

spreadsheet program and FORTRAN blocks in Aspen Plus.
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Build the molecule structure by; \ NaOH

distribution of fatty acid chain w
= . - —‘ 7 MeOH " MeOH
- ‘ __- L { NaOH ‘ g NaOH
Feed oil analysis: eyl 5 /' One pseudo-TG molecule - 1 =
Distribution of fatty acid chain/ | 2 to represent the feed oil / X ] [ Pseudo-TG é Pseudo-TG
B = ‘ ~ Pseudo-DG ‘ 2 Pseudo-DG
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fatty acid chain
H,0
Recycle MeoH | ? e W
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Figure 3.27 Methodology of the rigorous model
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Figure 3.28 The process model of the alkali-catalyzed transesterification process in

Aspen Plus

3.7.3 Lumper/Delumper.

We apply the lumper and delumper to incorporate the pseudo-components into the simulation
model. The lumper generates the pseudo-triglyceride, pseudo-diglyceride, pseudo-monoglyceride
and pseudo-FAME molecules that assemble the rigorous reaction kinetics. The delumper
converts the pseudo-FAME from the reactor model output into a mixture of FAMEs, the
biodiesel fuel. For our example, we assume the feed oil with its composition given in Table 3.10
and Figure 3.13 shows the resulting pseudo-TG. Figure 3.29 to Figure 3.31 represent the

corresponding pseudo-DG, pseudo-MG and pseudo-FAME, respectively.
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Figure 3.29 The structure of pseudo-DG in our example
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Figure 3.30 The structure of pseudo-MG in our example
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Figure 3.31 The structure of pseudo-FAME in our example

Table 3.18 lists the required thermophysical properties and corresponding estimation methods to

generate the pseudo-components in the lumper. Sections 3.4.3, 3.6.1 and Appendix B give details

of the cited methods. In addition, we assume that the mass densities of the pseudo-DG and

pseudo-MG molecules are identical to that of pseudo-TG molecules.

Table 3.18 Required thermophysical properties and corresponding estimation methods for

pseudo-components

Pseudo-TG Pseudo-DG Pseudo-MG Pseudo-FAME

Structure

MW

Ty

The method of pseudo-triglyceride A’
The method of pseudo-triglyceride A"’

C-G group contribution method based on the built structure®
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T, C-G group contribution method based on the built structure™
P, C-G group contribution method based on the built structure®
® C-G group contribution method based on the built structure®
AHyap Zong et al.**" Vetere method®™
Density Halvorsen method™ Li's extended Rackett equation™
Cr.c Rihani group contribution method®!
Vapor Pressure Zong et al.* Ambrose method™

* Zong et al.** for /\Hyqpat 298.15K and Watson relation for extending to different temperature
range. ** Vetere method™ for /\Hyp at normal boiling point and Watson relation for extending

to different temperature range.

3.7.4 Rigorous Reactor Model.

We apply the kinetic scheme of Vicente et al.”® in our rigorous reactor rating model (refer to
Table 3.5 for kinetic parameters) and Table 3.19 lists the specification in the model. By the
rigorous model, we are able to evaluate how the operating variables affect reactor performances
such as catalyst concentration vs. conversion, and residence time vs. reactor volume. For
example, Figure 3.32 shows how catalyst concentration affects the conversion. The catalyst is
able to accelerate the reaction and increase the conversion under the same residence time. Figure
3.33 represents the relationships among conversion, reactor volume and residence time. As the
residence time increases, both of the conversion and reactor volume also increase. These
examples show that the rigorous reactor model can help us determine the optimal operating

conditions for both existing and new processes.

Table 3.19 Specifications of reactor model

Specification Value Unit
Reactor temperature 60 C
Reactor pressure 4 Bar
Residence time 60 Minute
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Figure 3.32 The effects of catalyst concentration on conversion
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3.7.5 Separation and Purification Units.

We apply rigorous thermodynamic models to simulate most of the separation and purification
units. As noted in section 5, we use Dortmund UNIFAC® to model the methanol recovery
column, biodiesel fuel purification column and glycerol purification unit and UNIFAC LLE>® for
water wash unit. Table 3.20 shows the assignments of UNIFAC groups for pseudo-components.
For the neutralization unit, we assume that sodium hydroxide is entirely reacted with the
phosphoric acid into salt, Na;PO,, and 100% separation efficiency for the salt filter. Table 3.21

lists the specifications of the separation and purification units in the model.

Table 3.20 Assignments of Dortmund UNIFAC and UNIFAC-LLE groups for

pseudo-components

Pseudo-TG Pseudo-DG Pseudo-MG Pseudo-FAME
CH 1 1 1 0
CH, 37 25.33333333 13.66666667 11.66666667
CHs 3 2 1 2
CH=CH 5 3.333333333 1.666666667 1.666666667
CH,COO 3 2 1 1
OH_P 0 1 1 0
OH_S 0 0 1 0

Table 3.21 Specifications of the separation and purification units

Methanol recovery column

Specification Value Unit
Number of theoretical
stages 7
Feed stage 4
Reflux ratio 2 By mass
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Methanol recovery 0.94 By mass
Top pressure 0.2 Bar

Pressure drop 0 Bar

Water wash column

Specification Value Unit
Number of theoretical
stages ¢
Top pressure 1 Bar
Pressure drop 0 Bar

Biodiesel fuel purification column

Number of theoretical

6
stages
Feed stage 4
Bottom rate 40 kg/hr
Water in BDF <400 ppmwt
Top pressure 0.1 Bar
Bottom pressure 0.2 Bar
Neutralization reactor
Specification Value Unit
Conversion 100 %
Reactor temperature 50 T
Reactor pressure 1.1 Bar

Glycerol purification unit

Specification Value Unit
Drum temperature 130 C
Drum pressure 0.5 Bar

Product Quality Calculator.

The model integrates FORTRAN block with Aspen Plus to predict density, viscosity, and cetane
number. Section 3.6 demonstrates the estimation methods of product qualities in the model. We
normalize the composition of biodiesel fuel by its fatty acid ester distribution. This simplification

has little effect on the calculation of product qualities because the purified biodiesel fuel contains
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at least 96.5 wt% fatty acid ester.

3.777 Model Results.

Our results show that the product meets most of the biodiesel fuel specifications except for
cetane number. This follows because the biodiesel qualities highly depend on the feed oil
composition at high conversion and the feed oil contains more triglycerides with unsaturated
fatty acid chains (refer to Table 3.10 for feed oil composition). In the following section, we will
demonstrate how to apply the model to optimize the qualities of biodiesel fuel. Additionally,
purified biodiesel fuel and glycerol are susceptible to thermal decompose above 250°C and
150°C*°, respectively. Our model gives reasonable temperatures of purified PROD-BDF and
GLY streams, 118.4 °C and 130 C. In sum, the model is able to predict reactor and separator

performance, stream conditions, product compositions, and product qualities.

Table 3.22 Model results of biodiesel fuel qualities

Model results EN 14214
Density at 15°C (g/cm’) 0.883 0.86 - 0.9
Viscosity at 40°C (mm?/s) 3.89 35-5
Water content (ppmwt) 400 <500
Cetane number 50.28 >51
Methanol (wt%) 0 <0.2
Ester (wt%) 99.96 >96.5
Monoglyceride (wt%) 9.5 ppmwt <0.8
Diglyceride (wt%) 0 <0.2
Triglyceride (wt%) 0 <04

3.7.8 Model Application to Product Design: Feed Oil Selection.
The biodiesel quality highly depends on the feed oil composition at high conversion and the

operating conditions have only minor effect on process performance and product quality. Thus,
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we apply seven kinds of vegetable oils in our Aspen Plus simulations (palm, olive, soybean,
sunflower, grape, almond and corn whose compositions listed in Table 3.3 ) to illustrate the
optimization of biodiesel quality through feed oil selection that has not been reported in the
literature. To quanlify the effect of feed oil selection, we define the degree of unsaturation,
DB/N,, as the ratio of average number of double bonds (DB) in the feed oil to the average
number of carbons (N,) in the feed oil. Figure 3.34 shows the effect of DB/N; of feed oil on the
viscosity and cetane number of biodiesel products, and Table 3.23 gives the structure information
of different feed oils. Significantly, both viscosity and cetane number decrease with increasing

DB/N, which is consistent with the trends observed from reported experimental ~data'’”’

(see
Figure 3.35 and Figure 3.36). This implies that more unsaturated bonds of feed oil lead to smaller
viscosity and cetane number of biodiesel fuel. The model is able to help engineers choose the
appropriate feed oil for biodiesel product design. For example, we narrow the targeted cetane
number to 56 or above, and there are four candidates — palm, olive, almond and corn oil. We

further restrict the maximum kinematic viscosity to 4.3 mm?/s and the corn oil is the only option

to meet our specifications.
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Figure 3.34 The effect of the degree of unsaturation, DB/Nc, of feed oil on product qualities
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Table 3.23 Structure information of the seven kinds of feed oil in model applications

1. Palm 2. Olive 3. Almond 4. Corn 5. Soybean 6. Sunflower 7. Grapeseed
n 40.77 40.58 40.58 39.51 37.28 37.36 37.04
m 1.88 2.80 2.85 3.51 4.49 4.61 4.74
DB/N, 0.035 0.051 0.052 0.063 0.081 0.083 0.085

* Refer to Figure 3.13 for the definitions of n and m and the structure of pseudo-triglyceride
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Figure 3.35 Monotonic trend between viscosity and DB/N,, observed from reported data® (*

DB/N, of biodiesel)
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3.8 Conclusion.

The goal of this paper is to demonstrate a methodology for the integrated process modeling and
product design of an entire biodiesel manufacturing train by an alkali-catalyzed
transesterification of triglyceride with methanol. To achieve this goal, we first present a
comprehensive review of published literature and focus on feed oil characterization,
thermophysical property modeling, rigorous reaction kinetics, phase equilibrium for separation
and purification units, and prediction of essential biodiesel fuel qualities.

Among these topics, reaction kinetics is the best understood. However, there are significant
deficiencies of thermophysical property modeling of triglyceride, diglyceride, and
monoglyceride that obstruct the characterization of the feed oil and the development of the
reactor model. Thus, we characterize the feed oil and product as a single pseudo-triglyceride
through a “lumper” spreadsheet, and generate their essential thermophysical property. We

develop the reactor rating model based on rigorous kinetics of reacting the pseudo-triglyceride
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with methanol to produce pseudo-diglyceride (DG), pseudo-monoglyceride (MG) and
pseudo-FAME. We then convert the reactor output of pseudo-FAME molecules into a mixture of
FAMEs. i.e., biodiesel, through a FORTRAN block, called a “delumper”. Additionally, there are
only limited studies of the phase equilibrium of the biodiesel fuel-methanol-water-glycerol
system that is important for the simulation of separation and purification units. We apply
Dortmund UNIFAC®’ and UNIFAC LLE™ to simulate the separation and purification units. In
order to make the modeling methodology useful to designing biodiesel product with specified
fuel properties, such as density, viscosity, and cetane number, we develop a product fuel property
calculator to predict biodiesel qualities. Throughout this development, we validate all the new
modeling tools with available experimental data, and quantify the percentage of average relative
deviation. The resulting ADR is typically less than 5%.

We then demonstrate a methodology to simulating an integrated process to predict reactor and
separator performance, stream conditions, and product qualities with different feedstocks. We
demonstrate the ease and accuracy of characterizing the feed oil as a pseudo-triglyceride, instead
as a mixture of mixed triglycerides. The results show that the modeling methodology is an
efficient tool not only for evaluating and optimizing the performance of an existing biodiesel
manufacturing, and but also for optimizing the design of a new process to produce biodiesel with
specified fuel properties.
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3.10 Nomenclature

A

ARD
CN
Cear
Cra
CrL

Ea

Ko

k: intrinsic
i

m

Ne

Pre-exponential term in Arrhenius equation, L/min-mol or L*/min-mol” in
the studies of Vincente et al.

Average relative deviation, %

Cetane number

Catalyst concentration, mol/L

Ideal gas heat capacity, J/mol-K or J/kmol-K

Liquid heat capacity, J/mol-K or J/kmol-K

Activation Energy, cal/mol or J/mol

Forward activation Energy of reaction i, cal/mol or J/mol

Backward activation Energy of reaction i, cal/mol or J/mol

Rate constant, L/mol-min

Forward rate constant of reaction i, L/mol-min

Backward rate constant of reaction i, L/mol-min (k; / k| represents the
thermodynamic equilibrium constant)

Rate constant at reference temperature, L/mol-min

Intrinsic rate constant in the studies of Vincente et al., L?/min-mol?
Number of CH; group

Number of carbon atoms
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Nbps Number of double bonds

n Number of CH=CH group

P Critical pressure, Bar or Pa

Pyap Liquid vapor pressure, Bar or Pa

R Universal gas constant, 1.987 cal/mol-K or 8.314 J/mol-K
T Temperature, K or “C

T, Reference temperature in Arrhenius equation, K or ‘C
Ty Normal boiling temperature, K or ‘C

T, Critical temperature, K or C

T, Reduced temperature = T/T,

Ve Critical molar volume, m*/kmol or m’/mol

\'%3 Molar volume of pure liquid, m*/kmol or m*/mol

VL, mix Molar volume of liquid mixture, m>/kmol or m*/mol
VL. 20 Liquid molar volume at 20°C, m*/kmol or m*/mol

X; Molar fraction or mass fraction

Zra Rackett parameter in Rackett equation

AHyqp Heat of vaporization, J/mol

® Acentric factor

pL Liquid mass density, kg/m® or g/cm’

u Kinetic viscosity, mm?/s or dynamic viscosity, cP
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3.12. Appendix A — An Illustration of How to Access NIST TDE When Applying Aspen Plus
to Develop a Biodiesel Process Model.
To access NIST TDE Data Engine in Aspen Plus version 2006.5 or V7.0

Step 1. Enter the FAME in the component list

JSeIectiunl Petroleurn | Moncomventional |JEnter|:urise [Databaze

— Define components
Component D Type Component name Formula
%m Corvertional  METHTL-DODE CA|C13H2602 ﬂ
ME-14:0 Corvenhional  METHYL-MYRISTACIBH3002-N1
hE-1E:0 Corventional  [METHYL-PALMITACT YH3402-M1
ME-16:1 Corwentional  METHYL-PALMITOCT YH3202-M5
ME-18:0 Conventional  [METHYL-STEARA[CIIH3B02-M1
ME-18:1 Corventional  [METHYL-OLEATE [C13H3602
ME-18:2 Conventional  METHY-LINOLEAT|C19H3402
hE-18:3 Corventional  [METHYL-LIMOLEMCTIH3Z202
ME-20:0 Corvenhional  METHYL-ARACHIQC21H4202-N1
hAE-20:1 Corventional  [METHYL-CIS-11-EIC21H4002-M1
ME-22:0 Corventional  [METHYL-BEHEMA(CZ3H4ED 2
ME-22:1 Conventional  [METHYL-ERUCAT|C23H4402
hAE-24:0 Corventional  METHYL-TETRAC|IC25H5002-M1
ME-24:1 Corventional  [C25H4802-M2 C25H4802-M2

Step 2. Go to “Tools” -> “NIST Thermo Data Engine (TDE)”

.Integrated with Recy (GLY Flash) Basic Feed Lumper2.0 - Aspen
File Edit Miew Data | Tools Run  Plob  Library Window Costing

Dl@lgl élﬁ Analysis 3

MIST Thermo Data Engine (TDE). ..
Retrieve Parameter Results, ..

Clean Property Parameters. ..
Property Method Selection Assistant. ..

Conceptual Design. .. 3

Impork CAPE-OPEM Package. ..
Export CAPE-OPEM Package. ..
fariable Explarer. ..

Mexk F4

Options
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Step 3. Select the component

Step 4. Click “Evaluate now”

Il NIST/TDE Pure Component Property E¥

Select componenk

NIST;/TDE Pure Component Property Ey.

=lolxi

—Select component

Evaluate now |

Enter additional data |

Help |

Step 5. The user can access the value of a specific property, eq. Liquid Density

Fesults |

- Piopaties

Al

Acentric: Factor

Critical compressibility factor
Critical density [Liquid vs. Gas ]
Critical prezsure [Liquid vs. Gas |
Critical tes Li

Enthalpy of phase tran:
Enthalpy of vaporization or sublimation [Liqui
Heat capacity [Crystal 1 vs. Gas )

Heat capacity [Ideal gas |

Heat capacity [Liquid vs. Gas |

Heat of formation (Ideal gas )

Molecular weight

Normal bailing point

Mormal melting temperature

Solubility parameter

Specific gravity &t 60 F

Standard liquid molar volume at 60 F
Surface tension [Liquid ve. air |

Thermal conductivity [Gas ]

Thermal conductivity [Liquid ve. Gas |

Triple paint temperature

"Vapar pressure (Crystal 1 ws. Gas )

'\ apar pressure (Liquid vs. Gas |

Viscosity (Gas |

izcosity [Liguid ve. Gas |

=lolx
Parameters | Experimental Data | Fredioted Values | Evaluated Resuls |
Name Description Value Units Uncertai
DHLRACK TDE Rackett parameters for liquid molar density kg/oum
02445516 Unitless
02857143 Unitless
7120914 kK
1748839 H/sqm
27816 kK
7120914 kK
4| | |
Fieeyaluate I Fat MI M

Close
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3.13. Appendix B — Prediction Methods for Thermophysical Properties.
Ty, T., P, w: Constantinou and Gani Method »

Required data: structure

T, (K)=204.359xIn[ > N, x tblk + W x >~ M x tb2j] (B.1)
k j

T, (K)=181.128 xIn[ Y N, x tclk + Wx D" M x tc2j] (B.2)
k J

P, (bar)=[> N, xpclk+Wx > M, xpc2j+0.10022] *+1.3705 (B.3)

k j
(1/0.505)
o= 0.4085x{1n{zk:Nk ><0311<+W><21\/1j xm2j+0.10022+1.1507}} (B.4)
J

where W = 0 when only applying first-order and W = 1 when applying first-order and

second-order.

Table B.1. Constantinou and Gani Contributions of Ty, T, P, for Triglyceride

G tolk olk ek w
CHs 03399 1 6781 0.0199 0295
CHa 0.9225 3492 0.0108 0147
CH 0.6033 4033 0.0013 007
CH2C00 33953 138118 0.0218 0765
CH=CH 13433 7 3691 0.0179 0252
CH3COO 3636 12,5065 0.02902 0
OH 32152 57292 0.005148 0737
thaj o2 P2 w
CHxCH,=CH 01408 -0.5231 0.003538 0011s
m=0,1,n=
CHOH 05385 -2.8035 -0.00439 0.03654

T.: Wilson and Jasperson Method 2
Required data: Ty, and structure

T,

T, (K) =
() [0.048271+ > N, x Atck + > M, x Atcj] *2
k j

(B.5)
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Table B.2. Wilson and Jasperson Contributions of T, for Triglyceride

Ak
o8 0.008532
H 0.002753
a 0.020341
Atrj
-CO0- -0.015
Ty, T, P.: Dohrn and Brunner Method A 34
Required data: Ty, and Vi 2
. b N
a,=Q xa” x(==xT,) (B.6)
Qb
b, =Q, x(b"” xV_,,xT,+b"?) (B.7)
Q xa. 1
TEK)="2 < B.8
)= PR (B.5)
a Q
P (kPa) = —=(=2) B.9
. (kPa) ) ( b, ) (B.9)
wZ_iLog(lOlSkPa/Pc) 1 (B.10)

7 (T./T, -1

where Q, = 0.45724, Q, = 0.0778, a'¥) = 21.26924 kJ/kmol-K, a® = 0.913049, bV = 0.02556188

K", b? =0.168721 m’ kmol, R = 8.314 kJ/kmol-K, V|1 is liquid density at 20°C

Ty, T,, P, w: Dohrn and Brunner Method B 34

Required data: vapor pressure at any temperature (P*' at T;) and V2

a,=Q xa" x(ibe)a”’ (B.11)
Qb
b, = Q, x(b" x V, ,, xT, +b®) (B.12)
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Q, xa, 1

T.(K) =

(K) O, xb. R
a. Q

P.(kPa) = —< (222

. (kPa) Qa(bc)

_ 3 Log(P™atT/P) i
7 (T./T -1)

/

Initial Guesses: T, P.
Available Data: V| 3, P** at T,

/

(B.13)

(B.14)

(B.15)

4
o=

spiat 7
~ LogP™" at TI'PC)
(1- TC.-' Tl}

l

T, = L
Lo (1 _Lag(10L3 sz..-'P(]

C

l

a.and b, from V2o and Ty,

T."" and P."*" from
a. and b,

I —1| < torlence
T

P;m -1 <torlence

YES
+

/

Results: T, T, P

/

Figure B.1. Iteration step of Dohrn and Brunner Method to predict Ty, T, P, andw
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Dohrn and Brunner® use Joback® method to obtain the initial guesses of T, and P, Joback

method for T, and Pg:
T, (K) =198+ ) N, xtbk (B.16)
k
571
T, (K)=T, x [0.584 +0.965 x (Z N, x tckj - (Z N, x tckj ] (B.17)
k k
-2
P, (Bar)= {0.1 13+0.0032 X N, .21 atoms — (Z N, x pckﬂ (B.18)
k

Table B.3. Joback Group Contributions of T, and P, for Triglyceride

thk tck pck
CH3 2358 00141 -0.0012
-CHZ- 2288 0.0189 u}
=CH- 21.74 0.0164 0.002
=CH- 24.95 0.0129 -0.0006
-CO0- B1.1 0.0481 0.0005
P,,: Ambrowse and Walton Method 2
Required data: T, P., ®
Pvap 0) 1) 2£Q2)
ln(T):f (T)+of"(T.)+ o f9(T,) (B.19)
_ 15 25 5
£O(T.) = 5.97616x7+1.29874x 1 T 0.60394x 77" —1.06841x ¢ (B.20)
_ 1.5 _ 25 _ 5
f(l)(Tr): 5.03365x7+1.11505%x ¢ - 541217 %t 7.44628 x (B.21)
_ 15 25 5
f(z)(Tr) _ 0.64771x7+2.41539%x ¢ - 426979 x ™7 +3.25259%x ¢ (B.22)
r=1-T (B.23)
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where T; is reduced temperature.

P,up: Ceriani and Meirelles Method >’

Required data: Structure

In(P,,,,,Pa)=> N, x (Alk + % ~C, xIn(T)-D,, x Tj +

“ (B.24)

M; x> N, X(AZR +%—c2k xIn(T) - D,, xT) +Q
k

Q=t,xq+, (.23)
q=a+%—yxln(T)—6xT (B.26)
&, =1, + N xf, (B.27)
=8y + N xs, (B.28)

where T is temperature in Kevin, M; is molecular weight and Ak, Bk, Cix, D1k, A2k, B2k, Cok, Dok
are group contribution terms. N, is the total number of carbon atoms in the molecule and N is
the number of carbons of the substitute fraction. For example, N of lauric acid chain, —OOC

- (CH2)10*CH3, iS 11.

Table B.4. Ceriani and Meirelles Contributions of Vapor Pressure

A By Coe Dy, Aoy By Ca Dy
CH3 -117.5 72323 227933 0.0361 000338 463.3363 -000106 0.000015
CH2 8.4816 -109878 14067  -0.00167 -0.00081 GBF157 0000041 -0.00000126
COOH 80734 -204783 00358 -000207 000399 359929 000132  0.00001
CH=cis 24317 14103 0.7868 -0.004 u] o u] o
CH=trans 1.843 5265 0.6584 -000368 O 0 ] 0
coo 7116 491526 2.337 -0.00848 000279 100396 -000034  (0.00000295
OH 284723 -16654 3.257 0 000485 O ] 0
CH2-CH-CH2 638.3 -349293 12248 -0.1814  -0.00145 O 0 0

fy f 3y 3
Esters 02773  -0.00444 -0.4476 00751
Acylylycerols 1] u] 1] 1]
Fatty Acids 00om ] ] 0
Alcohols 07522  -0.0203 0 0

<3 B Y il

34443  -499.3 06136 -0.00517
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pr: Halvorsen Method ™ for triglycerides

Required data: T, P., Zra of the fatty acids

Xl_TA % MW iFA
pTe = S % - ) +F, (B.29)
T
MW =35> x™ x MW/ +38.0488 (B.31)
F. =0.0236 + 0.000082 x \875 - MWTG\ when MW'¢ > 875 (B.32)
F, = 0.0236+0.000098 x 875 - MW"S| when MW" <875 (B.33)

where x; is molar fraction of the i fatty acid chain in the triglyceride molecule, MW;™ is the
molecular weight of the i™ fatty acid, T;™ is the critical temperature of the i fatty acid, Pe;™ is

the critical pressure of the i fatty acid and Zga; 1s the Rackett parameter of the i™ fatty acid.

Table B.5. Required Parameters for Halvorsen Method of pp. Prediction

Fatty Acid T, (K) Pe (ban Tap
12:0 756,21 19.22 0.233
14:0 779.07 16.35 0.2326
16:0 799.89 14.08 0.2267
16:1 500,34 14.71 0.2290
18:0 819.00 12.25 0.2205
18:1 819.41 12.76 0.2230
18:2 819.82 13.31 0.2255
18:3 52023 13.89 0.2234
200 836.65 10.76 0.2149
201 837.03 11.18 0.2172
220 853.06 952 0.2095
224 35341 9.87 0.2116
22:2 85377 10.24 0.2103
240 868.38 8.49 0.2040
24:1 86871 B.78 0.2063
26:0 533276 7.1 0.1930
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Example: find the density of triolein (18:1) at 20°C
Procedure:

1. Triolein is pure triglyceride which is composed of three oleic acid chains (18:1).

N

DX XMW = 1x MW} = 282.46 (kg / kmol) = 0.28246 (kg/mol)

FA FA
x"xT " 1xTH

L

(98]

=6.4217E-04(K/ Pa)

N

COO XM ZM = 1xZf =0.223 and

T T 29315

T = = = =3.5776E - 01
O XMXT Ik, 819.41

11+(1-1)*7) +-1)*7)
(Cxmxzm ) S (ixziy) " =5.9437E- 02

e

MW'¢ =3x Z xiFA x MW +38.0488 = 3 x (1 x 282.46) + 38.0488
= 885.4288 (kg/kmol)

7 F, =0.0236 +0.000082 x \875 - MWTG\ =2.4455E - 02 (g/cm’*) = 2.4455E01 (kg/m’)

G kg (ZX:TA X MWiFA)
p (F N XFA X TFA 2/7 - Fc
Rx[zi bt }(z o
0.28246 (<2 ) y
8. E S~ mol - +2.455E01 (-2

8314 (- 2™ 1 6.4217E - 04 (— ) x 5.9437E - 02 m

K -mol Pa
—914.66 &

m

9. The experimental value is 912.6 kg/m’ and the ARD is 0.23%.

Cp 1: Morad Method *° for triglycerides
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Required data: T, o of the fatty acids

1.45+045x(1-T.)" +

CTG _ IG

P, mix + R X
o ’ 0.25x®,, x||17.11+25.2%

T
=S

IG _ FA IG,FA
Cps mix le XCpai
_ FA FA
Onix = Z Xi xW;

MW, =D x" MW

MW" =35> x™ x MW™ + 38

1/3
(-1)°

1.742

r

(1-T,)

F, = —-0.2386 - 0.0005x[850 - MW"| when MW" > 850

F, =—-0.3328+0.0001x[850 - MW"%| when MW"® <850

)

(B.34)

(B.35)

(B.36)

(B.37)

(B.38)

(B.39)

(B.40)

(B.41)

where R=1.987 Cal/K-mol and the unit of heat capacity is Cal/K-mol. Table B. 6 lists the

required parameters of fatty acids.

Table B.6. Required Parameters for Morad Method of Cp . Prediction

Fatty Acid Te (K w T
12:0 7EB.21 0.8422 200.32
14:0 77907 0.9750 228.37
16:0 799,88 1.1087 256.42
16:1 B00.34 1.0524 25411
18:0 8159.00 1.2369 284.48
18:1 B819.14 1.1850 282.45
18:2 B819.82 1.1294 280.45
158:3 52023 1.0724 275.43
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Cl,lfi;’ " is idea gas heat capacity of fatty acid. Morad et al.’® use Rihani method’® to
estimate Cpl’Gi’ e
C,“™ =>"Ny xa, + > N xb, xT+ > N, xe, xT? + Y N, xd, xT* (B.42)

where N is the number of the given functional groups. The unit of CPIG’ 4 is Cal/K-mol.

Table B.7. Rihani Contributions of Ideal Gas Heat Capacity for Fatty Acid

El by Cx ch
CH3 60870E-01  2.1433E-02 -85200E-06 1.1350E-09
CH2 3.9450E-01  21363E-02 -11970E-05  2.53960E-09
CH -35232E+00 34158E-02 -2 8160E-05 80150E-09

-CH=CH- cis -31210E+00  3.8060E-02 -2.3590E-05  5.5040E-09
-CH=CH- trans 93770E-01 28904E-02 -1.7490E-05 39180E-08
-COO0H 14055E+00 34632E-02 -25570E-05 6.8860E-09
-Cio0- 2. 7350E+00  1.0751E-02 G6B700E-06  -9.2300E-089

AH,,, - Vetere method combined with Watson relation »

Required data: Ty, T, P,

(1-T, )**| InP, —0.513 + 2)‘10626
AH,, , =RxT o B.43
P * =T, +InT, (1-(1-T,)") (B.49)
1 T 0.38
AH,, = AHVapﬂ{l —Tbr J (B.44)

where A Hyqpp 1s heat of vaporization at normal boiling point, T; is reduced temperature, and T,

is reduced temperature at normal boiling point
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NIST TDE Equations for Thermophysical Property

VL: NIST Rackett Equation **

RxT
VL = : T C)
— 14+ 1-—
(=)"]
P xZy,
Table B.8. The Parameters of NIST Rackett Equation
NIST TDE
Rackett Equation  Cl1 (Zga) C2 C3 (T, K) C4 (P,Pa) C5 Cco6
(m’*/mol)

C12:0 0.2445916 0.2857143 712 1748839 278 712
C14:0 0.2353773 0.2857143 718 1448599 292 718
C16:0 0.2227887 0.2857143 749 1205875 303 749
Cl6:1 0.2071558 0.2857143 734 1279721 240 734
C18:0 0.2298488 0.2857143 770 1178960 312 770
C18:1 0.2225078 0.2857143 751 1124671 253 751
C18:2 0.2226222 0.2857143 773 1162805 234 773
C18:3 0.224261 0.2857143 774 1202626 110 774
C20:0 0.1967211 0.2857143 767 1036965 319 767
C20:1 0.2138194 0.2857143 767 990082 636 767
C22:0 0.1841152 0.2857143 785 901921 326 785
C22:1 0.2122916 0.2857143 784 881791 110 784
C24:0 0.183291 0.2857143 804 821192 332 804
C24:1 0.2010567 0.2857143 802 822329 678 802

Parameter Cl C2 C3 C4 C5 C6

Description Zra - T, P, Tiower  Tupper
Unit N/A N/A K Pa K K

Vi: NIST ThermoML Equation **

Cs
V=) CxT!

i=1

Table B.9. The Parameters of NIST ThermoML Equation for Vi

Parameter  Symbol Unit

ct - kmol/m®
c2 - kmol/m™-K
c3 - kmol/m®-K*
Cc4 - kmol/m>-K?
c5 - Unitless
cé Tiower K

c7 Tupper K
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Cp.16: NIST Aly-Lee Equation **

CP,IG =C, +C, x

C,/T
Sinh(C,/T)

4

C./T

2

Cosh(C,/T)

Table B.10. The Parameters of NIST Aly-Lee Equation for Cp 1 for FAME

(B.47)

NIST (’}l/yl;ane;Eg“aﬁ"“ cl 1) 3 c4 Cs c6 c7
C12:0 240063.9  542541.1 -819 121697.8 0 200 980

C14:0 2054544 805594.2 -574 4424299 650 200 980

Cl16:0 2301379 910125.1 -574 -497826.1  -650 200 980

C16:1 2342319 8953109 -588 -512600 -664 200 980

C18:0 2673822 563286.7 -569 596005.8  -1600 200 980

C18:1 269559.9  532189.6 577 616279.7  -1617 200 980

C18:2 261554.1  984480.8 -1271 490798 -556 200 980

Cl18:3 2657027 972734.7 614 -599483.1  -687 200 980

€20:0 278834.7 1117297 -1214 609431 -536 200 980

€20:1 282797.7 1102514 -1240 579972.5 -545 200 980

C22:0 2992033 1224641 564 674861.1 641 200 980

C22:1 3074613 1206798 1237 6384889  -544 200 980

C24:0 345378.1  741693.7 568 7746194 -1600 200 980

C24:1 347504  710543.1 574 794868.1  -1613 200 980
Parameter Cl1 C2 C3 C4 C5 C6 C7

Description - - - - - Tiower Toupper
Unit J/kmol-K  J/kmol-K K J/kmol-K K K K
Cp,.: NIST ThermoML Equation **
C3
Cpp =D CxT"! (B.48)

i=1

Table B.11. The Parameters of NIST ThermoML Equation for Cp

Parameter  Symbol Unit
c1 - Jkmol-K
c2 - Jikmol-K?
c3 - Unitless
c4 Tiower K
C5 Tupper K
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Cp..: NIST TDE Equation **

n-1
C, T
Cpp=—x +;cix 1—C— (B.49)
1-— = 6
6
Table B.12. The Parameters of NIST TDE Equation for Cp 1 for FAME
NIST TDE Equation
/ol K) Cl c2 c3 c4 cs c6 c7 cs 9
C12:0 5084147  -1413.503 4966722  -0.004025  8804.63 712 4 278 698
Cl14:0 9748447  -4513.728 1242177  -0.009581  11780.11 718 4 292 704
Cl16:0 767706.7  -2508.638  7.655214  -0.005827 1069347 749 4 303 734
cl6:1 4724416  -168.3002 195041  -0.001492  7765.68 734 4 240 719
Cl18:0 6894517  -1677.292  6.066038  -0.004698  10924.92 770 4 312 755
c1s:1 4663469 1204442  1.566388  -0.00124  7728.59 761 4 253 746
Cl18:2 4719731 -38.21093  1.788936  -0.001336  7519.56 773 4 234 758
C183 4985359  -209.9461  1.964523  -0.001379  7539.46 774 4 250 759
€20:0 910960  -2927.919  9.154863  -0.007013 1383895 767 4 319 750
C20:1 526862.5  76.54091  1.84262  -0.001448  8310.67 767 4 250 750
Parameter Cl C2 C3 C4 C5 Cé6 Cc7 C8 Cc9
DeSCI‘iptiOH - - - - - Tc Tlower Tupper
Unit J/kmol-K  J/kmol-K J/kmol-K J/kmol-K J/kmol-K K N/A K K
Pyap: NIST Wagner Equation 28
T T 1.5
(:1 X(I—CJ‘FCZ X{I—C]
T
In(P,,,) = In(P,) + ¢ g ¢ ) (j (B.50)
TY T Cs
+Cyx|1-— | +C,x|1-—
C6 6
Table B.13. The Parameters of NIST Wagner Equation for P, for FAME
NIST Wagner Equation ) 2 3 C4 cs 6 €7 C8
(Bar)
C12:0 -9.694324 2.509544 -4.402982 -9.230351 14.3745 712 278 712
C14:0 -10.32312 0.2486618 -0.272116 -15.16169 14.1861 718 292 718
C16:0 -10.98844 420676 -8.735103 -5.583598 14.0027 749 303 749
Cl6:1 -11.50495 4.414073 -9.852489 -5.443423 14.0622 734 240 734
C18:0 -11.01778 3.60513 -9.883088 -2.333603 13.9801 770 312 770
Cl18:1 -11.90171 5.368385 -10.61564 -5.806015 13.933 761 253 761
C18:2 -11.17148 4.445311 -9.284593 -5.08707 13.9664 773 234 773
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C18:3 -10.5887 2.436575 -6.783611 -7.340778 14 774 200 774
C20:0 -12.79261 6.579309 -14.06263 -4.254656 13.8518 767 319 767
C20:1 -12.46868 5.523578 -12.0696 -5.475907 13.8055 767 200 767
C22:0 -13.41457 5.666122 -13.2316 -8.207159 13.7123 785 326 785
C22:1 -12.9095 6.159538 -13.16899 -5.268222 13.6897 784 200 784
C24:0 -13.15767 6.335366 -13.74519 -5.33026 13.6185 804 332 804
C24:1 -13.28506 6.719306 -14.09176 -5.100378 13.6199 802 200 802
Parameter C1 C2 C3 C4 C5 C6 C7 C8
Description - - - - In (P,) T Tiower Tupper
Unit N/A N/A N/A N/A  In(Bar) K K
/A\Hyap: NIST Watson Equation 28
c i-2
6 T T
InAH,,)=C,+>.Cx| —| xIn(1-—-) (B.51)
i=2 CS CS
Table B.14. The Parameters of NIST Watson Equation for AHy,, for FAME
NIST Watson Equation
(7 / kmol) Cl C2 C3 C4 C5 Co6 C7 C8
C12:0 18.71476 1.562579 -1.321583  0.2647786 712 4 278 712
C14:0 19.11147 2.941289 -3.70431 1.327995 718 4 292 718
C16:0 18.36144 -0.701121 2.342368 -1.24532 749 4 303 749
Clé6:1 19.10368 2.33551 -2.86149 1.05891 734 4 240 734
C18:0 18.34189 -0.918448 2.425747 -1.143153 770 4 312 770
C18:1 18.67553 0.0416939 1.315343 -0.907716 761 4 253 761
C18:2 19.07527 2.26599 -2.78663 1.03997 773 4 234 773
C18:3 18.49942 -0.978716 3.4717 2.2344 753 4 255 753
Parameter Cl1 C2 C3 C4 C5 Co C7 C8
Description - - - - T, - Tiower  Tupper
Unit N/A N/A N/A N/A N/A K K
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Chapter 4  Conclusions and Recommendations.

This dissertation investigates the issues noted in Chapter 1 and provides new methodologies to

properly simulate the two liquid fuel processes — hydrocracking process and biodiesel process.

This section summarizes the achievements and the suggestion to implement our methodologies.

Hydrocracking process:

1.

We develop two integrated HCR process models which include reactors, fractionators and
hydrogen recycle systems.

We provide the step-by-step guideline of model development that has not been reported in
the literature.

We apply the Gauss-Legendre Quadrature to convert kinetic lumps into pseudo-components
based on boiling point ranges (delumping) for rigorous fractionator simulation.

Our delumping method gives a continuous response to changes in fractionator specification
such as distillate rate.

We update API correlations of flash point and freezing point to plant operation and
production.

The integrated HCR process models are able to predict accurately the product yields,
distillation curves of liquid products, and temperature profiles of reactors and fractionators.
The integrated HCR process models also gives good estimations on liquid product
qualities — density, flash point and freezing point of diesel fuel (MP HCR) and jet fuel (HP
HCR) — by using updated API correlations.

We apply the integrated MP HCR process model to conduct simulation experiment to
quantify the effects of operating variables on product yields.

We apply the integrated HP HCR process model to generate delta-base vector for LP based

production planning.
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Currently, the methodology only requires daily measurements in the refinery to build an

integrated HCR process model. To better implement this model into process integration and

production planning, we suggest a to-do list:

1.

2.

3.

Calibrate the model every two to three weeks to ensure that the model always reflects the
latest production and operation scenario.
Re-calibrate the model when feedstock is significantly changed from base case

Apply SimDist analysis whenever it is available.

To further improve our models, we may include Apply SimDist analysis for feed characterization,

and to incorporate detailed molecular information for feed characterization and customize our

feed lump distribution if these measurements are available regularly. We can also to customize

the calibration environment to include product property and product composition as objective

functions if detailed molecular information of product is available.

Biodiesel process:

1.

We present a comprehensive review of published literature and focus on feed oil
characterization, thermophysical property modeling, rigorous reaction kinetics, phase
equilibrium for separation and purification units, and prediction of essential biodiesel fuel
qualities.

We characterize the feed oil and product as a single pseudo-triglyceride through a “lumper”
spreadsheet, and generate their essential thermophysical property.

We develop the reactor rating model based on rigorous kinetics of reacting the
pseudo-triglyceride ~ with ~ methanol to  produce  pseudo-diglyceride (DG),
pseudo-monoglyceride (MG) and pseudo-FAME

We convert the reactor output of pseudo-FAME molecules into a mixture of FAMEs. i.e.,

biodiesel, through a FORTRAN block, called a “delumper”.
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We develop a product fuel property calculator to predict biodiesel qualities namely density,
viscosity, and cetane number.

Our modeling methodology is an efficient tool not only for evaluating and optimizing the
performance of an existing biodiesel manufacturing, and but also for optimizing the design

of a new process to produce biodiesel with specified fuel properties

We use the experimental observation in the literature to develop the methodology. The following

list shows the way to improve the methodology:

1.

Current methodology utilizes alkali-catalyzed reaction kinetics with NaOH to model the
reactor. In practice, NaOCHj is better than NaOH as catalyst because NaOH will react with
free fatty acid into soap and water. With the existence of water, trigleceride will be
hydrolyzed which not only reduce biodiesel yield but also increase the difficulty to purify
the produced biodiesel. Thus, we suggest using the alkali-catalyzed reaction kinetics with
NaOCH; when it is available.

There is a lack of physical property data of triglyceride molecules in the literature. Current
methodology is utilizing predictive methods to estimate required physical properties. Su et
al.' present a comprehensive review and comparison of different prediction methods based
on all of the available experimental data in the literature. We suggest following their
recommendations if there is no experimental data are available.

There are little phase equilibrium data of triglyceride-glycerol-methanol-biodiesel system.
We suggest updating the thermodynamics model to ensure that the phase equilibrium
calculation of separation and purification units match real physics when the data are
available.

Currently, biodiesel is sold as biodiesel blend which is blended with petro-diesel in market.

Therefore, predicting fuel properties of biodiesel blend is another interesting issue. There
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are two ways to address this issue

a. Use pure property data of both biodiesel and petro-diesel to estimate the properties of
biodiesel blend. This approach requires property measurement of both biodiesel and
petro-diesel.

b. Build a databank including property data and compositional analysis of both biodiesel
and petro-diesel. And then, figure out a simple way to predict the fuel property of
biodiesel blend. We could do this by predicting pure property of both biodiesel and
petro-diesel followed by the property estimation of biodiesel blend or predicting
property of biodiesel blend according to its molecular information. Both strategies
require a huge databank which is not available in the literature.
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